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Abstract: 

The goal of the enclosed project was to design a liquefied natural gas (LNG) receiving 
terminal that can deliver 1050 MM SCF per day of natural to various consumers. [1.] 
Liquefied natural gas is first imported from third world nations such as Algeria at S4.50 per MM 
Btu [20.], stored and vaporized at the facility, and then sent out through pipelines at a pressure of 
1250 psi. This was accomplished through the use of a holding and or unloading unit and a 
vaporization unit. The same equipment three storage tanks, two suction drums, one compressor, 
one packed bed condenser, and 16,500 ft of pipes ~ are used for both the holding and unloading 
scenarios. One of the major issues of this terminal is the constant heat leak due to the LNG 
coming in and stored at a cryogenic temperature of -256 F. All of the pipes have 6 inches of 
insulation to reduce the heat leak. A portion of the LNG in the storage tanks is boiled off in 
order to keep the rest of the LNG cold. The packed bed condenser is used to recover LNG from 
the boil-off gas. Afterwards, the LNG is then sent to the vaporization unit to be vaporized by 
warm Dynalene HC The Dynalene HC is reheated through an air heat exchanger and an 
ethylene glycol loop. 10% of the imported LNG will be used for this vaporization unit. The 
only difference between the holding and unloading scenarios is that during unloading, part of the 
LNG vaporized due to heat leaks will be cooled via the de superheater and packed bed condenser 
and sent back to the ship at -252 F. In the holding scenario, more LNG will have to be circulated 
to keep the temperature at around -256 F. The vaporized LNG is then sold for S6.50 per MM 
Btu [20.]. Overall, the project is very profitable. Although the total capital investment is S301 
Million, the payback period is 6 years. The NPV is $1,900 million, calculated with an IRR of 
26.95%. 



Roles and Responsibilities of Authors: 

The goal is to design a liquefied natural gas receiving terminal sited at Matagorda Bay, 

which is a little bit offshore from the Texas Gulf Coast. This terminal should be able to handle 

the unloading, storage, vaporization, and delivery of 1050 MM Btu of liquefied natural gas. We 

have concluded that this is an economically feasible and profitable venture. 

My Honors thesis is the product of a combined effort from me and my senior design team. 

I worked with Marcos Lopez, Joshua Andres, and Stephen Gomez on this project, under the 

guidance of Mr. Fred Brinker. We were all responsible for various parts of this project. 

Initially, I was the main contact between my team and our mentor, and I had reserved all 

of the rooms and parking permits for the rest of the semester. Moreover, we all helped each 

other to understand the data and design requirements given to us by our mentor. Over time, I 

was responsible for the summary, introduction, safety, process hazard analysis, and conclusion 

sections. In order to successfully complete the summary and conclusion sections, I had analyzed 

the data and calculations to determine if our project was feasible and profitable. 

In addition, I had helped Marcos Lopez with parts of his calculations, especially those 

involving pipe sizing, the amount of heat leak into the pipes of the LNG terminal, and the sizing 

of the suction drums for the holding and unloading cases of our terminal. I also worked with 

Marcos together for the economics calculations and subsequent write-up of our results. 

Last but not least, I was also responsible for putting together the reference section and 

ensuring that everything in our report was properly referenced. If there were lacking references, 

I would add the appropriate ones. Josh Andres, Marcos Lopez, and I proofread the entire report 

before turning it in. 



Marcos Lopez was responsible for most of the calculations - both by hand and by the 

computer program ChemCAD - for the holding and unloading cases of our terminal. This is 

when the liquefied natural gas is stored at our facility and when it is unloaded from the ship, 

respectively. Most of the equipment was sized with ChemCAD. Since Marcos is more familiar 

with this part of our terminal operations, he wrote the process descriptions for these two cases. 

In addition to working with me on the economics section, he also compiled the appendices of our 

report. 

Josh Andres made the Process Flow and Block Flow Diagrams from the data that our 

mentor gave us regarding the terminal. He was also responsible for everything related to the 

vaporization unit. Since he is the expert on the mentioned unit, he wrote the process descriptions 

and rationale for it. Josh also completed the stream tables, and put the whole report together. 

Since none of us are experts, all three of us - Josh, Marcos, and I - helped each other 

with our parts throughout the whole project. 

Stephen Gomez was tasked with the plot plan and environmental sections. Due to 

personal issues and his frequent disappearances despite our numerous attempts to communicate 

with and locate him, however, both sections were only half complete. 
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Summary 

The goal of the enclosed project was to design a liquefied natural gas (LNG) 

receiving terminal that can deliver 1050 MM SCF per day of natural gas to various 

consumers. [1.] Liquefied natural gas is first imported from third world nations such as 

Algeria at $4.50 per MM Btu [20.], stored and vaporized at the facility, and then sent out 

through pipelines at a pressure of 1250 psi.   This was accomplished through the use of 

a holding and or unloading unit and a vaporization unit.  The same equipment - three 

storage tanks, two suction drums, one compressor, one packed bed condenser, and 

16,500 ft of pipes – are used for both the holding and unloading scenarios.  One of the 

major issues of this terminal is the constant heat leak due to the LNG coming in and 

stored at a cryogenic temperature of -256 F.  All of the pipes have 6 inches of insulation 

to reduce the heat leak.  A portion of the LNG in the storage tanks is boiled off in order 

to keep the rest of the LNG cold.  The packed bed condenser is used to recover LNG 

from the boil-off gas.  Afterwards, the LNG is then sent to the vaporization unit to be 

vaporized by warm Dynalene HC.  The Dynalene HC is reheated through an air heat 

exchanger and an ethylene glycol loop.  10% of the imported LNG will be used for this 

vaporization unit.  The only difference between the holding and unloading scenarios is 

that during unloading, part of the LNG vaporized due to heat leaks will be cooled via the 

desuperheater and packed bed condenser and sent back to the ship at -252 F.  In the 

holding scenario, more LNG will have to be circulated to keep the temperature at 

around -256 F.   The vaporized LNG is then sold for $6.50 per MM Btu [20.]. 
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Overall, the project is very profitable.  Although the total capital investment is $301 

Million, the payback period is 6 years.  The NPV is $1,900 million, calculated with an 

IRR of 26.95%.   
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Section 1.1: Overall Goal 
 
 
 
 The goal of this project is to design a liquefied natural gas (LNG) receiving 

terminal sited at the Matagorda Bay area off the coast of Texas.  This terminal should 

have the capacity to handle the unloading, storage, the vaporization, and the delivery of 

1050 MMSCF/day of LNG with a minimum higher heating value of 1,146.9 Btu/SCF 

under the standard conditions of 14.73 psia and 60°F. [1.] 

Liquefied natural gas (LNG) is natural gas in liquid form which provides a cost-

effective means to transport natural gas from the sources of supply to the available 

markets. In the liquid form, natural gas takes up about 1/600th the volume of its gaseous 

state; moreover, it is odorless, colorless, non-toxic and non-corrosive.  The LNG is 

usually transported by a cryogenic tanker to an American LNG receiving terminal, where 

it is unloaded into cryogenic storage tanks.  Afterwards, the LNG is converted back to its 

gaseous state and sent through pipelines to places in need of natural gas as an energy 

source. [1.] 

 
Section 1.2: Current Market Information 
 
Section 1.2.a: Product Purity 
 
 
 
 For most chemical compounds, product purity refers to their lack of impurities.  

Natural gas, however, is a mixture of methane, ethane, propane, butane, pentane, and 
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nitrogen; so, purity of natural gas for this project is defined in terms of its higher heating 

value.  [1.] 

 When the liquefied natural gas is unloaded into the storage tank, it has a higher 

heating value of 1146.9 Btu/SCF.  Part of the LNG inside the storage tank is turned into 

boil-off vapour to keep the rest of the LNG in liquid form.  Nitrogen and methane will be 

vaporized first due to their low molecular weights.  Consequently, the remaining LNG 

that constitutes the send out gas will have a higher heating value of 3968 MMBTU/hr. 

 In addition to the 1050 MMSCF/day of send out LNG, there will be 51,000 lb of 

condensed water that can be sold.  This is due to the air vaporization unit condensing 

all of the water in the air. [1.] 

 
 
 
Section 1.2.b: The Current Demand and Price for Natural Gas: 
  

 

It had been predicted back in 2002 that the United States market for liquefied 

natural gas will expand due to improvements in technology, the rise of short term 

contracts, the construction of more LNG terminals, and the increase in the number of 

nations going to become a part of the liquefied natural gas export or import business.  

Then, the global recession hit, and the demand for LNG has been dropping by 2% per 

year until 2006. [42.] 
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Figure 1.1: LNG Actual and Predicted Consumption from 1999 to 2011. [42.] 
 

 

According to figure 1.1, the consumption of LNG in the United States had 

dropped from 63 bcf/d in 2002 to 60 bcf/d in 2006, and rose back to 64 bcf/d in 2008.  

The consumption dipped again in 2009, and it is forecasted that LNG consumption will 

rise by 1.9% to 63.8 bcf/d in 2010 and decrease by another 0.6% in 2011.   
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Figure 1.2: Predicted and Actual LNG Gas Price in the United States from 2009 to 2011. [42.] 
 

 

The price of LNG is affected by the consumption.  According to the Henry Hub 

Natural Gas Price in figure 1.2, the current price of LNG is about $6 per MMBTU.  It is 

predicted to drop to $4 per MMBTU next year.   The price fluctuations are affected by 

the seasons and the amount of LNG in storage.  During the winter months, consumption 

increases, and amount stored decreases.  The opposite will happen for the summer 

months.  These fluctuations are reflected in Figure 1.3.  
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Figure 1.3: Natural Gas in Storage. [42.] 
  

 

Another factor that affects natural gas storage is native production of natural gas 

in the United States.  Gas production rose by 8% in 2008, and continued to increase by 

4% during the early months of 2009. [28.] Although the United States is a major 

importer of natural gas, this cost will be offset by the gas that is sold to both Canada 

and Mexico, where gas production is on the decline.  

 The same can be said of the international market.   Gas production is declining.  

Both Europe and Asia are expected to have future growth of LNG industries because of 

a shortage of indigenous natural gas. [19.] Although Russia is the biggest natural gas 

producer because it has 30% of the world’s natural gas reserves, there had been a gas 

security crisis in Russia at the beginning of 2009, and this created a natural gas 
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shortage for most European nations.  Great Britain was the only one exempt from this 

crisis [20.] because they produce their own natural gas, but their gas production is 

declining as well.  Spain and Italy will become major importers.   The Middle East 

countries – such as Iran and Qatar – are also major producers like Russia; however, 

these nations currently will not be major exporters yet because they are using the gas 

for themselves.  As for the Asian-Pacific nations, Japan, South Korea, Australia, China, 

and India will be the major players. [44.] While Japan is already the biggest LNG 

importer and will increase import by 0.6% between 2010 and 2030, South Korea, China, 

and India are expected to become even bigger importers than Japan.  Australia is 

expected to increase LNG production by 2020. [20.] 

  
Section 1.2.c: Why LNG Terminal Should Be Built  
  

 

Based on a report from 2006, there are currently only five LNG terminals in 

operation in the United States.  Seventeen other terminals have been proposed and are 

under construction.  [43.] For the near future, the net import of liquefied natural gas for 

the United States will not be enough because much of it will be sold to Canada and 

Mexico, where production is declining.  So, more liquefied natural gas has to be 

imported to satisfy both domestic and international needs.  It is recommended that 

another LNG terminal be built at Matagorda Bay.   
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Section 1.3: Project Premises  

Section 1.3.a: Design Basis from Information Given: 

 

Liquefied natural gas (LNG) is natural gas in liquid form which provides a cost-

effective means to transport natural gas from the sources of supply to the available 

markets. In the liquid form, natural gas takes up about 1/600th the volume of its gaseous 

state; moreover, it is odorless, colorless, non-toxic and non-corrosive.  The LNG is 

usually transported by a cryogenic tanker to a LNG receiving terminal, where it is 

unloaded into cryogenic storage tanks.  Afterwards, the LNG is converted back to its 

gaseous state and sent through pipelines to places in need of natural gas as an energy 

source. 

Our project is to design a plant that is responsible for the unloading, storage, 

vaporization and send-out of natural gas.  According to research, other similar facilities 

are usually built in coastal areas with access to shipping lanes.  For this project, we 

have been tasked with designing a LNG receiving terminal to be sited in the Matagorda 

Bay area off the coast of Texas which has the capacity to deliver 1,050.00 MMSCF/D of 

natural gas with a minimum higher heating value of 1,146.9 Btu/SCF based on standard 

conditions of 14.73 psia and 60°F. [1.] 

The LNG is composed mainly of methane, among other types of gases such as 

ethane, propane, and n-butane.  The composition of the LNG delivered by the LNG 

carriers is provided in Table 1.1. 
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Table 1.1: Composition of LNG at the Carrier Flange [1.] 

Nitrogen 0.44 mol% 

Methane 86.66 mol% 

Ethane 8.99 mol% 

Propane 2.75 mol% 

Isobutane 0.51 mol% 

n-Butane 0.63 mol% 

n-Pentane 0.02 mol% 

Molecular Weight 18.62 

HHV, Btu/SCF 1,146.9 

 

Each LNG carrier has a nominal capacity of 125,000 cubic meters and can 

deliver 114,900 m3 each voyage.  The LNG in the carrier arrives at the terminal at 15.6 

psia and at bubble point.  Only one carrier will be unloaded at a time but two may be 

berthed and connected to the shore vapor system concurrently.  One ship will discharge 

LNG and take on vapor, while the other vents boil-off vapor to shore.  The LNG storage 

tanks are designed to provide a minimum total working capacity of 300,000 m3, and 

have a maximum operating pressure of 2 psig.  [1.] 

During unloading, the LNG Storage Tanks are typically pressurized to 15.8 psia 

to suppress the unloading flash vapor, and more information is given in Table 2 about 

the specifications for the unloading process.  The unloading system is available 360 

days per year.   
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The vaporization system will be designed to provide a nominal 1,050 MMSCF/D 

at a higher heating value of 1,146.9 Btu/SCF delivered to the pipeline at a minimum 

40°F and maximum 1250 psig.  The design of the vaporization system is to be 

optimized to minimize the use of natural gas to vaporize LNG for send out. Seawater is 

available for use in vaporizing LNG and the seasonal temperature range is provided in 

Table 1.4. 

The site on the Matagorda Island lies at an elevation less than ten feet above sea 

level, and approximately 2000 feet from the shore [1.].  Surface soils are silty sand, 

underlain by medium stiff clays and dense sands. Vegetation consists of grass, shrubs, 

and small scrub oak trees. The following tables describe the weather conditions for the 

Matagorda site:  

 

Table 1.2: Tide Characteristics (Normal/astronomical tide characteristics are referred to 
as feet above Mean Low Water (MLW))... need research on how this affects LNG 
unloading process or tankers [13.] 

Highest Astronomical Tide 2.5 feet 

Mean Tide Level (Mean Sea Level) 0.7 feet 

Mean Low Water (Datum) 0 feet 

Lowest Astronomical Tide 1 feet 
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Table 1.3: Air Temperatures – Dry Bulb Air Temperatures [13.] 

Extreme Maximum 105 F 

Extreme Minimum 11 F 

Design Maximum (exceeded 5% of time 
during warmest month) 

94 F 

 

Table 1.4: Seawater Temperatures – selected monthly values based on a turning basin 
and channel being dredged to 40 feet below mean low water. Maximum and minimum 
temperatures estimated as maximums and minimums from daily readings over a 10-
year period. [13.] 

Minimum Temp (January) 53 F 

Maximum Temp (August) 85 F 

 

Highest barometric pressures occur during the winter months while the lowest 
pressures occur in the summer [13.]. 
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Section 2: Process Information 

Figure 2.1: Block Flow Diagram 
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Figure 2.2a: Unloading Process Flow Diagram 
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Figure 2.2b: Holding Process Flow Diagram 
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Figure 2.2c: Vaporization Process Flow Diagram 
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Figure 2.2d: Plot Plan  
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Specification Pumps Tanks 

 
P-110 P-210/220/230 P-310 P-320 T-210 T-220 T-230 

MOC                        SS SS SS SS SS SS SS 

Type Centrifugal Centrifugal Centrifugal Centrifugal 
Double 

Wall 
Double 

Wall 
Double 

Wall 
 Inlet  Temp  (F) -242 -256 -220 -252 -257 -257 -257 
Outlet Temp (F) -242 -256 -219 -244 -256 -256 -256 
Inlet  Pres. (Psia) 16.7 15.8 15.8 50 56 56 56 
Outlet Pres. (Psia) 55 55 55 1345 15.8 15.8 15.8 
Power (hp)         10           275.8 10 1200 n/a n/a n/a 
Efficiency 65% 65% 65% 65% n/a n/a n/a 
Mass Flow (lb/hr) 9.1x104 2.0x106 85 2.1x106 12x106 12x106 12x106 

Component LNG LNG LNG LNG LNG LNG LNG 
 

 

 

 

 

 

 

Figure 2.3a: Equipment table for Unloading/Holding 
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Figure 2.3b: Equipment table for Unloading/Holding 
 

Specification Compressor De-Superheater Suction Drums 

 
C-310 DS-110 DS-310 D-110 D-310 

MOC                        SS SS SS SS SS 

Type Centrifugal Axial 
Flow 

Axial 
Flow Horizontal Vertical 

 Inlet  Temp  (F) -220 n/a n/a -242 -223 
Outlet Temp (F) -96 n/a n/a -242 -223 
Inlet  Pres. (Psia) 15.3 n/a n/a 16.3 15.3 
Outlet Pres. (Psia)   55 n/a     n/a  16.3 15.3 
Power (hp) 1.6x103 n/a n/a n/a n/a 
Efficiency 65% n/a n/a n/a n/a 
Mass Flow(lb/hr) 1.5x105 0 1.2x103 3.8x104 1.5x105 

Component LNG LNG LNG LNG LNG 
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Figure 2.3c: Equipment Table for Holding/Unloading Heat 
Exchangers  
Heat 
Exchanger PBC-410 
Type Packed Bed Tower 
Area   (ft2) 65.15 
Heat Duty 
(MMBtu/hr) -408 
  
Cold Side  
Stream, Inlet 15 
Stream, Outlet 17 
  
Component LNG 
Mass Flow 
(lb/hr) 1.90x105 
Temp, Inlet -256 
Temp, Outlet -228 
Pressure 55 
Phase Liquid 
MOC SS 
 
Hot Side  
Stream, Inlet 5 
Stream, Outlet 6 
  
Component Natural Gas 
Mass Flow 1.55x105 
Temp, Inlet -96 
Temp, Outlet -246 
Pressure 55 
Phase Gas 
MOC SS 
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Figure 2.3d: Vaporization Equipment Table 

Specification Pumps Tanks   

 
P-420 P-430 T-420 D-430 

MOC                        CS CS CS CS 
Type Centrifugal Centrifugal Single Wall Single Wall 
 Inlet  Temp  (F) 34 100 34 100 
Outlet Temp (F) 34 100 34 100 
Inlet  Pres. (Psia) 15 15 15 15 
Outlet Pres. 
(Psia) 115 90 15 15 

Power (hp) 5.2x103 1.8x103 n/a n/a 
Efficiency 65% 65% n/a n/a 
Mass Flow (lb/hr) 2.25x107 2.04x107 2.25x107 2.04x107 

Component 
Dynalene 

HC Glycol/Water Dynalene 
HC Glycol/Water 
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Figure 2.3e: Equipment Table for Heat Exchangers  
Heat 
Exchanger HX-410 HX-430 AHX-420 FHX-430 
Type Shell/Tube Shell/Tube Shell/Tube Fired 
Area [ft2] 1.8x104 4.3x104 9.9x104 n/a 
Heat Duty 
(MM Btu/hr) 625 326 288 320 
     
Cold Side     
Stream, Inlet 1 9 6 11 
Stream, 
Outlet 2 10 7 12 
     

Component LNG 
Dynalene 

HC 
Dynalene 

HC Glycol 
Mass Flow 
(lb/hr) 2.13x106 2.25x107 2.25x107 2.04x107 
Temp, Inlet -244 34 20 80 
Temp, 
Outlet 40 70 34 100 
Pressure 1250 115 40 65 
Phase Liquid Liquid Liquid Liquid 
MOC SS CS CS CS 

  
Hot Side     
Stream, Inlet 10 14 3 n/a 
Stream, 
Outlet 6 11 4 n/a 
     

Component 
Dynalene 

HC Glycol Air Fuel gas 
Mass Flow 2.25x107 2.04x107 3.89x106 4.7x106 lb/d 
Temp, Inlet 70 100 44 n/a 
Temp, 
Outlet 20 80 40 n/a 
Pressure 90 65 25 psi n/a 
Phase Liquid Liquid Gas Gas 
MOC SS CS CS CS 
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Figure 2.4a: Unloading Stream Tables 1-9 
            

Stream 1 2 3 4 5 6 7 8 9  
Temperature 

(°F) -257 -240 -240 -220 -96 -246 -242 -242 -242  
Pressure (psi) 56 15.8 15.8 15.3 55 50 16.7 16.7 16.7  
Vapor Fraction 0 1 1 1 1 1 1 0 0  

Flow Rate 
(lb/hr) 1.2x107 1.6x105 1.6x105 1.6x105 1.6x105 3.9x104 3.9x104 0 0  

Vol Flow 
(SCF/hr) 2.5x108 3.4x106 3.4x106 3.4x106 3.4x106 6.6x105 6.6x105 0 0  

           
Components 

(lb/hr)           

Methane 9.0x107 1.3x105 1.3x105 1.3x105 1.3x105 1.3x104 1.3x104 0 0 
 
 

Nitrogen 7.9x104 2.8x104 2.8x104 2.8x104 2.8x104 2.6x104 2.6x104 0 0  
Ethane 1.8x106 37 37 37 37 4 4 0 0  

Propane 7.9x105 0 0 0 0 0 0 0 0  
Isobutane 1.9x105 0 0 0 0 0 0 0 0  
n-Butane 2.4x105 0 0 0 0 0 0 0 0  
n-Pentane 9300   0  0  0  0  0  0 0 0  
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Figure 2.4b: Unloading Stream Tables 10-19 
 

Stream 10 11 12 13 14 15 16 17 18 19  
Temperature 

(°F) -242 -220 -219 -256 -256 -256 -256 -228 -252 -244  
Pressure (psi) 16.7 15.8 55 15.8 55 55 55 50 50 1345  
Vapor Fraction 1 0 0 0 0 0 0  0 0  

Flow Rate 
(lb/hr) 3.9x104 0 0 2.0x106 2.0x106 1.9x105 1.8x106 3.1x105 2.1x106 2.1x106  

Vol Flow 
(SCF/hr) 6.6x105 0 0 4.1x107 4.1x107 3.9x106 3.7x107 6.6x106 4.4x107 4.4x107  

            
Components 

(lb/hr) 
            

Methane 1.3x104 0 0 1.5x106 1.5x106 1.4x105 1.4x106 2.6x105 1.6x106 1.6x106  
Nitrogen 2.6x104 0 0 1.0x104 1.0x104 980 9500 2900 1.2x104 1.2x104  
Ethane 4 0 0 3.0x105 3.0x105 2.8x104 2.7x105 2.8x104 3.0x105 3.0x105  

Propane 0 0 0 1.3x105 1.3x105 1.3x104 1.2x105 1.3x104 1.3x105 1.3x105  
Isobutane 0 0 0 3.2x104 3.2x104 3100 2.9x104 3050 3.2x104 3.2x104  
n-Butane 0 0 0 4.0x104 4.0x104 3800 3.6x104 3800 4.0x104 4.0x104  

n-Pentane  0 0 0  1600  1600  150  1400  150  1600  1600   
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Figure 2.4c: Holding Stream Tables 1-9 
            

Stream 1 2 3 4 5 6 7 8 9 
Temperature 

(°F) -257 -240 -186 -202 -202 -64 -281 -253 -253 

Pressure (psi) 55 15.6 15.1 15.1 15.1 55 50 16.7 16.7 
Vapor Fraction 0 1 1 1 1 1 1 1 0 

Flow Rate 
(lb/hr) 1.0x105 9.8x103 4.8x104 4.9x104 4.9x104 4.9x104 1.3x104 8.8x103 9.1x104 

Vol Flow 
(SCF/hr) 2.0x106 2.1x105 9.1x105 9.4x105 9.4x105 9.4x105 1.8x105 2.0x105 1.8x106 

          
Components 

(lb/hr) 
 

         

Methane 7.4x105 7.9x103 2.5x104 2.6x104 2.6x104 2.6x104 496 8.3x103 6.6x104 

Nitrogen 600 1.9x103 2.2x10 2.2x104 2.2x104 2.2x104 1.2x104 470 130 
Ethane 1.4x105 2.2 94 269 265 265 .05 3.1 1.4x104 

Propane 6.5x103 7.x10-3 20 98 60 60 1x10-4 .01 6.5x103 

Isobutane 1.5x103 1x10-5 .8 19 2.4 2.4 0 0 1.5x103 

n-Butane 1.9x103 0 .3 23 .9 .9 0 0 2.0x103 

n-Pentane 77 0 3.x10-4 .93 1x10-3 1x10-3 0 0 77 
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Figure 2.4d: Holding Stream Tables 10-19 
            

Stream 10 11 12 13 14 15 16 17 18 19 
Temperature 

(°F) -253 -202 -202 -257 -257 -257 -257 -232 -255 -247 

Pressure (psi) 17.3 15.1 15.4 15.6 55 52 52 50 50 1345 
Vapor Fraction 0 0 0 0 0 0 0 0 0 0 

Flow Rate 
(lb/hr) 9.1x104 86 86 2.2x106 2.2x106 1.1x105 2.0x106 1.3x105 2.2x106 2.2x106 

Vol Flow 
(SCF/hr) 1.8x106 690 690 4.4x107 4.4x107 2.2x106 4.0x107 2.7x107 4.4x107 4.4x107 

           
Components 

(lb/hr) 
 

          

Methane 6.6x104 2.2 2.2 1.6x106 1.6x106 8.2x104 1.46x106 9.9x104 1.6x106 1.6x106 

Nitrogen 130 0.1 0.1 1.3x104 1.3x104 670 1.2x104 3.1x103 1.5x104 1.5x104 

Ethane 1.4x104 4.0 4.0 3.1x105 3.1x105 1.6x104 2.8x105 1.6x104 3.1x105 3.1x105 

Propane 6.5x103 38 38 1.4x105 1.4x105 7.2x103 1.3x105 7.2x103 1.4x105 1.4x105 

Isobutane 1.5x103 18 18 3.4x104 3.4x104 1.8x103 3.1x104 1.8x103 3.5x104 3.5x104 

n-Butane 2.0x103 23 23 4.3x104 4.3x104 2.2x103 3.9x104 2.2x103 4.3x104 4.3x104 

n-Pentane 77 1.0 1.0 1.7x103 1.7x103 85 1.5x103 85 1.7x103 1.7x103 
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Figure 2.4e: Vaporization Stream Tables 1-9 
             

Stream 1 2 3 4 5 6 7 8 9  
Temperature 

(°F) -247 44 44 40 40 20 34 34 34 
 

  
Pressure 

(psi) 1330 1300 25 25 25 40 15 15 115 
 

  
Vapor 

Fraction 0 1 1 1 0 0 0 0 0 
 

  
Flow Rate 

(lb/hr) 2.1x106 2.1x106 3.9x106 3.9x106 1000 2.3x107 2.3x107 2.3x107 2.3x107 

 

  

Vol Flow 
(SCF/hr) 4.4x107 4.4x107 5.1x107 5.1x107 17 6.2x107 6.2x107 6.2x107 6.2x107 

 

  

             
Components 

(lb/hr) 
          

 

  
Methane 1.6x106 1.6x106 0 0 0 0 0 0 0    
Nitrogen 1.2x104 1.2x104 0 0 0 0 0 0 0    
Ethane 3.0x105 3.0x105 0 0 0 0 0 0 0    

Propane 1.3x105 1.3x105 0 0 0 0 0 0 0    
Isobutane 3.2x104 3.2x104 0 0 0 0 0 0 0    
n-Butane 4.0x104 4.0x104 0 0 0 0 0 0 0    
n-Pentane  1600  1600 0 0 0 0 0 0 0    

Air 0 0 3.9x106 3.9x106 0 0 0 0 0    
Water 0 0 2.1x104 2.0x104 1000 0 0 0 0    

Dynalene 
HC 0 0 0 0 0 2.3x107 2.3x107 2.3x107 2.3x107 

 
  

Ethylene 
Glycol  0  0 0  0  0  0  0  0  0 
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Figure 2.4f: Vaporization Stream Tables 10-14 
            
Stream 10 11 12 13 14       

Temperature 
(°F) 70 80 100 100 100       

Pressure (psi) 90 65 40 15 90       
Vapor Fraction 0 0 0 0 0       

Flow Rate 
(lb/hr) 2.3x107 2.0x107 2.0x107 2.0x107 2.0x107       

Vol Flow 
(SCF/hr) 6.2x107 2.8x108 2.8x108 2.8x108 2.8x108       

            
Components 

(lb/hr) 
            

Methane 0 0 0 0 0       
Nitrogen 0 0 0 0 0       
Ethane 0 0 0 0 0       

Propane 0 0 0 0 0       
Isobutane 0 0 0 0 0       
n-Butane 0 0 0 0 0       

n-Pentane 0 0 0 0 0       
Air 0 0 0 0 0       

Water 0 1.0x107 1.0x107 1.0x107 1.0x107       
Dynalene HC 2.3x107 0 0 0 0       

Ethylene 
Glycol  0  1.0x107  1.0x107  1.0x107  1.0x107            
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Figure 2.5: Utility Table [1, 20] 

Utilities 
Total Sendout 1204245 MMBtu/D 
10% of Total Sendout 120424.5 MMBtu/D 
Cost of gas $4.50  per MMBtu 
Cost of utilities (using 10% of sendout) $541,910.25  per Day 

 
$197,797,241.25  per Year 
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Section 2.6: Process Description 

2.6a: Overview 

  

 The process designed is to vaporize 16,900 million lbs of natural gas per year.  

The overall schematic is described in figure 2.1, which shows all inputs and outputs as 

well as an overview of the process.  Due to the complexity of the design and certain 

issues, the plot plan was designed and is presented in figure 2.2d. 

 

2.6b: Unloading 

 

 The unloading process begins when a ship containing LNG arrives at the docks,   

as represented in figure 2.2a.  The ship is connected to the unloading transfer line by 

four 16-in articulated loading arms and to the vapor return line by one 16-in. articulated 

loading arm.  The pumps within the ship tanks can unload LNG at a rate of 52,000 gpm.  

The LNG is pumped from the ship through a 40-in stainless steel transfer line, into one 

of the LNG Storage Tanks, denoted as T-210, T-220, and T-230 in the process flow 

diagram.    

 As the LNG is discharged into the LNG Storage Tank, a portion of the LNG 

vaporizes due to the various heat inputs which occur during unloading.  These heat 

inputs include energy from the ship LNG pumps, heat leak into the transfer line, heat 

inventory in the LNG storage tank, and heat leak into the LNG storage tank.  The total 

heat input into the LNG flowing into the storage tank is approximately 26 MMBtu/hr, and 

when combined with the vapor from displacement due to LNG filling generates 1.6x105 
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lb/hr of flash vapor in the LNG Storage Tank.  The LNG Storage Tank operating 

pressure is increased to 15.8 psia during unloading to suppress the amount of flash 

vapor generated during unloading.  Boil-off vapor generated in the other LNG storage 

tanks is not included in the calculation, nor is displacement due to LNG send out.   

 The flash vapor from the LNG unloading operation is conveyed from the LNG 

Storage Tank to the Boil-Off Compressor Suction Drum (D-310) through a 36-in 

stainless steel line.  From D-310, the unloading flash vapor flows to the Boil-off 

Compressor, C-310, where it is pressurized to 55 psia.  The unloading flash vapor then 

enters the Vapor Recondenser (PBC-310) where approximately 90% by volume is 

condensed using LNG from the Primary LNG Pumps (P-210a/b, P-220a/b, P-230a/b). 

The overhead from PCB-301 is returned to the dock through a 36-in stainless steel pipe 

to provide make-up vapor to maintain pressure in the ship tanks during the unloading 

process.  During unloading, approximately 3.8x104 lbs per hour of unloading flash vapor 

is returned to the ship.  Make-up vapor is required to be at a maximum temperature of -

200°F and a maximum pressure of 16.7 psia. In order to ensure that the make-up vapor 

does not exceed the maximum temperature requirement during the initial stages of 

unloading, a spray-type desuperheater (DS-110) is provided in the vapor return line 

mister, which uses LNG from the unloading transfer line to cool the make-up vapor. A 

horizontal separation drum (D-110) is used to collect the heavy constituents and any 

liquid fractions before entering the ship, and those constituents are pumped back into 

the unloading transfer line using the Dock Flash Drum Condensate Pump (P-110a/b).  
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 The unloading flash vapor not required for make-up vapor by the ship is 

condensed in the  Packed Bed Vapor Recondenser (PBC-310) using the available 

subcooling in the LNG from the Primary LNG Pumps (P-210a/b, P-220a/b, P-230a/b). 

 When the LNG in the LNG Storage Tank (T-210), which is at its bubble point at 

15.6 psia, is pressurized by the Primary LNG Pump (P-210) to 55 psia, the LNG 

becomes subcooled.  Each pound of LNG has approximately 1º F of subcooling, which 

allows for energy to be absorbed to condense the unloading flash vapor.  The unloading 

flash vapor is fed into the bottom of PBC-310 while the LNG from P-210 is fed into the 

top of PCB-310.  The vapor overhead from PBC-301 is returned to the dock through the 

vapor return line while the LNG from the bottom of PCB-310 is returned to the LNG from 

the P-210 before entering the Secondary LNG Pumps (P-320a-i). Any liquids 

accumulating in the Boil-Off Gas Compressor Suction Drum (D-310) are removed by the 

Boil-Off Gas Condensate Pump (P-310) and returned to the LNG from the P-210 before 

entering the Secondary LNG Pumps (P-320a-i). 

 

2.6c: Holding 

 

 The other operating mode occurs when there is no ship unloading LNG.  This is 

known as the Holding Process, and is represented in figure 2.2b.  In order to minimize 

the generation of excess amounts of flash vapor at the start of unloading, the 

temperature differential in the unloading transfer line between the dock and the LNG 

Storage Tank must be maintained at less than 3°F. [1.] To this end, LNG from the 

discharge of the Primary LNG Pump is circulated through the unloading transfer lines 
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back to the dock.  The circulation LNG is flashed in the Dock Flash Drum (D-110).  The 

flash vapor is returned to the Boil-Off Gas Compressor through the vapor return line. 

The remaining LNG is pumped through P-110 back to rejoin the send out LNG at the 

Secondary LNG Pumps 

 

2.6d: Send out 

 

 The LNG entering the Secondary LNG Pumps is pressurized to 1330 psia and 

flows to the LNG Vaporizer as shown in figure 2.2c.   The LNG is vaporized and heated 

to 44° F by Dynalene HC-10, a low temperature heat transfer fluid, in HX-410 on figure 

2.2c.  The heat transfer fluid is then reheated with an air heat exchanger (AHX-410).  

Due to the high humidity of the site, this heat exchanger nominally condenses 

approximately 51,000 lbs of water per hour.  [24.] These air heat exchanger units are 

special fabrications by the Mustang Group, and these specifications are all from their 

smart air vaporization system. [10.] A second heat exchanger (HX-420) running 50/50 

glycol/water is used to further increase the temperature of the heat transfer fluid, as the 

air does not provide enough thermal energy to get back to the initial temperature.  The 

glycol is heated to 100° F by a fired heater, FHX-410.  With a set of two closed loop 

heat exchangers, the LNG reaches the product specifications, and is sent to the 

pipeline.     
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Section 2.7: Process Rationale and Optimization 

Section 2.7a: Process Rationale 

 As described in the process description, there are two sets of very unique 

operating conditions.  One condition happens when a ship is docked, and unloading 

LNG, as there is flow through the system in a forward direction, as shown in figure 2.2a.  

However, when no ship is present, certain actions must be taken in order to keep 

productivity at a maximum.  The main issue that would cause a loss of productivity is 

keeping the transfer lines cool.  If the lines running to the docks were allowed to 

equilibrate with the outside temperature after LNG at -256°F was transported through, 

multiple issues would occur.  The first is that the line may become brittle and break.  

The other issue is that when cold LNG starts being pumped through these lines again, a 

large portion would instantly vaporize, causing the vapor handling system to work 

harder to compensate.  To this end, the design had to be flexible enough that it could 

handle both unique cases without involving a lot of extra equipment and utilities.  The 

most efficient process in terms of not involving extra equipment would be to run LNG 

back out to the docks from the tanks, in a backward flow, to keep the lines cold [1.].  

The suction drum at the dock in figure 2.2a now acts as a flash drum in figure 2.2b, 

returning the cold liquid and using the fresh vapor to keep the vapor return lines from 

the compressor to the docks cool.  By installing equipment that can act as two different 

pieces of equipment as well as reversible flow, the design can adequately handle both 

cases without the purchase of additional equipment. 

 Boil-off gas is a major issue with the process of vaporization of LNG as it is a 

very interesting problem – it is useful in some aspects and a problem in others.  Due to 
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the cryogenic nature of the material, a large amount of gas, approximately 3.8x104 lb/hr, 

is generated within the lines and tanks.  To this end, a design to use this boil-off gas 

and make it into something more useful had to be thought of.  An initial approach 

involved the use of a set of compressors and heat exchangers to get this excess gas up 

to send-out conditions and discharge it to the final product line.  However, this would 

cause a much higher capital investment for more equipment and would require a large 

quantity of energy.  After more research, it was decided that the excess boil-off is most 

easily dealt with by condensing it, since compressing a gas is much more energy 

intensive than pumping a liquid to high pressure [7.].  Once it was determined that the 

gas had to be condensed, a stream that could provide the necessary heat transfer was 

sought out.  Due to the nature of the tanks and pumps, the liquid natural gas that is 

being pumped to the vaporization block is sub-cooled, and has energy available.  With 

this knowledge, the design became more obvious – use the subcooled LNG to cool 

down the vaporized boil-off, and the issue of the boil-off was solved.  While a normal 

heat exchanger would work, both entering streams are made of natural gas.  This led to 

more research, which led to the use of a packed bed column for use as a heat 

exchanger. [6.]. As such, the design calls for a packed bed column to deal with the boil-

off gas, so that more liquefied natural gas can be sent to the vaporization unit.  The 

column has increased surface area so as to facilitate heat transfer and condense up to 

95% of the excess boil-off gas.  Under this design, the boil-off is recycled in the most 

energy efficient way possible. 

The biggest design challenge was how to deal with the vaporization unit.  Due to 

the nature of the process, the vaporization unit has to be able to handle a huge amount 
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of heat to get the product to the required specifications.  Multiple options were 

considered for this.  The problem statement gives criterion for a seawater vaporization 

unit, and seemed like a good starting point.  After some research, a preliminary design 

was proposed that involved submerged combustion vaporization.  This design had 

seawater inlets with a combustion engine that imparted heat into the water.  This design 

seemed very promising, as it adequately vaporized the LNG under most conditions.  

However, problems began to arise.  First, the EPA has very strict regulations about 

seawater used in processes.  The major regulation as applicable to this process was 

that the discharge of seawater could be no less then 10°F colder than the inlet.  This 

caused the amount of seawater required to fully heat the LNG to be approximately 86 

million pounds of seawater per hour, as shown in appendix X.  A separate issue was 

that a temperature approach exists, which is approximately 20°F.  This causes a 

problem in winter times, where the seawater is not warm enough to fully heat the LNG.  

During the cold parts of the year, trim heating is required by the seawater, which 

requires approximately 550 MMBTU per hour to achieve this heating.  This is a serious 

amount of the product that must be diverted to allow this procedure to work.  However, 

since the EPA stipulation is 10°F from the inlet temperature, this allows a larger 

temperature differential in the seawater from the heated temperature to 10°F below 

inlet.  In any case, the flow rate of seawater is still greater than 20 million lbs per hour, 

and would require very large pumps to handle this kind of operation.  Due to the high 

costs and operating conditions, other options were explored. 

The option chosen was to use a multi-system closed loop heat exchanger, 

primarily using air as the heating method.  In this method, the LNG is vaporized using a 
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warm intermediate fluid, Dynalene HC-10 [15].  The cold intermediate fluid is then 

heated by large air heat exchangers, as shown in figure 2.2c.  Due to the high relative 

humidity year round in Matagorda Bay, each lb of air actually provides a substantial 

amount of water that is condensed as the air is cooled.  During summer months, a flow 

rate of 12 million lbs/hr air ends up condensing up to 51 thousand lbs/hr of water, as 

well as fully heating the intermediate fluid back up to 70° F.  There are no regulations 

from the EPA about the temperature of air discharge from facilities, which presents an 

environmentally friendly approach.  However, with all heat exchangers, a temperature 

approach existed and was an issue, especially in winter months.  However, to combat 

this, a second closed loop containing a typical heat transfer fluid mixture, 50% ethylene 

glycol and 50% water, was implemented into the system.  This closed loop also 

contained a fired heater to ensure that the mixture acquired enough energy to get the 

intermediate fluid back up to meet the temperature approach in the LNG, as shown in 

appendix II.  It was found that the amount of trim heating from this fired heater was 

approximately 0.2% of the total plant send-out, which is about 13%  of the energy 

required by the SCV unit previously explored [10.].  The process was chosen based on 

research done to emphasize safety, production, and environmental impact.                        
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Section 2.7b: Plot Plan Rationale 

 The basis behind the plot plan was to first consider the dike area around the LNG 

storage tanks.  The dikes were to be built around each LNG tank and had to be tall 

enough to accommodate for any splashing during an unforeseen rupture in a tank.  The 

area must be large enough to contain any volume that my escape from the storage 

tanks.  It was determined that a dike height of 30 feet, and area of 500 feet by 500 feet 

would meet these requirements. 

 The other issue in the plot plan was to make any ignition source far enough away 

from the LNG storage so that there was no risk of fire or explosion.  The main ignition 

source to be considered was the fired heater used to aid in vaporization of the LNG.  

This process had to be at least 750 feet away from any of the given LNG storage tanks. 

 There needed to be two docks, each one 1600 feet away from the shore, and 

1900 feet apart from each other.  Between the shore and the area of the storage tanks 

there is a 100 feet space to allow for a road for maintenance and travel. 

 There were a total of three LNG storage tanks, so this led to three 500 by 500 

square foot areas, along with a fourth 500 by 500 foot square area that contained 

compressors, suction drums and a condenser.  If any expansion was to take place, 

additional tanks could be added to either side of the row of tanks. 

 The paper used in reference to help construct the plot plan was the NFPA 59A.  

This is a document from the National Fire Protection Association.  It is the standard for 

the production, storage, and handling of liquefied natural gas (LNG). 
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Section 3: Equipment 

Section 3.1 Equipment description  

 

3.1a 100 Block: Dock 

 The dock comprises of three major pieces of equipment as shown in the process 

flow diagram in 2.2a and 2.2b, and is explained in detail in 2.6a.  Specifics for the 

equipment can be found in table 2.3a and 2.3b.  The first major piece of equipment is 

the horizontal dock suction/flash drum, D-110.  This equipment is a stainless steel drum 

with a volume of 440 ft3.  This drum has two different functions depending on the 

operating conditions.  The diameter of this drum is 4.6 ft with a height of 6.5 ft.  This 

drum feeds P-110a/b, the dock drum condensate pump.  This is a centrifugal, stainless 

steel pump that runs at 10 hp.  A spare is included, for a 2-100% pump system, and 

returns any condensate back to the transfer lines. 

 A special piece of equipment in this block is the desuperheater mister, DS-110.  

This is a spray nozzle that feeds from the liquid LNG that is entering through the 

transfer line, and aerosols the LNG into a fine mist that cools down the outgoing gas.   

 

 

 

3.1b 200 Block: Tanks 

 The 200 Block comprises of the tanks and tank pumps, as shown in both 2.2a 

and 2.2b.  Each tank corresponds with the pump bank of the same number.  Inlet and 
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Outlet specifications, as well as other information, are represented in table 2.3a, 2.3b 

and 2.3c. 

 Each tank is a double walled stainless steel tank.  The inside diameter of the 

inner shell is 232 ft, and the outer shell inside diameter is 240 ft.  With a total height of 

156 ft at the top of the dome (92 ft of working height), each tank has a volume of 

3.9x106 ft3.  These tanks are fed from the top from the docks, with both a bottoms and 

top outlet.  The top outlet expels boil-off gas, where the bottom contains the pumps to 

move the LNG through the rest of the process.   

 Each tank has a three pump bank associated with it, 2 50% power pumps with a 

spare.  These pumps are stainless steel, centrifugal pumps operating off of 600 hp.  

Due to the location of the pumps, they are placed in long cylindrical tubes and placed 

inside the tank.  This allows for easier removal of the pumps when they need servicing.  

All LNG from the docks eventually passes through the tanks and moves into the 300 

block. 

 

3.1c 300 Block: Gas and Liquid Handling 

 The 300 block contains all of the specialized equipment to handle the boil-off 

vapor and prepare the liquid for vaporization.  This process is shown in both process 

flow diagrams 2.2a and 2.2b, and is explained in great detail in section 2.6a and b.  

Further equipment specifications are in tables 2.3a, 2.3b, and 2.3c. 

 The first piece of equipment is a de-superheater mister, DS-310.  This is another 

spray nozzle, being fed from the primary tank pumps P-210/220/230 pump blocks. 
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 The boil-off flash drum, D-310, is used to catch any condensate before entering 

the boil-off compressor C-310a/b.  This drum is stainless steel, with an inside diameter 

of 4.6 ft, and height of 6.5 ft.  These specifications set this tank at 445 ft3.   

 The boil-off compressor block, C-310a/b, are stainless steel, reciprocating 

compressors.  They operate using 1658 hp motors.  Each compressor is a 50% power 

compressor, with no spare.  Both compressors are used during unloading to handle the 

high amount of boil-off gas.  However, during loading, only one compressor needs to 

operate to handle the boil-off gas. 

 Compressed boil-off gas is fed into the packed bed condenser, PBC-310.  This 

tower has a diameter of 10 ft and a height of 16 ft.  It is filled with Hy-pak fill, which has 

an average transfer area of 24,000 in the tower.  The tower is constructed of stainless 

steel, and is fed from the top with cold LNG from the tank pump blocks, P-210/220/230.  

The feed ratio of liquid to vapor is approximately 5:1.  All of the condensate is drained 

back into the send out line. 

 The pump systems within the 300 block serve two different purposes.  P-310a/b 

is used to drain the condensate from the suction drum, and operates at 10 hp.  It is 

made of stainless steel and is a centrifugal pump.  This pump system is 2-100%, with a 

full back-up.  The other pump system is the send out secondary pumps, P-320a-i.  This 

system contains 9-12.5% pumps, 8 to handle the load plus a back up.  Each pump is a 

bank of pumps that can handle about 1/8 of the total flow and perform the required 

pressure increase.  Each pump is a stainless steel, centrifugal pump operating at 1,200 

hp.
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3.1d 400 Block: Send out 

 The send out process is represented in figure 2.2c and explained in section 

2.6c.   Send out Heat Exchangers have the common information presented in figure 

2.3e.  The product heat exchanger, HX-410, is a stainless steel shell and tube 

operation.  With the high flows going through both ends, this heat exchanger is a 

size of 18,500 ft2 consisting of 3 passes through the exchanger.  This heat 

exchanger has a duty of 625 MMBTU/hr.  Since LNG is being vaporized, it is placed 

in the shell part with ample overhead space for the vapor to exit the exchanger.  The 

Air Heat Exchanger, AHX-420, is made of carbon steel as it is not subjected to 

cryogenic material. [10.] These units are fabrications from the Mustang Group, and 

the design calls for 7 of these units.  They are 60 ft by 14 ft, with 3 fans to bring in 

the air.  Each fan is run off a 50 hp motor and has 8 ft blades.  These units provide 

enough air flow to start heating the Dynalene HC-10.  This heat exchanger bank has 

a duty of 288 MMBTU/hr.  The third heat exchanger, HX-430, finishes heating the 

Dynalene back to the condition required by HX-410, as shown in the equipment table 

2.3c.  This heat exchanger is a carbon steel shell and tube heat exchanger, with 6 

passes at a total area of 43,500 ft2.  Hot glycol/water enters into this heat exchanger 

to provide the final leg of heating.  This heat exchanger has a duty of 326 

MMBTU/hr.  The last heat exchanger in the send-out process is the fired heater 

which heats the glycol/water mix.  This heater is made of carbon steel and has to 

provide 320 MMBTU/hr at the worst case scenario. [10.] 

 Pumps within the send out procedure include the circulation pumps for the 

Dynalene HC-10 loop and the glycol/water loop, and have information in figure 2.3c.  

The Dynalene loop is circulated using P-420a/b/c, which are carbon steel centrifugal 

pumps, as shown in equipment table 2.3d.  These pumps run at 5200 hp with 2 
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primary pumps and a spare.  Coupled with this pump is the holding tank, T-420.  

This is a carbon steel tank with a storage capacity of 2450 ft3 to ensure a consistent 

input into the pump.  This tank has a residence time of approximately 5 minutes with 

enough capacity to carry the entire charge of Dynalene, in case the lines require 

work.  The glycol/water loop is circulated using P-430a/b, as shown in figure 2.2c.  

These pumps are carbon steel running off of 1800 hp, and also have a surge drum 

D-430.  This drum has the same use as the holding tank just described, and has a 

capacity of 1470 ft3. 

 

Section 3.2: Equipment Rationale 

  

 Similar to the process rationale, all of the equipment chosen in this design had 

to be carefully considered due to the nature of the product.  The first piece of 

equipment that had to be analyzed in depth was the pipes that are used to transfer 

the cryogenic liquefied natural gas.  Since cryogenic liquids cause many materials to 

become brittle, many of the normal piping materials could not be used.  The main 

option left after this was stainless steel, and so any line carrying cryogenic material 

had to be constructed of stainless steel.  This method of construction also applied to 

any equipment that comes into contact with the cryogenic material, which includes 

the entirety of unloading and holding cases, as represented in figures 2.2a, 2.2b, and 

2.2c. 

 The next major piece of equipment, already described in some detail in 

section 3.1, was the storage tanks.  LNG arrives at the plant at its bubble point – 

meaning that any heat acquired from the environment is going straight into the heat 

of vaporization and turning the liquid into a gas.  Since LNG has such a low bubble 
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point, it is always gaining heat from the environment surrounding it, which ends up 

causing a lot of vapor to build up.  [23.] Normal storage tanks are completely 

inflexible, and so a volatile liquid such as LNG can present a huge safety hazard as 

the liquid gasifies and puts the system under very high pressure.  Also, vaporized 

natural gas is a combustible, so simply adding pressure relief valves to the tanks is 

not a safe alternative, as further discussed in sections 4 and 5.  To this end, after 

research, the safest way to store the LNG was within double walled tanks made of 

stainless steel.  The inner chamber holds the LNG, which is where the pump is 

located to provide the drainage when each tank is being unloaded.  A second outer 

chamber is free space, designed as both an insulator as well as an area that the 

vaporized LNG can accumulate without building pressure.  This vapor is purged into 

the suction drum and boil-off compressor, as discussed in section 2.6b and 2.6c.  

Similar to the pipes, the material is very cold and as such, stainless steel is the only 

acceptable method of construction.  The storage tanks took quite a bit of 

consideration to insure safety and to minimize environmental impact. 

 All of the compressors and pumps within the unloading/holding process had to 

be analyzed very carefully.  The nature of these compressors and pumps is that 

when they are designed for cryogenic use, they are exclusively cryogenic, and must 

be kept at a certain temperature or they will not work.  In order to ensure that each 

pump and compressor works properly after shutdown for any reason, a large 

quantity of liquid nitrogen is used as a cooling and purging agent prior to use of any 

of these devices.  Also, because the fluid being pumped is very cold, this mandates 

that all of these devices are reciprocating and made of stainless steel.  Finally, due 

to the very high flow rates, these units are broken into subsystems.  Each subsystem 

contains a bank of pumps that can handle a portion of the flow, along with spare 
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pumps.  Smaller pumps that are less vital such as P-110 and P-310 are single pump 

banks with no spare.  Large pump banks that need to handle the entire send out, 

such as the P-320 bank, are a system of 8 pumps with spares, with each pump able 

to handle 1/8 of the total flow.  By taking these precautions, each major pump bank 

and compressor bank are able to fulfill their required duty with no risk of shutting 

down the process should they break. 

 Finally, the last parts of the design equipment that had to be designed were 

the heat exchangers used in the vaporization process.  The primary heat exchanger, 

which vaporizes and heats the liquefied natural gas, took a lot of consideration.  The 

first problem that had to be dealt with is the very low temperature that the product is 

entering at.  Since most liquids, including water, freeze at or around 32°F, and the 

product is at -257° F, special precautions had to be taken so as to not freeze the fluid 

giving up heat to the natural gas.  To this end, a special shell and tube heat 

exchanger was designed that would allow the internal fluid to flow sufficiently fast 

that it did not freeze inside of the heat exchanger while still transferring heat to the 

natural gas.  Also, as with any heat exchanger, a temperature approach had to be 

considered so as to ensure that the product met specifications.  Based on these 

issues, the heat exchanger detailed in section 3.1c was chosen. 

 The rationale behind the air heater was based on similar concepts.  However, 

due to the air temperature fluctuating during the year based on seasonal data, this 

process required further optimization [32.].  Since this method of heating an internal 

fluid is still relatively new, an outside company that has constructed an air heat 

exchanger for the same purpose was contacted.  The Mustang Group has built these 

air heat exchangers for a plant in operation with a 2 billion SCF/day LNG send-out.  

This facility required 14 of their air heat exchanger units.  Since the problem 
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statement requires that our plant have a send-out of 1.05 billion SCF/day, our design 

calls for 7 of their heat exchanger units.  This technology is proven and in use, and 

thus the technology maturity is sufficient for our use. 

 The final loop in the vaporization is running at moderate temperatures, and so 

other methods of construction could finally be considered.  In order to save cost, 

these were chosen to be constructed of carbon steel.  The final heat exchanger is 

another shell and tube operation, where the hot glycol mixture can transfer heat to 

the internal Dynalene HC-10.  This loop was included because of the temperature 

data as shown in appendix XI, as the air alone will not fully heat the Dynalene HC 

back to 70° F during the winter months or at night.  The vaporization process, shown 

in diagram 2.2c, is much less design intensive than the unloading and holding 

processes because there is very little cryogenic material and so there are less strict 

design requirements. 
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Section 4: Safety 

Section 4.1: Safety Statement 

The major safety concerns associated with the liquefied natural gas (LNG) 

terminal are chemical hazards and process hazards.  Although liquefied natural gas 

is inert due to its low temperatures, it is still hazardous if it is not handled properly or 

if precautions are not taken to prevent excessive heat leak into any part of the 

system.  LNG terminal workers will have to be properly trained to handle everything 

safely.  The following tables discuss each of the hazards of natural gas, its 

components, and other fuels used for vaporizing LNG in detail.  A process hazard 

analysis was also performed to identify and provide solutions for all possible hazards 

that may occur during the operation of the terminal.  This analysis is included at the 

end of this section. 

Table 4.1: Properties of compounds 

Material 
Freeze 

pt 
Boiling 
Point 

Vapor 
Press. 

Specific 
Grav. Flammability 

Ignition 
Temp 

Methane31 -296.5 F -285.7 F NA 0.55 5%-15% 1076 F 
Ethane17 -279.5 F -127.5 F 558 psia 1.04 3% - 12.4% 882 F 

Propane41 NA -44 F 258 psia NA 2.1%-9.5% 842 F 
n-

butane34 -216 F 30 F 
1557 

mmHg 0.5788 
  n-

pentane40 
 

97 F 
 

0.63 1.5%-7.8% 500 F 

Nitrogen39 -345.9 F -320.4 F NA NA 
Not 

Flammable NA 
natural 
gas37 -296.7 F -258.7 F 1 atm 

0.55 to 
0.64 4.8% - 15.0% 1004 F 

dynalene 
HC16 NA 354 F 

1.9 
mmHg 0.85 0.9% - 6.5% 639 F 

(31) Methane MSDS, (17) Ethane MSDS, (41) Propane MSDS, (34) Butane MSDS, 
(40) Pentane MSDS, (39) Nitrogen MSDS, (37) Natural Gas MSDS, (16) Dynalene 
HC MSDS, (18) Ethylene Glycol MSDS 
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Liquefied natural gas is composed of methane, ethane, propane, n-butane, n-

pentane and nitrogen.  Because liquefied natural gas is always kept at around -256 

F, there is usually no danger of explosions when it is unloaded from the ships into 

the storage tanks.  Special precautions will have to be taken when LNG is vaporized 

and sent off to prevent explosions caused by reaching flammability limits.  Caution is 

also needed for the storage tank because methane gas will be vaporized to keep the 

rest of the LNG in liquid form, as well as for the recycle lines where vaporized LNG is 

sent back to the ships. 

Table 4.2: Health Hazards of Compounds 
Material Eyes Inhalation Skin Ingestion 

Methane31 none asphyxiate none none 
Ethane17 none asphyxiate none none 

Propane41 frostbite 
Nervous system problems, respiratory 

failure, death frostbite none 
n-butane34 frostbite headache, suffocation, coma frostbite frostbite 

n-
pentane40 irritant irritant frostbite none 
Nitrogen39 None None None None 

natural 
gas37 none 

cardiac sensitization, asphyxiation, 
cyanosis, death frostbite none 

dynalene 
hc16 irritant irritant irritant irritant 

(31) Methane MSDS, (17) Ethane MSDS, (41) Propane MSDS, (34) Butane MSDS, 
(40) Pentane MSDS, (39) Nitrogen MSDS, (37) Natural Gas MSDS, (16) Dynalene 
HC MSDS, (18) Ethylene Glycol MSDS 

 

Terminal workers must take precautions due to the various health hazards 

caused by contact with LNG, as described in Table 4.2.  Frostbite is the major 

hazard, and this is especially true if there is LNG leaks, as shown in section 4.2.  

Cold clouds of LNG that spread out from the leak source can cause asphyxiation, 

headaches, comas, as well as cardiac and nervous system problems to those who 

are exposed to them for a long time.  
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In order to avoid such mishaps, workers should wear protective goggles, 

gloves, and masks.  If LNG got into their eyes, workers must immediately flush their 

eyes with water, which is also recommended for any skin exposure.  Workers should 

also get fresh air if they inhaled LNG.  Due to its cryogenic nature, it is very unlikely 

that LNG will be ingested.  If these measures do not work well, all terminal personnel 

should seek further professional medical help immediately.  

Table 4.3: Toxicity of Compounds 

Material Pel-Osha 
TLV-

ACGIH LC 50 
Methane31 asphyxiate asphyxiate NA 
Ethane17 asphyxiate asphyxiate NA 

Propane41 1000 ppm asphyxiate 
 

n-butane34 1000 ppm 1000 ppm 
658000 

mg/0.75 hr 
n-

pentane40 1000 ppm 750 
364000 mg/4 

hrs 
Nitrogen39 asphyxiate asphyxiate NA 

natural 
gas37 NA NA NA 

dynalene 
hc16 NA NA 5000 mg/kg 

(31) Methane MSDS, (17) Ethane MSDS, (41) Propane MSDS, (34) Butane MSDS, 
(40) Pentane MSDS, (39) Nitrogen MSDS, (37) Natural Gas MSDS, (16) Dynalene 
HC MSDS, (18) Ethylene Glycol MSDS 

 

Most of the components of liquefied natural gas are asphyxiates, as described 

in Table 4.3.  It is recommended to avoid over exposure or any direct contact with 

dynalene MV, which is one of the substances used for vaporizing liquefied natural 

gas.  From the table above, it can be seen that Dynalene MV is the most toxic 

compound in the terminal because it has the lowest LC 50 value out of all of the 

compounds.  Workers who deal with the air vaporization unit must take extra 

precaution to minimize contact with it.  A containment unit has been added for the 

Dynalene MV heating system in case of any leakage. 
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All of the compounds used in the LNG terminal are flammable and 

precautions had been taken to prevent leakage.  Proper storage of LNG requires 

isolation of the storage tanks from all heat sources and electrical currents.  It is one 

of the reasons why this terminal is sited at a coast far away from most Texan cities.  

Furthermore, electrical appliances need to be grounded and good ventilation must 

be installed.  Special dams and dikes that protect the terminal from hurricanes and 

waves are also needed. 

Table 4.4: Other Potential Hazards of Compounds 

Material 
Water 

Solubility Stability Incompatible Corrosivity 
Methane31 None stable Oxidizers none 
Ethane17 None Stable Oxidizers none 

Propane41 None Stable oxidizers none 
n-

butane34 15% Stable Oxidizers none 
n-

pentane40 0.36g/L stable Oxidizers 
plastic, rubber, 

coating 
Nitrogen39 slightly stable none none 

natural 
gas37 3.5%> stable 

oxidizers, 
heat none 

dynalene 
hc16 none stable oxidizers none 

(31) Methane MSDS, (17) Ethane MSDS, (41) Propane MSDS, (34) Butane MSDS, 
(40) Pentane MSDS, (39) Nitrogen MSDS, (37) Natural Gas MSDS, (16) Dynalene 
HC MSDS, (18) Ethylene Glycol MSDS 

 

According to Table 4.4, all compounds are not soluble in water, with the 

exception of n-pentane and n-butane.  Unless there is a major leakage, it is unlikely 

that n-pentane and n-butane will ever come in contact with water.  Since these two 

compounds are much heavier than methane and nitrogen, they will never be part of 

the boil-off vapour.   Therefore, the proximity of the plant to the gulf coast is not an 

issue.  It follows that the nearby coastal ecosystem would not be damaged by this 

terminal.  Any oxidizers must be kept away from the plant.  Plastic or rubber 
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equipment will not be used because it can be corroded by n-butane.  Instead, all 

pipes will be made out of Schedule 10S steel.  Thus, there should not be any 

problems with oxidizers or incompatible materials.  Further prevention measures are 

discussed in the following process hazard analyses. 

 

Table 4.5: Handling of Compounds 

Material 
Accidental Release 

Measures Handling and Storage 
Methane31 evacuation, ventilation non corrosive, explosion proof 
Ethane17 evacuation, ventilation non corrosive, explosion proof 

Propane41 evacuation, ventilation non corrosive, explosion proof 
n-butane34 evacuation, ventilation non corrosive, explosion proof 

n-
pentane40 

evacuation, protect from 
water, heat storage must not exceed 125 F 

Nitrogen39 evacuation NA 
natural 
gas37 evacuation NA 

dynalene 
hc16 evacuation, ventilation NA 

(31) Methane MSDS, (17) Ethane MSDS, (41) Propane MSDS, (34) Butane MSDS, 
(40) Pentane MSDS, (39) Nitrogen MSDS, (37) Natural Gas MSDS, (16) Dynalene 
HC MSDS, (18) Ethylene Glycol MSDS 

 

If there are any leakages of natural gas, they must be immediately stopped to 

prevent explosions.  All workers will be trained to act according to the methods 

described in the process hazard analyses.  When the situation is too dire, workers 

must evacuate the area.   

 

 

 

Table 4.6: Transport and Waste Byproducts 

Material Transport 
Waste 

Disposal 
Degradation By 

products 
Methane31 UN 1971 Conform with carbon monoxide, 
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laws asphyxiates 

Ethane17 UN 1035 
Conform with 

laws 
carbon dioxide, carbon 

monoxide 

Propane41 UN 1978 
Conform with 

laws 
carbon monoxide, 

asphyxiates 

n-butane34 UN 1011 
Conform with 

laws oxides of carbon 
n-

pentane40 NA 
Conform with 

laws carbon oxides 

Nitrogen39 UN 1066 
Conform with 

laws none 
natural 
gas37 UN 1971 

Conform with 
laws carbon oxides 

dynalene 
hc16 NA 

Conform with 
laws 

carbon dioxide, carbon 
monoxide 

(31) Methane MSDS, (17) Ethane MSDS, (41) Propane MSDS, (34) Butane MSDS, 
(40) Pentane MSDS, (39) Nitrogen MSDS, (37) Natural Gas MSDS, (16) Dynalene 
HC MSDS, (18) Ethylene Glycol MSDS 

 

According to Table 4.6, any waste products will be discarded via the proper 

procedures described by local Texas waste disposal guidelines.  Possible 

degradation by-products of LNG consist mainly of carbon dioxide, carbon monoxide, 

and other types of carbon oxides.  This should not be a problem because the LNG 

that comes through the plant will be merely vaporized and delivered to customers 

under high pressure.  This is a problem only when there are leaks but safety 

measures described in section 4.2, the process hazard analyses, will solve this 

problem.   
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Section 4.2: Process Hazard Analyses 

  It can be seen from the following ten tables that almost every part of our LNG 

terminal processes are hazardous due to the presence of LNG.  Any leaks of LNG 

will result in the production of cold vapour clouds that can cause frostbite and 

asphyxiation to anyone who come in contact with it.  Furthermore, LNG is flammable, 

and for these clouds, it will begin burning from the edges first and then continue 

burning until all of the LNG is burnt. (1).  Safety measures include installing various 

engineering controls and alarms to detect any amount of leakage, as well as other 

factors – such as pressure, and high temperature – that can cause leakage.  Regular 

maintenance is also needed to ensure that all equipment and pipelines are firmly 

attached to each other. 
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No.: 1 Description: LNG is pumped from carrier to the T210, T220, T230 storage tanks via the unloading line 

 

Item What if...? Root Causes/Related Questions Consequences Safeguards Action Items 

1.1 Unloading Line leaked 
Unloading Line failure 

Damages to Flanged Connection, 
Expansion Joint, or Valve, External 
Pipe Damage 

External impact(cars, equipment, 
storms, hurricane) 

Vapor release to atmosphere, 
consequent leakage into pump motor, 
leading to freezing flammable vapor 
clouds, asphyxiation, pool fires, 
flameless and confined space 
explosions 

Welded flanges, automatic process 
control shutdowns, alarms and PID 
controllers for leak detection, vehicle 
and flood barriers 

Install engineering controls 

1.2 LNG Rollover Inside Ship Returning Vapor not cool enough and 
excessive heat leak into ship tanks  

LNG within ship heats up too fast, 
possible explosion  

Heat Sensor at Dock Desuperheater 
Outlet and Ship, Better Maintenance 

Install engineering controls , 
personnel training 

1.3 LNG Ship Pump Failure Wear and tear, something stuck in 
pump, contaminated motor oil, motor 
oil levels too low 

LNG remain in ship Multiple pumps, pump motor oil 
meters, alarms for pump failure 
detection 

Consider multiple pumps, 
install engineering controls 

1.4 Failure of LNG to get to 
Unloading Line 

Ship damage due docking errors, ship 
capsized by high winds 

Spill of LNG into Water, Ship Explosion Better Dams and Dikes to Protect Ship 
Against Environment  

Install Dams and Dikes, Ship 
Personnel Training 

[1.] Fred’s emails. 

 

 

 

 

Company: U of A Spring 2010 
ChEE Department 
 

Plant: Liquefied Natural Gas 
Terminal 

Site: Matagorda Bay, Texas Unit: LNG ship and Unloading 
Line 

System: LNG 
Unloading/Holding 

Method: What-if Type: Insulated 36” steel pipe Design Intent: LNG is pumped from carrier to the T210, T220, T230 storage tanks via the 
unloading line 

Number: 1 

Team Members: Joshua Andres, Stephen Gomez, Arthur Ho, Marcos Lopez 
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Company: U of A Spring 2010 
ChEE Department 
 

Plant: Liquefied Natural Gas 
Terminal 

Site: Matagorda Bay, Texas Unit: Storage Tanks T210, T220, 
T230 

System: LNG 
Unloading/Holding 

Method: What-if Type: Tank with (dimensions) Design Intent: to store 125,000 m3 of LNG unloaded from ship 

Number: 1 

Team Members: Joshua Andres, Stephen Gomez, Arthur Ho, Marcos Lopez 

 

No.: 1 Description: Tank for storing 125,000 m3of LNG  

 

Item What if...? Root Causes/Related Questions Consequences Safeguards Action Items 

1.1 High Temperature in Tank Leaky Pipe from ship to storage tank,  Heating of LNG in tank, excessive 
pressure 

Temperature meter Install engineering control 

1.2 Leaky pipe from ship to 
tank 

Impact on pipe from ships, vehicles, 
weather, improper fitting of pipe to 
storage tank 

High Temperature in storage tank, 
Vapor release to atmosphere, 
consequent leakage into pump motor, 
leading to freezing flammable vapor 
clouds, asphyxiation, pool fires, 
flameless and confined space 
explosions 

Barriers against impact from vehicles, 
ships, weather, weld pipe to storage 
tank 

Consider more barriers 

1.3 Excessive Pressure Too much heat leak Vapor release to atmosphere, 
consequent leakage into pump motor, 
leading to freezing flammable vapor 
clouds, asphyxiation, pool fires, 
flameless and confined space 
explosions 

Pressure Release Valve, Rupture Disk 
(set point at 80% below tank’s 
maximum allowable working pressure) 

Install engineering controls 

1.4 Workers not trained Bad management Poor operation More investment on training Personnel training  

[1.] Fred’s emails. 
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Company: U of A Spring 2010 
ChEE Department 
 

Plant: Liquefied Natural Gas 
Terminal 

Site: Matagorda Bay, Texas Unit: Suction Drum D-310, 
Pump P-310 

System: LNG 
Unloading/Holding 

Method: What-if Type: Vertical Suction Drum Design Intent:  Cooling and condensing LNG of Vapor before is sent  the compressor C-310 a/b 

Number: 1 

Team Members: Joshua Andres, Stephen Gomez, Arthur Ho, Marcos Lopez 

 

No.: 1 Description: Cooling of Vapor LNG to be sent to compressor C-310 a/b 

 

Item What if...? Root Causes/Related Questions Consequences Safeguards Action Items 

1.1  Pressure drop of the drum 
increase.  

 Excessive vapor flow with high 
pressure. 

No condensate flow from the drum, 
temperature vapor flow will increase.  

Pressure release valve Install Engineering Controls 

1.2 Leaky Pipes Impact on pipe from ships, vehicles, 
weather, improper fitting of pipe to 
storage tank, excessive pressure 

Vapor release to atmosphere, 
consequent leakage into pump motor, 
leading to freezing flammable vapor 
clouds, asphyxiation, pool fires, 
flameless and confined space 
explosions 

Welded flanges, automatic process 
control shutdowns, alarms and PID 
controllers for leak detection, vehicle 
and flood barriers 

Install Engineering Controls 
and Barriers 

1.3 Pump Failure Not sufficient LNG flow, excessive 
pressure head and vapor. 

No LNG flow into LNG main line PID control loop to control flow of LNG 
through suction drum D-101 and pump 
P-102 

Install engineering controls, 
Recommend purchase of 
spare pumps 

1.4      

[1.] Fred’s emails. 
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Company: U of A Spring 2010 
ChEE Department 
 

Plant: Liquefied Natural Gas 
Terminal 

Site: Matagorda Bay, Texas Unit:  Compressor C-310 a/b System: LNG Unloading / 
Holding 

Method: What-if Type: Centrifugal Compressor Design Intent: To compress and pressurize Vapor LNG for Vapor Condenser PBC-310 

Number: 1 

Team Members: Joshua Andres, Stephen Gomez, Arthur Ho, Marcos Lopez 

 

No.: 1 Description: To compress and pressurize vapor LNG for Vapor Condenser PBC- 310 

 

Item What if...? Root Causes/Related Questions Consequences Safeguards Action Items 

1.1 Fail to deliver output Worn or broken valves Vapor Buildup within system Maintenance, by-pass pipeline, 
secondary compressor, Output gauges 

Personnel Training 

1.2 Insufficient output/low 
pressure 

Dirty Filters, Worn Valves, inadequate 
speed 

Nothing! Maintenance, Proper handling Personnel Training 

1.3 Compressor knocks Insufficient lubrication, loose parts Insufficient output/low pressure Maintenance, Proper handling Personnel Training 

1.4 Compressor vibrates Inadequate lubrication, loose base 
plate mounting bolts, excessive 
discharge pressure, damaged parts,  

Insufficient output/low pressure Maintenance, Proper handling, 
Pressure Release valve, Pressure 
meters 

Install Engineering Controls, 
Personnel Training 

1.5 Compressor Failure Wear and Tear, excessive pressure 
head  

Not compressing the vapor to 54 psia  Stand by compressors, recycle line 
back to vapor return line.  

Consider secondary 
compressor, investigate 
recycle line 

1.6 Liquid fraction in the inlet 
stream. 

 Downstream of plant not working 
properly  

Damaging internal components.   Stand by compressors, recycle line 
back to vapor return line. 

Consider secondary 
compressor, investigate 
recycle line 

      

      

      

[22.] Compressor Problems 
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Company: U of A Spring 2010 
ChEE Department 
 

Plant: Liquefied Natural Gas 
Terminal 

Site: Matagorda Bay, Texas Unit: Vapor Re-condenser PBC-
310 

System: LNG 
Unloading/Holding 

Method: What-if Type: Packed Bed Condenser, Centrifugal 
Pump 

Design Intent: Vapor absorber  

Number: 1 

Team Members: Joshua Andres, Stephen Gomez, Arthur Ho, Marcos Lopez 

 

No.: 1 Description: To Condense a Fraction of Vaporized LNG using LNG 

 

Item What if...? Root Causes/Related Questions Consequences Safeguards Action Items 

1.1 Compressor Failure Wear and Tear Not compressing the vapor to 54 psia, 
which is design pressure for the vapor 
absorber. 

Multiple Compressors Recommend purchase of 
multiple compressors 

1.2 Flow Rate too Fast Packing issues Not enough liquefied NG, wasted Flowmeters, Maintenance Install Engineering Controls, 
Personnel Training 

1.3 High Pressure Not Enough LNG flow, Air Leak Leakage Pressure release valve Install Engineering Controls 

1.4 Corrosion Wear and Tear, Mishandling Leakage Maintenance Personnel Training 

1.5 Air- In Leakage Tower Not Sealed Tightly, High 
Pressure, Corrosion 

High Pressure, more vaporized LNG Leakage alarms, Temperature gauges, 
Air Gauges 

Install Engineering Controls 

1.6 Low Heat Transfer 
Coefficient 

Problems with Tower Packing More vaporized LNG Temperature gauges Install Engineering Controls 

[14.] Condenser problems 
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Company: U of A Spring 2010 
ChEE Department 
 

Plant: Liquefied Natural Gas 
Terminal 

Site: Matagorda Bay, Texas Unit: Desuperheater DS-110, 
Dock Drum D-110, Pump P-110 
a/b 

System: LNG 
Unloading/Holding 

Method: What-if Type: Reverse Flow Axial Desuperheater  
           DS-102, Horizontal Flash Drum,   
           Pump P-101 -Centrifugal pump 

Design Intent:  To cool down the LNG vapor, and flash it to -240 F for vapor return to LNG carrier  
                            and LNG to return to T210, T220, T230 storage tanks 

Number: 1 

Team Members: Joshua Andres, Stephen Gomez, Arthur Ho, Marcos Lopez 

 

No.: 1 Description: To cool down the LNG vapor, and flash it to -240 F for vapor return to LNG carrier and LNG to return to T210, T220, and T230 storage tanks 

 

Item What if...? Root Causes/Related Questions Consequences Safeguards Action Items 

1.1 Pump/Pipeline Leaks Impact on pipe from ships, vehicles, 
weather, improper fitting of pipe to 
storage tank, excessive pressure 

Vapor release to atmosphere, 
consequent leakage into pump motor, 
leading to freezing flammable vapor 
clouds, asphyxiation, pool fires, 
flameless and confined space 
explosions 

Welded flanges, automatic process 
control shutdowns, alarms and PID 
controllers for leak detection, vehicle 
and flood barriers 

Install engineering controls 

1.2 Pump failure Wear and Tear LNG build pump,  in flash drum Multiple pumps, Maintenance Consider multiple, personnel 
training 

1.3 Excessive Pressure Inlet gas pressure >17.2 psia Vapor release to atmosphere, 
consequent leakage into pump motor, 
leading to freezing flammable vapor 
clouds, asphyxiation, pool fires, 
flameless and confined space 
explosions 

Pressure Release Valve, Rupture Disk 
(set point at 80% below tank’s 
maximum allowable working pressure) 

Install engineering controls 

1.4  Clogged axial flow sprayer    Debris, in the porous media of the 
axial flow   

Excessive Vaporized LNG, into the 
flash drums 

Screening sheet, Maintenance Recommend regular 
maintenance check-ups 

1.5 Heat leak into the vapor 
return line. 

Bad insulation, segments of pipe 
insulation missing. 

Increase the  temperature of LNG form 
-220F to -120 F 

Extra insulation  Install insulation 

[1.] Fred’s emails 
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Company: U of A Spring 2010 
ChEE Department 
 

Plant: Liquefied Natural Gas 
Terminal 

Site: Matagorda Bay, Texas Unit: LNG Line to Vaporization 
Unit 

System: LNG 
Unloading/Holding 

Method: What-if Type: Insulated 36” steel pipe Design Intent: Carries LNG from T210, T220, T230 storage tanks and PBC 101 packed bed 
condenser to  vaporization unit at pressure of 1330 psi via pumps P-210 a/b, P-220 a/b, P-230 
a/b, and pumps P-320 a/b/c 

Number: 1 

Team Members: Joshua Andres, Stephen Gomez, Arthur Ho, Marcos Lopez 

 

No.: 1 Description: Carries LNG from T210, T220, T230 storage tanks and PBC 101 packed bed condenser to  vaporization unit at pressure of 1330 psi via pumps P-
210 a/b, P-220 a/b, P-230 a/b, and pumps P-320 a/b/c 

 

Item What if...? Root Causes/Related Questions Consequences Safeguards Action Items 

1.1 Flanges/Pumps leaked Worn, leaky seals/gaskets 

External impact(cars, equipment, 
storms, hurricane) 

Vapor release to atmosphere, 
consequent leakage into pump motor, 
leading to freezing flammable vapor 
clouds, asphyxiation, pool fires, 
flameless and confined space 
explosions 

Welded flanges, automatic process 
control shutdowns, alarms and PID 
controllers for leak detection, vehicle 
and flood barriers 

Install engineering controls 

1.2 Pump not Running Mis-match between pump and pipe, 
incorrect installation of piping, wear 
and tear of pipes,  

LNG remain in pipes, and become 
completely vaporized, pressure 
increase  

Pressure relief devices Install pressure relief 
devices, personnel training 

1.3 Pump Failure Wear and tear, something stuck in 
pump, contaminated motor oil, motor 
oil levels too low 

LNG remain in pipes, and become 
completely vaporized, pressure 
increase 

Multiple pumps, pump motor oil 
meters, alarms for pump failure 
detection 

Consider multiple pumps, 
install engineering controls 

[1.] Fred’s emails 

 



63 | P a g e  

 

Company: U of A Spring 2010 
Chee Department 
 

Plant: Liquefied Natural Gas 
Terminal 

Site: Matagorda Bay, Texas Unit: Product Pipeline,  Air 
Vaporization Unit  

System: LNG  Vaporization Unit 

Method: What-if Type: Stainless Steel Piping Design Intent: Transport of Natural Gas 

Number: 1 

Team Members: Josh Andres, Steve Gomez, Arthur Ho, Marcos Lopez 

 

No.: 1 Description: High Pressure Pipeline carrying cryogenic LNG to vaporizer, high pressure output line 

 

Item What if...? Root Causes/Related Questions Consequences Safeguards Action Items 

1.1 Leaks Overpressurized, improper care, 
external damages to pipe 

Flammable gaseous discharge, 
Shutdown of operations 

Insulation, Method of Construction Install Measures to Protect 
Pipes and Unit 

1.2 Explosion Overpressurized, spark or ignition 
source in the line 

Property Damage, Shutdown of 
Operations, Injury 

Established Rules and Regulations, 
Insulation, Pressure Gauges 

Personnel Training, Install 
Engineering Controls  

1.3 Overpressurized Process Control Ignored Rupture of pipeline causing Flammable 
gaseous discharge, injury, and 
shutdown of operations 

Process Control Install Engineering Controls, 
Personnel Training 

1.4      

[1.] Fred’s emails 
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Company: U of A Spring 2010 
ChEE Department 
 

Plant: Liquefied Natural Gas 
Terminal 

Site: Matagorda Bay, Texas Unit: Glycol Fired Heater 
System:   

System: LNG Vaporization 

Method: What-if Type: Fired Heater Design Intent: Supplemental Heating 

Number: 1 

Team Members: Josh Andres, Steve Gomez, Arthur Ho, Marcos Lopez 

 

No.: 2 Description: Heats Glycol/Water loop for supplemental heating 

 

Item What if...? Root Causes/Related Questions Consequences Safeguards Action Items 

2.1 Explosion Too much fuel, Improper Care Shutdown of Operations, Injury, 
Property Damage 

Operations Control, Fuel Amount 
Gauges 

Personnel Training, Install 
Gauges 

2.2 Fuel Leak Improper Care, External Damage of 
Pipes 

Flammable Gaseous Discharge, 
Shutdown of Operations 

Method of Construction, Operations 
Control 

Recommend regular 
maintenance, Personnel 
Training 

(10) Mustang 
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Company: U of A Spring 2010 
ChEE Department 
 

Plant: Liquefied Natural Gas 
Terminal 

Site: Matagorda Bay, Texas Unit: Glycol Pipelines:  System: LNG Vaporization 

Method: What-if Type: Carbon Steel Design Intent: Method of transporting supplemental heating 

Number: 1 

Team Members: Josh Andres, Steve Gomez, Arthur Ho, Marcos Lopez 

 

No.: 3 Description: Carries Hot water/glycol from the fired heater to the heat exchanger with the closed loop HX fluid 

 

Item What if...? Root Causes/Related Questions Consequences Safeguards Action Items 

3.1 Leaks Overpressurized Pipeline, Improper 
maintenance, Damaged Pipes 

Toxic Liquid Discharge, Spill Clean-up 
to reduce Environmental Impact, 
Shutdown of Supplemental Heating  

Proper Maintenance, Regular 
Maintenance 

Recommend regular 
maintenance, Personnel 
Training 

3.2 Overpressurized Process Control ignored Possible rupture of pipeline, causing 
heavy discharge to the environment 

Process Control Alarms Install Process Controls, 
Personnel Training 

[1.] Fred’s emails 
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Section 5: Environmental Impact Statement 

 There are various environmental factors that need to be considered when 

designing a Liquid Natural Gas (LNG) Terminal.  One aspect is the effects of dredging 

out the area that ships will travel and turn to deliver the LNG.  Another area to consider 

is the amount of CO2 and NOx emissions produced during the vaporization process.  

Life cycle assessments, or LCAs, have been the subject of papers to evaluate the 

impact of the LNG vaporization process over a period of time.  [2] Some papers have 

also compared the benefits of an LNG process in comparison to coal technology.  

Another area of concern is the effect of the LNG terminal construction on any 

endangered species.  Stormwater runoff and sanitation concerns will also have to be 

addressed.  For this site, noise of machinery will not be a factor because it is located 

remotely.  The release of natural gas from release valves may occur during extreme 

pressure gradients and will also have to be addressed. 

 When the area for the turning basin is dredged there will be a subsequent 

dispersion and settling of bottom sediments.  The other factor to consider is the 

resulting turbidity caused by ships coming and going in the area near the LNG 

terminal.  This will cause particles to constantly be in motion that contain various 

nutrients and toxics.  Based on a study, it was concluded that dredging should be 

avoided when at all possible.  Particles with different settling velocities and densities 

can have an effect on the local eco-system’s ability to adapt and receive the amount of 

sunlight needed to survive.  If dredging must be done, precautions should be applied 

to ensure that the damage to the environment is not catastrophic.  [1] 
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 There will be a certain amount of greenhouse gas (GHG) emissions during the 

vaporization process of the LNG.  This issue needs to be addressed under Title V of 

the Clean Air Act.  The major components that will need to be remedied are CO2 and 

NOx released during any heating using natural gas.  Carbon capture and sequestration 

can be utilized to capture the CO2 and reduce the greenhouse gas emissions of a 

plant.  In a study done to determine the life cycle analysis of a LNG terminal, vented 

natural gas was also considered to determine GHG emissions.  Their value that they 

came up with was 0.850 lbs CO2equivalents/MMBtus sent out.  [2] This number was 

based on using 1.5% of the sendout gas as a utility for heating, where as the plant 

proposed in this design would use 1%.  That would equate to a value of 1.02x106 lbs 

CO2equivalents/day based on the delivery number for this design.  This is the amount 

of GHG emissions produced by the fired heater used onsite for this plant.  The same 

paper found that this is 73% less emissions than the cleanest coal technology they 

compared it to, which is an integrated gasification combined cycle coal fired power 

plant.   

 Stormwater runoff and the potential for contamination of any water supply must 

be addressed on site.  [4] There will be a permit necessary to deal with this runoff.  

The permit will fall under the Environmental Protection Agency (EPA) wastewater 

program.  It requires that a development of a written stormwater pollution prevention 

plan be written, control measures implemented, and a formal request made otherwise 

known as a Notice of Intent, or NOI.  Control measures include things such as 

employee training, maintenance plans, testing of runoff, inspections, and process-

specific best management practices or BMPs.  In the case of this process, where there 
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is an abundance or land, the two BMPs that would be chosen would be landfarming or 

spreading, which would spread the waste on land surfaces to stimulate biological 

degradation, or backfilling, which involves storing the wastes in a pit than covering with 

dirt.  [5] When either of these techniques is utilized, testing must be done on the soil 

and possible erosion must be monitored closely.  Sometimes vegetation is used to 

curb the possibility of erosion in the mitigation areas.  Due to the Clean Water Act, the 

permit will be obtained from the National Pollutant Discharge Elimination System 

(NPDES).  [3] 

 To determine the total amount of gas used for utilities for the plant, an 

assumption of 10% of the total sendout gas was used.  This is seen in the table in 

section 2.5 where the cost of utilities per day and per year is listed.  The value that 

was found for a 1% usage of sendout gas was determined to be 1.02x106 lbs 

CO2equivalents/day. This number can then be multiplied by 10 and be used as an 

estimate for the total utilities impact for this design.  The total amount of greenhouse 

gas assumed to be output by the plant would be 1.02x107 lbs CO2equivalents/day or 

3.7x109 lbs CO2equivalents/year.  This is the amount of GHG for all utilities on the 

premises.  Water was not included as a utility because the amount required for the 

plant was negligible. 
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Section 6: Economics 

 

Section 6.1: Economic Analysis 

Section 6.1a: Introduction 
  

A business proposal has been derived from the described process for a LNG 

receiving terminal sited at the Matagorda Bay area off the coast of Texas.  The LNG 

business is very sensitive to the seasons.  Demand for LNG increases during the 

winter months and wanes in the summer months.  In spite of this seasonal 

dependence, the LNG receiving terminal is still a very profitable venture.  The 

calculations are included in Appendix XII.    

 
Section 6.1b: Operating Expenses 
 

 For a typical LNG receiving terminal, operating expenses comes from the 

following areas (Table 6.1 below): the cost of buying liquefied natural gas ($4.50 per 

MMBtu) [20.], the electricity used for various pumps and compressors to produce the 

mentioned send-out LNG amount, costs from labour and maintenance, as well as the 

amount of LNG that has to be burned to vaporize 1050 MM SCF/D of send-out natural 

gas.  The latter two cost a total of 1.9 million dollars per year, which is the equivalent 

of 10% shrinkage, or about 105 MM Btu of LNG. [1.] This, however, does not include 

the use of water.   

 Labour costs were estimated using the Richardson Cost Data Index [45.].  

There will be approximately five 24-hour shifts to be filled at an average pay of $35 per 

hour.  Thirty workers per 24-hour shift should be hired as well.  Table 1 shows the 
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benefits, salaries, and wages for the workers, as well as the cost of maintenance 

expenses. 

Table 6.1: Benefits, Salaries, and Wages: [45.] 

Maintenance     
Direct wages and benefits (DW&B) $35/operator $2,184,000.00 
Direct salaries and benefits  15% of (DW&B) $327,600.00 
Operating supplies and services 6% of (DW&B) $131,040.00 
Technical assistance to 
manufacturing 

$60,000/operator-shift-
yr $300,000.00 

Operation:     
Wages and benefits (MW&B)      
Fluid Process handling 3.5% CTDC $7,261,991.76 
Salaries and Benefits 25% of (MW&B) $1,815,497.94 
Material and services 100% of (MW&B) $7,261,991.76 
Maintenances overhead 5% of (MW&B) $363,099.59 
      
General Plant overhead 7.1% of (M&O-SW&B) $822,825.37 
Mechanical department services 2.4% of (M&O-SW&B) $278,138.15 
      
  Total $20,746,184.56 
(M&O-SW&B) maintenance and operation salary, wages and benefits. 

  
 
Section 6.1c: LNG Prices 
 

   According to the United States Energy Information Administration, LNG is sold 

for $6 per MM Btu [20.].  Dynalene HC and ethylene glycol are the two fluids used for 

vaporizing the LNG.  Since these two fluids will be in circulation in two reverse 

refrigeration loops all the time, it is a one-time deal to buy both fluids.  There will not be 

any depreciation either.  This is based on the assumption that all of the reverse 

refrigeration loops would not leak.  More will have to be bought in case of leaks or 

damaged loops.  The base price of Dynalene HC is $155 per 5 gallons, based on the 

Dynalene store website. [46.] Our terminal uses 31,319,240 pounds of Dynalene HC 

repeatedly, and this is priced at 2.8 million dollars.  Due to the large quantity being 

purchased, Dynalene may offer better incentives for buying in bulk.  Ethylene glycol 
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can be bought for $36.65 per gallon from CQ Concepts Company. [47.] Our terminal 

uses about 29 million pounds of ethylene glycol, and it costs a total of 120 million 

dollars. 

 
 
Total Capital Investment: 
Table 6.2: Dissection of the Total Capital Investment, in Millions of Dollars [45.] 

Total bare-module cost for fabrication equipment CFE $1.9         
Total bare-module cost for  process machinery CPM $0.5 

   
  

Total bare-module cost for spares Cspare $0.9 
   

  
Total cost of the Mustang vaporization  Cmustang $52.0 

   
  

Total bare-module cost for storage and surge tanks Cstorage $100.0 
   

  
Total cost for initial catalyst charges Catalyst $0.0 

   
  

Total bare-module for computer and software, control system Ccomp $2.1 
   

  
Total bare-module investment, CBM 

 
CTBM $157.4 

  
  

Cost of sit preparation 
 

Csite $31.5 
  

  
Cost of services facilities 

 
Cservices $2.4 

  
  

Allocated cost for utilities plant and related facilities 
 

Calloc $15.7 
  

  
Total of direct permanent investment, DPI 

  
CDPI $207.0 

 
  

Cost of contingencies and  contractor's fee 
  

Ccont $20.7 
 

  
Total depreciable capital, TDC 

   
CTDC $227.7   

Cost of land 
   

Cland $3.4   
Cost royalties 

   
Croyal $9.1   

Cost plant startup 
   

Cstartup $22.8   
Total permanent investment, TPI 

    
CTPI $263.0 

Working capital 
    

CWC $38.1 
Total capital investment, TC         CTCT $301.1 

 
 

It can be seen from Table 6.2 that the total capital investment for our LNG terminal is 

301 million dollars, which does not include the cost of the Dynalene HC and the 

ethylene glycol.  As seen in Table 6.2, the major parts of our total capital investment 

come from the total depreciable capital ($227.7 million), total direct permanent 

investment ($263 million), and the total bare-module investment ($157.4 million).  It 

can also be seen that the Mustang vaporization unit ($52 million) and the Total bare-
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module cost for storage and surge tanks ($100 million) make up most of the total bare-

module investment.  This is perfectly reasonable because the storage tanks and the 

vaporization unit are the most crucial parts of our terminal. 

 
Section 6.1d: Valuation 
 
Table 6.3: Pricing the LNG Terminal, NPV, IRR 

              
Discount 
flow 

Cash 
flow Cum 

Year     
Net 
earning Sales  Cexcl D Cash flow   PV 

0 $2,007.0       $41.4   -$69.0 -$69.0 -$69.0 
1 $2,008.0           -$69.0 -$60.0 -$129.0 
2 $2,009.0           -$138.0 -$104.4 -$233.4 
3 $2,010.0   $39.1 $162.0   $22.8 $61.9 $40.7 -$192.7 
4 $2,011.0   $96.6 $324.0   $41.0 $137.6 $78.7 -$114.0 
5 $2,012.0   $164.7 $486.0   $32.8 $197.5 $98.2 -$15.8 
6 $2,013.0   $193.3 $550.8   $26.2 $219.5 $94.9 $79.1 
7 $2,014.0   $221.3 $615.6   $21.0 $242.3 $91.1 $170.2 
8 $2,015.0   $235.9 $648.0   $16.8 $252.7 $82.6 $252.8 
9 $2,016.0   $236.7 $648.0   $14.9 $251.6 $71.5 $324.3 

10 $2,017.0   $236.7 $648.0   $14.9 $251.6 $62.2 $386.5 
11 $2,018.0   $236.7 $648.0   $14.9 $251.6 $54.1 $440.6 
12 $2,019.0   $239.7 $648.0   $7.5 $247.1 $46.2 $486.8 
13 $2,020.0 $38.1 $242.6 $648.0     $280.8 $45.6 $532.4 

Cexcl = cost of production excluding depreciation                 
MACRS method for Tax depreciation of a 10 year class (Seider 630). [45.] 
 
NPV $1,919.2 
IRR 26.95% 

 
 

Table 6.3 shows the calculation done to price our LNG terminal.  This is better 

depicted by the cash flow diagram (Figure 6.5).  The Net Present Value (NPV) is the 

present value of the returns less the present value of the investment.  It is the excess 

of cash flow in present value terms.  The NPV for this project is calculated to be about 

$1900 million dollars using an Internal Rate of Return (IRR) of 26.95%.  A positive net 

present value means that our project is economically feasible. 
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Figure 6.5: Cash Flow for the LNG Terminal from 2007 to 2020. 
 

 

Figure 6.5 shows the cash flow of our LNG terminal.  The payback period is 

about 6 years (between years 2012 and 2013 on Figure 6.5), and by 2013, not only 

will all of our investments be returned but we will also have a profit of $79 million 

dollars.   From then on, the project will become very profitable as seen by the 

increasing cash flows starting from 2013.  It can be concluded that our project is very 

profitable.  
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Section 6.2: Economic Hazards 
 
 There are two major economic hazards to our LNG project – the source of our 

LNG, and the environment. 

      Figure 6.6a              Figure 6.6b 
                

             
 

 Figures 6.6a, 6.6b: World Natural Gas Reserves by Geographic Region as of January 1, 2009 
[19.], [20.] 
 
   

Figures 6.6a and 6.6b show the distribution of natural gas reserves in the world.  

According to Figure 6.6a, the total natural gas reserve in the world is estimated to be 

around 6254 trillion cubic feet.  Most of it (Fig. 6.6b) can be found in the Middle East 

and Eurasia, which includes Russia and that whole region surrounded by the Middle 

East, Russia, India, and China. [19.] Together, these two regions control about 73% of 

the total world reserves.  Unfortunately, these regions are hotbeds of political and 

religious strife and unrest.  Due to increasing demand for natural gas at home and in 

Canada and Mexico, and our insufficient natural gas reserves, most of our LNG has to 

be imported from the mentioned regions.  If these places are affected by war or any 

terrorist attacks, not only will our LNG supply run dry, but our current LNG purchase 
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price of $4.50 per MMBtu will not be stable and will increase.  This will then increase 

our current price of $6.50 per MMBtu. [20.]   

 Another hazard to our LNG terminal project is the Environmental Protection 

Agency and its strict regulations.  During the running of our terminal, there will be 

release of slight amounts of boiloff vapor from the storage tanks.  These vapors will 

consist mainly of nitrogen and methane because their molecular weights are lowest 

compared to other components of the LNG.  Methane is a well-known greenhouse 

gas, and we will be fined for its release.  The EPA may also delay its approval process 

for the construction of our LNG terminal plant.  Further work will be done to eliminate 

the emission of methane.   

On a related note, land-based LNG terminals face the same opposition from 

communities that any other power plants – such as nuclear, electric, or coal – 

encounter.    Nobody wants an LNG terminal in their backyard, and there had been 

“constant threats of delay due to landowner and community activist involvements.” 

(LNG Journal August, 2003) [48.]   This, however, should not be a problem because 

our LNG terminal is built on an off-shore coast far away from any extant Texan coastal 

cities.    

Lastly, our LNG sale price also depends on the seasonal demands, which rise 

during the winter months and wanes during the summer months, as seen in Figure 4. 

[42]. In fact, global warming would increase the demand for LNG.  During the summer, 

there will be certain places in North America that will grow unbearably warm.  This will 

lead to an increase in power usage for air conditioning, which means that more natural 

gas needs to be burnt for producing this power.   It is also possible that global warming 
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will cause severe winter storms similar to those experienced by most northern 

American states during the winter of 2009.  In that case, there will be an increased 

need for LNG. 

An area of our project where cost-cutting can be applied is the emission of LNG during 

storage.  As mentioned, this emission can cause both delays in construction of our 

LNG terminal as well as EPA fines.  Either the installation of environmentally friendly 

methods or the purchase of pollution permits should be considered in order to 

eliminate this extra cost. 
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Section 7: Conclusions and Recommendations 

 

  Our LNG receiving terminal was designed to handle the storage, vaporization, 

and delivery of 1050 MM Btu of liquefied natural gas.  This terminal is sited at the 

Matagorda Bay area off the coast of Texas.  It can be concluded from our calculations 

that this is an economically feasible project.  The net present value is calculated as 

approximately $1900 at a reasonable IRR rate of 26%.  Although (insert 

value) of total investment capital was required, the payback period is only about 6 

years.  79 million dollars worth of profit is earned the year after payback. 

  Although the terminal is profitable, there are a few areas that can be improved 

by future work.  The first area is the shrinkage, which is the fraction of the total LNG 

that is burned to vaporize our imported product.  Due to time constraints, we based our 

utility calculations on a rough estimate of 10% for the shrinkage. [1.] In our future work, 

a more rigorous analysis of the shrinkage percentage will be done to see if the 

percentage can be decreased.  Any shrinkage will decrease the profits of the terminal, 

and it will be in our best interests to lower it. 

The second area of our future work is the compressors.  Currently, (insert #) of 

centrifugal compressors are used for our daily terminal activities.  While the current 

compressors suit our needs, we have just discovered that the Japanese and Korean 

LNG terminals are using different types of compressors – reciprocating type BOG 

compressors and screw type air compressors – which they claim to be more efficient.  

Due to a lack of time, we were unable to conduct rigorous thermodynamic analyses of 

those newer compressors to confirm the claims.  If our future calculations do confirm 

such claims, we will consider installing them to save costs. 
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A third area concerns the arrangement of the heat vaporization units for the 

LNG vaporization portion of our design.  We have the units arranged in series, but that 

is only because our vendor, Mustang Corporation, produces them in that manner. [10.]   

If given more time, we will consider if a parallel arrangement of our heat vaporization 

units would be more efficient, and we would have to collaborate with Mustang 

Corporation for it.
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Section 9: Appendices 

Appendix I: Unloading and Vaporizing Units 
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Holding and Vaporizing Units. 
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Appendix II 

     ChemCAD Values  

                Tank Flash with a heat input of 25MMBtu/hr at 15.6 psia  

     

             

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Stream No. 4 5 6 
Molar flow lbmol/h 647,341.13 6,062.19 641,279.00 
Mass flow  lb/h 12,052,903.00 104,922.19 11,947,981.00 
Temp F -257.04 -256.19 -256.19 
Pres psia 15.60 15.80 15.80 
Vapor mole 
fraction 0.00 1.00 0.00 
Enth MMBtu/h -25,965.00 -190.79 -25,750.00 
Average mol wt 18.62 17.31 18.63 
Actual dens lb/ft3 21.71 0.13 29.00 
Actual vol ft3/hr 555,256.63 811,863.69 412,008.69 
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The pseudo stream (7), was to simulate the vapor displacement calculation base on the 412008.69 ACFH of the LNG in stream (6)  

 

                  

 

 

 

 

 

 

 

Stream No. 5 7 8 
Molar flow lbmol/h 6,069.00 2,832.27 8,901.28 
Mass flow  lb/h 105,038.28 49,620.13 154,658.41 
Temp F -256.19 -240.00 -251.06 
Pres psia 15.80 15.80 15.80 
Vapor mole 
fraction 1.00 1.00 1.00 
Enth MMBtu/h -191.01 -87.14 -278.15 
Average mol wt 17.31 17.52 17.37 
Actual dens lb/ft3 0.13 0.12 0.13 
Actual vol ft3/hr 812,777.88 411,981.16 1,224,756.25 
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  Splitter (26) is to send 109,722.4 lbmole/hr to the process and 531,549lbmole/hr stay’s in the tank. 

  

 

 

 

 

 

   

 

 

   P-210 

  

 

 

 

 

    

 

Stream No. 6 21 22 
Molar flow lbmol/h 641,272.00 531,549.13 109,722.74 
Mass flow  lb/h 11,947,861.00 9,903,561.00 2,044,299.75 
Temp F -256.19 -256.19 -256.19 
Pres psia 15.80 15.80 15.80 
Vapor mole 
fraction 0.00 0.00 0.00 
Enth MMBtu/h -25,749.00 -21,344.00 -4,405.80 
Average mol wt 18.63 18.63 18.63 
Actual dens lb/ft3 29.00 29.00 29.00 
Actual vol ft3/hr 412,004.81 341,510.06 70,494.74 

Stream No. 22 23 
Molar flow lbmol/h 109,722.76 109,722.76 
Mass flow  lb/h 2,044,300.00 2,044,300.00 
Temp F -256.19 -255.95 
Pres psia 15.80 55.00 
Vapor mole 
fraction 0.00 0.00 
Enth MMBtu/h -4,405.80 -4,405.00 
Average mol wt 18.63 18.63 
Actual dens lb/ft3 29.00 28.99 
Actual vol ft3/hr 70,494.76 70,524.51 
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 D-110 

 

   

D-310 

 

 

 

 

Stream No. 16 17 18 
Molar flow lbmol/h 1,734.61 1,734.61 0.00 
Mass flow  lb/h 38,860.04 38,860.04 0.00 
Temp F -242.55 -242.55 0.00 
Pres psia 16.63 16.63 0.00 
Vapor mole 
fraction 1.00 1.00 0.00 
Enth MMBtu/h -30.36 -30.36 0.00 
Average mol wt 22.40 22.40 0.00 
Actual dens lb/ft3 0.16 0.16 0.00 
Actual vol ft3/hr 238,186.28 238,186.28 0.00 

Stream No. 9 10 11 
Molar flow lbmol/h 8,901.28 8,901.28 0.00 
Mass flow  lb/h 154,658.38 154,658.38 0.00 
Temp F -223.62 -223.62 0.00 
Pres psia 15.31 15.31 0.00 
Vapor mole 
fraction 1.00 1.00 0.00 
Enth MMBtu/h -276.19 -276.19 0.00 
Average mol wt 17.37 17.37 0.00 
Actual dens lb/ft3 0.11 0.11 0.00 
Actual vol ft3/hr 1,442,945.00 1,442,945.00 0.00 
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  C-310  

 

 

          

 

 

  

 

   Vapor absorber  

 

 

 

Stream No. 11 13 
Molar flow lbmol/h 8,901.28 8,901.28 
Mass flow  lb/h 154,658.38 154,658.38 
Temp F -223.62 -96.55 
Pres psia 15.31 55.00 
Vapor mole 
fraction 1.00 1.00 
Enth MMBtu/h -276.19 -267.51 
Average mol wt 17.37 17.37 
Actual dens lb/ft3 0.11 0.25 
Actual vol ft3/hr 1,442,945.00 616,833.63 

Stream No. 28 14 16 20 
Name     
- - Overall - -     
Molar flow lbmol/h 10,197.78 8,901.28 1,734.64 17,364.41 
Mass flow  lb/h 190,000.00 154,658.38 38,860.48 305,798.00 
Temp F -255.86 -96.55 -245.63 -227.80 
Pres psia 52.02 53.61 50.00 50.07 
Vapor mole 
fraction 0.00 1.00 1.00 0.00 
Enth MMBtu/h -409.40 -267.50 -30.49 -675.98 
Average mol wt 18.63 17.37 22.40 17.61 
Actual dens lb/ft3 28.98 0.24 0.52 26.33 
Actual vol ft3/hr 6,555.71 633,226.88 74,570.57 11,616.04 
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P-310 

   

 

 

 

 

 

 

 

 

 

 

 

 

 

 
Stream No. 28 29 
Molar flow lbmol/h 116,889.47 116,889.47 
Mass flow  lb/h 2,160,099.25 2,160,099.25 
Temp F -251.66 -243.70 
Pres psia 50.00 1,345.00 
Vapor mole 
fraction 0.00 0.00 
Enth MMBtu/h -4,671.50 -4,646.70 
Tc F -66.44 -66.44 
Pc psia 879.34 879.34 
Average mol wt 18.48 18.48 
Actual dens lb/ft3 28.62 28.20 
Actual vol ft3/hr 75,480.95 76,611.71 
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Stream No. 29 30 31 32 
flow lbmol/h 116,889.42 116,889.42 1,359.00 115,530.42 
Mass flow  lb/h 2,160,098.50 2,160,098.50 25,114.11 2,134,984.25 
Temp F -243.70 44.00 44.00 44.00 
Pres psia 1,345.00 1,320.00 1,320.00 1,320.00 
Vapor mole 
frac. 0.00 1.00 1.00 1.00 
Enth MMBtu/h -4,646.70 -4,014.80 -46.68 -3,968.10 
Average mol wt 18.48 18.48 18.48 18.48 
Actual dens 
lb/ft3 28.20 6.02 6.02 6.02 
Actual vol ft3/hr 76,611.65 358,587.97 4,169.08 354,418.84 
Stream No. 33 34 35 36 
flow lbmol/h 115,530.42 228,945.28 228,945.28 5,822,131.50 
Mass flow  lb/h 2,134,984.25 31,319,240.00 31,319,240.00 168,550,912.00 
Temp F 41.02 20.00 20.58 44.00 
Pres psia 1,264.74 15.00 115.00 15.00 
Vapor mole 
frac. 1.00 0.00 0.00 1.00 
Enth MMBtu/h -3,968.10 -5,662.80 -5,646.10 -1,404.30 
Average mol wt 18.48 136.80 136.80 28.95 
Actual dens 
lb/ft3 5.81 53.50 53.48 0.08 
Actual vol ft3/hr 367,213.47 585,388.25 585,594.56 2,096,610,560.00 
Stream No. 37 38 39 40 
flow lbmol/h 5,822,131.50 1,018,091.25 1,018,091.06 1,018,091.06 
Mass flow  lb/h 168,550,912.00 0  28430092.0 28,430,086.00 28,430,086.00 
Temp F 40.00 80.00 100.00 100.19 
Pres psia 15.00 65.00 40.00 90.00 
Vapor mole 
frac. 1.00 0.00 0.00 0.00 
Enth MMBtu/h -1,565.80 -141,890.00 -141,450.00 -141,440.00 
Average mol wt 28.95 27.92 27.92 27.92 
Actual dens 
lb/ft3 0.08 65.53 65.18 65.18 
Actual vol ft3/hr 2,079,900,544.00 433,876.50 436,159.40 436,182.25 
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Stream No. 

 
41 

 
42 

flow lbmol/h 228,945.28 228,945.28   
Mass flow  lb/h 31,319,240.00 31,319,240.00   
Temp F 70.00 34.00   
Pres psia 65.00 90.00   
Vapor mole 
frac. 0.00 0.00   
Enth MMBtu/h -5,030.90 -5,484.60   
Average mol wt 136.80 136.80   
Actual dens 
lb/ft3 52.03 53.08   
Actual vol ft3/hr 601,936.56 590,003.06   
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 Appendix III 

Holding  

The only differences between the unloading were a 2-50% compressor and the sizing of the suction drum and suction pumps. 

Compressor  

 

 

 

 

P-310 

     

Stream No. 9 12 
Molar flow 
lbmol/h 2,477.72 2,477.79 
Mass flow  lb/h 49,604.59 49,606.18 
Temp F -201.98 -64.67 
Pres psia 15.10 55.00 
Vapor mole 
fraction 1.00 1.00 
Enth MMBtu/h -59.14 -56.58 
Average mol wt 20.02 20.02 
Actual dens lb/ft3 0.11 0.26 
Actual vol ft3/hr 447,644.31 188,372.02 

Stream No. 10 11 
Molar flow 
lbmol/h 1.85 1.85 
Mass flow  lb/h 85.77 85.77 
Temp F -201.98 -201.98 
Pres psia 15.10 15.10 
Vapor mole 
fraction 0.00 0.00 
Enth MMBtu/h -0.11 -0.11 
Average mol wt 46.48 46.48 
Actual dens lb/ft3 42.18 42.18 
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                       P-110 

 

 

 

 

                     Flash drum (17) reproduces the temperature of vapor stream (4) at -240 F 

      

 

Stream No. 27 28 
Molar flow 
lbmol/h 4,834.70 4,834.70 
Mass flow  lb/h 91,179.53 91,179.53 
Temp F -252.89 -252.89 
Pres psia 16.70 17.30 
Vapor mole 
fraction 0.00 0.00 
Enth MMBtu/h -195.17 -195.17 
Average mol wt 18.86 18.86 
Actual dens lb/ft3 29.05 29.05 
Actual vol ft3/hr 3,138.61 3,138.61 

Stream No. 3 4 
Molar flow 
lbmol/h 561.25 561.25 
Mass flow  lb/h 9,823.63 9,823.63 
Temp F -256.90 -240.00 
Pres psia 15.60 15.60 
Vapor mole 
fraction 1.00 1.00 
Enth MMBtu/h -17.37 -17.29 
Average mol wt 17.50 17.50 
Actual dens lb/ft3 0.13 0.12 
Actual vol ft3/hr 75,901.18 82,710.59 
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Stream (1), is the LNG left from the unloading for each tank assuming each tank is full and one- tanks is use for the displacement; 2-tanks at 614,393,344lb/hr  

 

 

 

 

 

 

 

 

Stream No. 1 3 2 
Molar flow 
lbmol/h 33,004,698.00 561.25 33,004,156.00 
Mass flow  lb/h 614,393,344.00 9,823.63 614,383,872.00 
Temp F -256.90 -256.90 -256.90 
Pres psia 15.60 15.60 15.60 
Vapor mole 
fraction 0.00 1.00 0.00 
Enth MMBtu/h -1,324,400.00 -17.37 -1,324,400.00 
Average mol wt 18.62 17.50 18.62 
Actual dens lb/ft3 29.02 0.13 29.02 
Actual vol ft3/hr 21,171,254.00 75,901.18 21,171,042.00 
Stream No. 19 20  
Molar flow 
lbmol/h 32,887,820.00 116,334.00  
Mass flow  lb/h 612,218,304.00 2,165,598.00  
Temp F -256.90 -256.90  
Pres psia 15.60 15.60  
Vapor mole 
fraction 0.00 0.00  
Enth MMBtu/h -1,319,700.00 -4,668.30  
Average mol wt 18.62 18.62  
Actual dens lb/ft3 29.02 29.02  
Actual vol ft3/hr 21,096,416.00 74,624.29  
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  Appendix IV 

        Compressor sizing 

             All calculations were base on the (Elliot, pg 69-73)   

            Step one:  Calculate the weight flow (lb/min) and inlet ACFM; use the ChemCAD value of stream (11) 1,442,945ACFH  24,049ACFM base on a 2-
50% 12,024.5 ACFM 

             154,658.83 lb/hr 1288.816lb/hr at 2-50% units  

            

            Step   two: Use table 2 to select the compressor frame base on 24,049 ACFM from Elliott compressor N method pg 73-74. 

 

 

             
From Elliot compressor N method  P1[psia] P2[psia] ratio 

Frame Polytrophic efficiency No stage  15.3 55 3.594771 
38MM 0.77 9     
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              Step three:  Find the polytrophic exponent “n” from table A.1 from Elliott compressor N method pg 71. 

                                                                                                                                                                                    

 

                                                                                                                                     

                                       

 

                

                                              

                                                                        

     

 

 

 

Table A. 1   Gas properties     
Inlet flow [cfm] 12,024.0   M Cp at  different temperatures  

Components mole frac. 50 F 300 F 50 F 300 F 

  k k xi k xi k 
Methane 8.2E-01 8.4 10.3 6.9 8.4 
Ethane 2.4E-04 12.1 16.3 0.00293 0.00394 
N-Butane 3.0E-04     
N-Pentane 0.0E+00     
Nitrogen 1.8E-01 6.7 7.0 1.2 1.3 
Isobutene 1.1E-03     
Propane 8.3E-07 16.3 23.6 1.35E-5 1.95E-5 
Water 0.0E+00     
Dynalene HC 0.0E+00     
Dynalene MV 0.0E+00     
Ethylene Glycol 0.0E+00     
Air 0.0E+00         
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 Step 4: Find the adiabatic exponent from Figure A.1. Used goal seek to find the temperature factor from Eq. 1.1 at -223 
F. The intersection of the XTF with the compression ratio give the adiabatic exponent n .Table A.2 shows the values for 
each adiabatic component.  

             460223
748.

)460223(5.96 +−+
+−

=− TFX
                                                                                                                     

(1.1) 

Figure A.1  

 

  

 

 

 

    

 

Table A.2     
T[F] XTF T2  [F]  

-223 0.41 -96 
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 Step 5:   Calculate the Polytrophic Head by using Eq. 1.2, Eq. 1.3 and figure A.1 

                                                               3.
4.1

14.11
=

−−
n

n
                                                                                                                              

(1.2) 

             ftH p 701,32)135(.*
3..

)460223(*
1624
154495.. 3. =−

+−
==                                                                                                    

(1.3) 

 Step 6: The number of stages was calculated by using Eq.1.4 and the max heat per stage from Elliott table 2 

                                                         387.2
10080
32701

≅==Sages                                                                                                                

(1.4)                                                                                                      

.   TableA.3 illustrates the calculated values  

Table. A 3             
T [F] k (n-1)/n   Hp[Ft] Max head per stage    No stages  

-243 1.4 0.371058   32,701.17 11000   2.872503 3 
 

 Step 7: Find the speed required by using equation Eq1.5. 

                                                         8.23388
000,10

7.01,327
8180 ==Speed                                                                                                

(1.5) 

Where 8180 head per stage and 10,000 ft. Impeller been selected for the worse case. 

Step 8: Finding Shaft Horsepower required by Eq 1.6 and the bearing and oil loss by figure A.2. Table 3, shows the 
horse power of the compressor at different operating speed.  

                                                                       
33000*77.

0701,32816.1288 ×
=Hp =1658.62 Hp                                                                               

(1.6)                    Fig. A.2  

                 

 

Table A.4       
T[F] Hp Hp lose  Shaft Hp 
-223 1658.6 27.0 1685.6 
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 Appendix V 

   Pump size  

          Centrifugal pumps were used in the LNG receiving terminal plant.  All suitable pumps were sized according to Eq 
2.1 and base on a maximum of Hp per pumps.  If more than one pump was required, then the pumps were connected 
in parallel configuration. Table B.1, shows the specification of the all the pump in the process. 

                                                                   
mp

QHpPc
ηη000,33

=                                                                                                                      

(2.1) 

  

                                                                    
HpPc 8.245

9.8.000,33
9.31948682
=

×
××

=
η                           

                                                                               pump
Hp
Hp 25.

600
8.245

→=  

 

          

Table B.1             
Pump H[ft] p[lb/gal] Max Hp Q Pc No pumps 
P-210 194.6 3.9 600.0 8,682.0 275.8 2.0 
P-320 6,355.9 3.9 1,200.0 9,021.0 9,355.8 8.0 
P-110 5.0 3.9 0.0 500.0 10 1.0 
P-310   5.0 3.9 0.0 0.0 10 1.0 
P-420 242.2 $7.2 2,500.0 72,110.4 5,258.4 2.0 
P-430 132.5 $8.7 1,000.0 39,007.6 1,896.3 2.0 
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Appendix VI 

 Pipes  

               The piping system was sized according to fluid flow equations and friction factor chart from Carne 
Technical Paper No 410.  The fluid flow equation was base on Darcy formula (Eq.3.1) for incompressible flow 
(LNG) and for the incompressible flow (vapor) and isothermal flow for gas formula was use (Eq.3.2)  
                                                                       

                                                                                                                                             

(3.1) 

 

                                                                                                 

(3.2) 

 

   The friction factor was determined from the fraction chart of Crane hand book Figure A.3. By using the 
relative friction of the pipe and the flow rate and the ChemCAD flow rate (lb/hr). 
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 Figure A.3, friction factor. 
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      The nominal pipe size and the heat leak were calculated based on the parameters that were given as the 
bases of design. The parameters were DP (psia/100ft) and length of the pipe (ft). Figure A.4, shows the (NPS), 
nominal pipes size.                 

Chart A.1 Stainless steel (NPS) chart       
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 Table B.2 illustrated the basis of design parameters that were use to determine the NPS for the piping system   

Table B.2              

Unloading Stream  L[ft] P1[psia] P2[psia] Q ChemCAD  
Transfer line  4300 15.6 15.8 32,000 gpm 
Tank to compressor   1500 15.8 15.3 154,658 lb/hr 
Compressor to  VB  300 55 52.5 154,658 lb/hr 
Tank to secondary pump  1500 55 1330 9,285 gpm 
Primary pump to VB   300 55 52.5 8,788 gpm 
Vapor  return line    3200 52.5 15.7 38,860 lb/hr 
 

Used goal seek in excel to find the appropriate (NPS), that would give Dp/100ft base on the length of the pipe.  

Transfer line: 194 ft of head are available and 120-ft is used for the vertical lift (to get the LNG into the tank) 
and 40-ft is left for friction.     

                                              

                                                          

                                            d=36.668 in   

Using Fig.A.4, the NPS is 42in with a wall thickness of .375 in for a 10S schedule pipe.   The same   procedure 
was applied to the vapor line using the Eq.3.2.  The maximum velocity of the gas in pipe dv^2=1500 

 

                              
( )

55
7.1655

7.16
55log23200011.1500.

371.sec/74.10
sec3600

/38860
224 −







 +

=
e

d

dlbhrhrlb  

                                                                                  d=34.94in 

  Chart. A.1, gives the NPS is 36in with a wall thickness of .375 in for a 10s schedule pipe. Table B.3, refers to 
the NPS and the wall thickness for the piping system of the unloading and vaporizing units. 

 

 

 

 

 

 

Table B.2       
Unloading         L[ft]                    D(in)  
Transfer line 4300 42 
Tank to compressor  1500 36 
Compressor to  VB 300 36 
Tank to secondary pump 1500 42 
Primary pump to VB  300 42 
Vapor  return line  3200 36 
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 Appendix VII                                

       Heat leak calculation: 

               Equation Eq.4.1, was use to calculate the heat leak through the pipes walls with 6 inches of insulation 
in which   the LNG or the vapor was flowing at an approximated uniform temperature distribution.   Eq. 4.1 was 
in all the heat leaks calculations.   

                                        
( )

LhRLk
R

R

Lk
R

R
TTQr

02

2

0

1

1

2

21

2
1

2

ln

2

ln

πππ
+








+







−
=                                                                                        

(4.1)                

Table B.3 and B.4,   shows the dimensions and thermo conductivity values that were used to calculate the heat 
leak with a 6 inch of insulation. 

Table B.3             

Unloading   L(ft)      R2(ft)  
wall thickness 

(ft) R1(ft) R0(ft) 
Transfer line 4300 1.75 0.03125 1.734 2.25 
Tank to compressor  1500 1.5 0.01476 1.485 2.0 
Compressor to  VB 500 1.5 0.0147 1.485 2.0 
Tank to secondary pump 1500 1.7 0.0147 1.734 2.25 
Primary pump to VB  300 1.75 0.03125 1.734 2.25 
Vapor  return line  3200 1.5 0.01476 1.485 2.0 
         

 

 

 

 
( )

( ) ( ) hrBtuQr /667,675

10*4300*25.2*2
1

018.*4300*2
75.1

25.2ln

2464.9*4300*2
734.1

75.1ln
94256

−=

++

−−
=

πππ

                                  

(4.1) 

    Table B.5 illustrates the heat leak for piping system.  

 

 

 

 

 

Table B.4     
k1 [Btu/ft-hr-F] k2 [Btu/ft-hr-F] hair [Btu/hr (ft^2)-F] 

9.246 0.018 10.000 
 (Parry need to add the page number) 

Table B.5       
Unloading   T2 [F] Q[ Btu/hr] 
Transfer line -256.3 -672,485.2 
Tank to compressor  -220.0 -174,639.5 
Compressor to  VB -96.5 -22,373.0 
Tank to secondary 
pump -251.6 231,850.1 
Primary pump to VB  -255.8 -234,538.0 
Vapor  return line  -240.20 -479,365.0 
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Appendix VIII 

Vapor Absorber. 

   The design of the vapor absorber was based on the packing and the specific requirements to achieve the 
maximum heat transfer that would gave a diameter of 6ft<di<12ft for the vapor absorber.   For this particular 
calculation we had to assume that the physical and chemical properties used by the Hy-packing literature were 
almost the same for the LNG.  Fig. A.4 was used to determine the   gas velocity base on allowable pressure 
drop across packed section.  The gas velocity Equation that was us in congestion with Fig.A.4 was Eq.4.2.  

   Fig.A.4 

 

                                                                                      5.
G

sFV
ρ

=                                                                               

(4.2) 

Once the velocity was calculated at the allowable DP it was use to determine the Area of the Vapor absorber 
and finally the diameter. 

                                                                           sec/56.2
26.
136.

5.5. ftFV
G

s

===
ρ

 

                                        2
3

16.65
29.

*
56.2
sec*

sec3600
*658,154 ft

lb
ft

ft
hr

hr
lb

=  

                                                                         ftdift 087.94*16.65 2

==
π
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To determine the height of the absorber;  4ft-HETP, 5 theoretical trays, and an overall heat transfer coefficient 
of 200 [Btu/hr-ft^2-F] was used for preliminary calculations . The vapor absorber calculation was on the base 
on the enthalpy change of the stream (14 and20) for the worst case using Eq.4.3W 

                                                            LMTDAUQ **=                                                                                          
(4.3)   

                             22 697,50][*34.47*20048.408 ftftA
Ffthr

Btu
hr

MMBtu
=−

−−
=−  

The 50,697 ft2, it not the area of the vapor absorber is the area of heat transfer by the Hy-packing. Assuming 
that the Hy-packing has 40 ft2/ft3( Hy-packing, pg 
 

                                                                                     
3

2

3
2 43.1267

40
*697,50 ft

ft
ftftVpack ==  

                                                                  ft
ft
ftHpack 45.19

16.65
43.1267

2

3

==  

Base on the 5 theoretical trays and 4-ft-HETP the theoretical height would be 20 -ft of packing. The theoretical 
packing and the calculated packing are in .65% different, so the assumption of 5 plates and 200 [Btu/hr-ft2-F] 
was correct.  

 Suction drums: 

   The suction drums were sized by ChemCAD using the holding information. The reason was that during the 
holding process the suction drum had the greatest flow.  Table B.5 shows the values of the suction drum of 
holding unit and tableB.7 show the values for the vaporizing units. 

       

 

Table B.6    
 Stream lb/hr D[ft] H[ft] 
 D- 310 8 49,690.36 12.41 8.5 
 9 49,604.59   
 10 85.77   
     
D-110 Stream lb/hr D[ft] H[ft] 
 23 100,000.00 4.66 6.5 
 27 91,179.53   
  25 8,820.00     
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The vaporization suction drums were sized as air reservoirs with a retention time of 5 minutes. Eq.4.5 was 
used to determine the receiver volume. Where C free air inside the receiver, assumed 500(scfm), tableB.7 
show the values used calculate the volume of the reservoirs 

                                                                     
aCP
PPvt )( 21 −=                                                                                            

(4.5) 

                                                                
7.14*500
)1530(min5 −

=
v

 

                                                                       
3450,2 ftv =
 

Table B.7           
Drum V[ft] t[min] P1 [psia] p2[psia] air[cfm] 
Dynalene  2,450.00 5 15 30 500 
      
Glycol/water 1,470.00 5 15 40 500 

 

  Appendix: IX 

The vaporization unit of the LNG plant was base on the LNG Smart air vaporization integrated with NGL 
recovery from the mustang company.   Fig.A.5, show a schematic of the actual LNG vaporization unit.    
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The sizing of the heat exchanger consisted of a maximum area of 8,000ft2 (seider, pg492) per heat exchanger. 
This determined how many heat exchangers would be required in a parallel connection to achieve the same 
heat transfer. The driving temperature across the surface was defined by LMTD.   The following two equations 
Eq.4.3 and Eq. 4.4 were use to calculate the Area of the heat exchanger given that the heat transfer was 
calculated by ChemCAD.                           

    1221 ,,
ln

tTTtTT

T
T

TTLMTD BA

B

A

BA −=∆−=∆









∆
∆
∆−∆

=                                                                                                          

(4.3) 

 

                                                  LMTDAUQ **=                                                                                                                   
(4.4) 
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The following table B.7-B.9 gives the values that were used to determine the size of each heat exchanger. Table B.10 show the references value for 
the overall heat transfer coefficient. 

 

 

 

 

 

 

 

Table B.10           
Component U(Btu/hr-ft2-F) References        
Dynalene 300 (Dynalene heat transfer fluid, February 14,2001,P Whithall,PA ) 
Air 200 (Seider, pg488)    
Glycol  200 (Seider, pg488)       

Table B.7  HX-410               

Stream No     
 T 
[F] 

H(MM 
Btu.hr) Delta H 

       U 
(Btu/hr ft^2 F) LMTD 

   A 
[ft^2] 

A min 
[ft^2] 

No 
H&E 

29 LNG in T1 -243 -4592 -625 300 -112.5 18,513.19 8000 3 
30 LNG out T2 44 -3967       
41 Dynalene in t1 70 -4971             check energy balance     
34 Dyanlene out t2 20 -5596   -625 -5596       

Table B.8  AHX-420                   

Stream No   
 T 
[F] 

H(MM 
Btu.hr) Delta H 

       U 
(Btu/hr ft^2 F) LMTD A[ft^2] 

  A min 
 [ft^2] No  

36 air in T1 44 -2455.6 282.4 200 14.18465459 99,544.19 8000 12.443 12 
37 air out T2 40 -2,738.00        
35 Dynalene in t1 20.6 -5,580.00  Check energy balance  
42 Dynalene out t2 34 -5,297.00   Delta H-5580=-5297 

Table B.9 HX-430                   

Stream No     
H(MM 
Btu.hr) Delta H 

U(Btu/hr ft^2 
*F) LMTD A[ft^2] 

Minimum area 
[ft^2] No 

42 Dynalene in T1 34 -5,297.30 -326.30 200 -37.542 43,451.54 8000 5.4 6 
41 Dynalene out T2 70 -4,971.00        
40 glycol in t1 100.2 -101,470.00  Check energy balance      
38 glycol  out t2 80 -101,790.00   DeltaH-101,470=101,790         
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Appendix X: Optimization 

Sea water calculation: 

Table 1, explains the required BTU need to bring the temperature of LNG to 44 F 

Table 1 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

                     Water 

                     Temp LNG In 
LNG 
Out 

Flow Rate 
(lb/hr) Btu's Required 

Jan 53 -258 44 2150621.25 818371603 

Feb 56 -258 44 2150621.25 818371603 

March 62 -258 44 2150621.25 818371603 

April 71 -258 44 2150621.25 818371603 

May 77 -258 44 2150621.25 818371603 

June 82 -258 44 2150621.25 818371603 

July 84 -258 44 2150621.25 818371603 

August 85 -258 44 2150621.25 818371603 

Sept 82 -258 44 2150621.25 818371603 

Oct 75 -258 44 2150621.25 818371603 

Nov 66 -258 44 2150621.25 818371603 

Dec 59 -258 44 2150621.25 818371603 
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Table 2, shows the required the flow rate of water to match the required BTU of table 1.  

 

Table 2 

 

 

 

 

 

 

 

 

 

Water 

In 
Water 

Out 
Flow Rate 

(lb/hr) Btu's 

Trim Heating Required 

(BTU) 
Energy 
Balance 

Jan 73 43 28596562.86 818371603 545581068.7 0 

Feb 76 46 28596562.86 818371603 545581068.7 0 

March 67 52 57193125.71 818371603 272790534.3 0 

April 71 61 85789688.57 818371603 0 0 

May 77 67 85789688.57 818371603 0 0 

June 82 72 85789688.57 818371603 0 0 

July 84 74 85789688.57 818371603 0 0 

August 85 75 85789688.57 818371603 0 0 

Sept 82 72 85789688.57 818371603 0 0 

Oct 75 65 85789688.57 818371603 0 0 

Nov 66 56 85789688.57 818371603 0 0 

Dec 64 49 57193125.71 818371603 272790534.3 0 
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Appendix XI: Monthly Air Calculations 

Table 1 

Month 
Avg 
Low Humidity 

Water 
Grain/lb Air Weight % 

Water Weight 
% Energy Required (Chemcad) 

Jan 44 90 38.4 99.99451429 0.005485714 -1293600000 

Feb 47 90 43 99.99385714 0.006142857 -1293600000 

March 54 90 56 99.992 0.008 -1293600000 

April 62 90 74.9 99.9893 0.0107 -1293600000 

May 69 90 96.1 99.98627143 0.013728571 -1293600000 

June 75 90 118.3 99.9831 0.0169 -1293600000 

July 77 90 126.6 99.98191429 0.018085714 -1293600000 

August 76 90 122.4 99.98251429 0.017485714 -1293600000 

Sept 72 90 106.6 99.98477143 0.015228571 -1293600000 

Oct 64 90 80.5 99.9885 0.0115 -1293600000 

Nov 54 90 56 99.992 0.008 -1293600000 

Dec 47 90 43 99.99385714 0.006142857 -1293600000 
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Table 2               

Air 
In 

Air 
Out H in  H Out Water in Water Out 

Water 
Condensed Flow Rate 

Energy 
Balance 

44 40 16.48 15.226 0.0054857 0.0052143 1055.568164 3888935.341 246605167.9 

47 42.547 17.93 16.652 0.0061429 0.0058571 1111.124383 3888935.341 299449132.4 

54 46.459 21.635 19.207 0.008 0.0071 3500.041807 3888935.341 598898264.8 

62 56.245 26.532 23.841 0.0107 0.0095857 4333.385095 3888935.341 563668955.1 

69 63.051 31.54 27.852 0.0137286 0.0119143 7055.639834 3888935.341 686971539.1 

75 69.084 36.489 32.422 0.0169 0.0147571 8333.432875 3888935.341 792659468.2 

77 71.187 38.295 34.95 0.0180857 0.0163857 6611.19008 3888935.341 827888777.9 

76 70.169 37.381 34.088 0.0174857 0.0158286 6444.521423 3888935.341 810274123 

72 66.125 33.931 30.83 0.0152286 0.0137429 5777.846793 3888935.341 739815503.6 

64 58.19 27.887 25.122 0.0115 0.0103143 4611.166191 3888935.341 598898264.8 

54 48.677 21.635 19.207 0.008 0.0071 3500.041807 3888935.341 422751716.4 

47 42.547 17.93 16.652 0.0061429 0.0058571 1111.124383 3888935.341 299449132.4 
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Table 3             

HC In HC Out Energy Flow Rate Etot - Ehc = Trim Heating Ebalance 

20 34 -246605168 22,467,672 -1046994832  0 

20 37 -299449132 22,467,672 -994150867.6  0 

20 54 -598898265 22,467,672 -694701735.2  0 

20 52 -563668955 22,467,672 -729931044.9  0 

20 59 -686971539 22,467,672 -606628460.9  0 

20 65 -792659468 22,467,672 -500940531.8  0 

20 67 -827888778 22,467,672 -465711222.1  0 

20 66 -810274123 22,467,672 -483325877  0 

20 62 -739815504 22,467,672 -553784496.4  0 

20 54 -598898265 22,467,672 -694701735.2  0 

20 44 -422751716 22,467,672 -870848283.6  0 

20 37 -299449132 22,467,672 -994150867.6   0 
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Table 4             

Month 
Avg 
High Humidity 

Water 
Grain/lb Air Weight % 

Water Weight 
% Energy Required (chemCad) 

Jan 62 90 74.9 99.9893 0.0107 -1293600000 

Feb 65 90 83.4 99.98808571 0.011914286 -1293600000 

March 70 90 99.5 99.98578571 0.014214286 -1293600000 

April 76 90 122.4 99.98251429 0.017485714 -1293600000 

May 82 90 150 99.97857143 0.021428571 -1293600000 

June 87 90 177.2 99.97468571 0.025314286 -1293600000 

July 90 90 195.6 99.97205714 0.027942857 -1293600000 

August 91 90 202.1 99.97112857 0.028871429 -1293600000 

Sept 88 90 183.1 99.97384286 0.026157143 -1293600000 

Oct 82 90 150 99.97857143 0.021428571 -1293600000 

Nov 72 90 106.6 99.98477143 0.015228571 -1293600000 

Dec 65 90 83.4 99.98808571 0.011914286 -1293600000 
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Table 5               

Air 
In 

Air 
Out H in  H Out Water in Water Out 

Water 
Condensed Flow Rate 

Energy 
Balance 

62 56.245 26.532 23.841 0.0107 0.0095857 4333.385095 3888935.341 563668955.1 

65 59.168 28.587 25.783 0.0119143 0.0106857 4777.834848 3888935.341 616512919.7 

70 64.12 32.319 29.308 0.0142143 0.0128 5500.065697 3888935.341 704586193.9 

76 70.169 37.381 34.088 0.0174857 0.0158286 6444.521423 3888935.341 810274123 

82 71.055 43.194 39.575 0.0214286 0.0194857 3777.822903 1944467.671 880732742.4 

87 77.311 48.712 44.786 0.0253143 0.0231 4305.606985 1944467.671 880732742.4 

90 80.994 52.359 48.232 0.0279429 0.0255571 4638.9443 1944467.671 880732742.4 

91 82.211 53.636 49.439 0.0288714 0.0264286 4750.056738 1944467.671 880732742.4 

88 78.544 49.898 45.907 0.0261571 0.0239 4388.941314 1944467.671 880732742.4 

82 71.055 43.194 39.575 0.0214286 0.0194857 3777.822903 1944467.671 880732742.4 

72 66.125 33.931 30.83 0.0152286 0.0137429 5777.846793 3888935.341 739815503.6 

65 59.168 28.587 25.783 0.0119143 0.0106857 4777.834848 3888935.341 616512919.7 
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Table 6       

HC In HC Out Energy Flow Rate Etot - Ehc = Trim Heating Ebalance 

20 52 -563668955 22,467,672 -729931044.9  0 

20 55 -616512920 22,467,672 -677087080.3  0 

20 60 -704586194 22,467,672 -589013806.1  0 

20 66 -810274123 22,467,672 -483325877  0 

20 70 -880732742 22,467,672 -412867257.6  0 

20 70 -880732742 22,467,672 -412867257.6  0 

20 70 -880732742 22,467,672 -412867257.6  0 

20 70 -880732742 22,467,672 -412867257.6  0 

20 70 -880732742 22,467,672 -412867257.6  0 

20 70 -880732742 22,467,672 -412867257.6  0 

20 62 -739815504 22,467,672 -553784496.4  0 

20 55 -616512920 22,467,672 -677087080.3   0 
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Appendix XII-Economics 

 

The purchase cost of the Vapor absorber was model as a distillation tower and sized with an internal 
diameter of 9-ft and design pressure S= of 1500pisa. Total cost of the vapor absorber was calculated 
with Eq. 1 

  

                                                          CtCCvCp PL ++=                                                                                               

(1) 

           Cv is the cost of an empty absorber Eq.2  

                                       { }2)][ln(02297.)[ln(18255.25.7exp wWCv ++=                                                                    

(2) 

   Where W is the weight of an empty absorber and was calculated by a series of equations Eq.2a-2c. 

                                        ρπ tsDLtsDW ii )8.)(( ++=                                                                                                  

(2a) 

                                                    
d

id

PSE
DP

tp
2.12 −

=                                                                                                        

(2b) 

                      { }2][ln[0015655.)][ln(91615.60608.exp PoPoPd ++=                                                                          

(2c) 

 

             CpL is the cost of platforms and ladders used to operate the vapor absorber, Eq.3 

                                                    70684.73960. )()(8.361 LDC iPL =                                                                                       

(3) 

              Ct is the cost of trays installed in the vapor absorber Eq.4 

                                                     BTTMTTTNT CFFFNCt =                                                                                               

(4) 
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  CBT is the cost of the trays Eq.4a, NT is the number of trays, and FTT is the type of tray, FTT factor of 
trays 

                                                   { }DiCBT 1739.exp468=                                                                                               

(4a) 

             Since NT was less than 20, then FTT is equation Eq. 4b 

                                                          NTTTF
0414.1

25.2
=                                                                                                     

(4b) 

Table 1, shows the properties that were needed to calculate the cost of the vapor absorber.  

 

 

 

 

 Table 2, show the calculated values from Eq 1-4b and Table 3 show the cost for each equation Eq1, 2, 
and 4 

Table 2         

tp Pd S[psi] E w[lb] 

0.4057 85.8 15000 0.85 109,295 

 

Table 3           

Cv CpL Cv+CpL CBT Ct Cp 

$257,593.00 $11,877.31 $269,470.32 $556.89 $9,051 $278,521.31 

 

 

 

 The equation (Eq1-4b)   involved in the costing of the vapor absorber where form (Seider, pg 575-578) 

 

Table 1    

Plates D[ft] h[ft] P[psia] 

5 9 20 50 



122 | P a g e  

 

Compressor  

 

The purchase cost of the compressor was calculated by Eq.5, which includes the cost of an electric 
motor and the base. 

                                                             BMD CFFCp =                                                                                              

(5) 

FD=1 for an electric drive and FM=2.5 for stainless steel, CB is for a centrifugal compressor Eq.5b.   

                                                          { })ln(80.5800.7exp PcCB +=                                                                       

(5b) 

Where Pc is the power of consumption of the compressor that was calculated 1685.7 Hp in appendix IV 
and for a 2-50% compressor 842.8 Hp. 

                                              { } 079,429$)8.842(80.580.7exp =+= InCB              

For the two 2-50% compressors $858,159 and for an in-place spear compressor $429,079 and the total 
price $2,574,479. 

    The costing equations for the compressor can be found in Seider, pg (569) 

 

 

Pumps  

 

 Purchase-cost data for centrifugal pump was base on the electric motor and the base of the pump. 
The base of the pump was cost according to a size factor S from Eq 6a and 6b. The purchase-cost electric 
motor operating at 3,600-5,000 rpm with a drip proof was cost by Eq7a and 7b. Equation Eq.8 gave the 
total cost of the pump and FM is the construction of material which is 2 for stain less steal. 

                                                                         5.QHS =                                                                                              

(6a) 

                                           { }2
1 )ln(0519.)ln(6019.7171.9exp SSCB +−=                                                                  

(6b) 
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Mp

QHPC
ηη

ρ
33000

=                                                                                                               

(7a) 

         { }432
2 )ln(0035549.)ln(028628.)ln(053255.)ln(13141.8259.5exp PcPcPCPcCB −+++=                             

(7b)   

 

                                 )( 21 BBM CCFCp +=                                                                                                                      

(8) 

 

 The costing of the pumps was based on a maximum hp that was provided in the bases of design. Table 
4, indicates the maximum Hp relative to the pump and the cost of each pump. 

 

 

Table 4                 

Pump Max Hp Pc No pumps 

Cost  

motor  
Cost 
base  

    Cost 

 per pump 

   Cost   

 In-place spear  
Total 
cost  

Primary 600 276 2 $1,209.2 $23,750. $24,959 $74,878 $224,633 

Secondary 1,200 9,356 8 $18,330.5 $29,648 $47,979 $47,979 $431,808 

Dock 0 18 1 $876.7 $34,181 $35,058 $35,058 $70,116 

Compressor 0 1 1 594.7 $7,161 $7,756 $7,756 $15,513 

 

*Only the pumps from the unloading and the holding were cost. The rest of pumps were cost differently. 

 

Equations (5-7b) can be found in Seider, Pg561-569  
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  Suction drums  

    The cost of the suction drum were base on the volume that ChemCAD calculated and equation Eq.9 
with a material of construction of FM=2.0 for stainless steel.  Table 5 shows costing price of each suction 
drum. 

 

      

                                                         72.)(18 galVCp =                                                                                    (9) 

Table .5     

Drum V[ft] cp 

Vertical 105.5 $21,230.67 

Horizontal  30.3 $3,826.63 
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  Tanks 

 Tanks were cost according to the Mentor (Mr. Brinker). Here a screen shot of the email he sent.   
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Mustang price  
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Profitability analysis: 

  Table 6, is an outline cost sheet for the LNG plant in Millions in dollars  

     

 Fuel gas  47MMBtu/hr $4.5/MMBtu $1.9 

Maintenances/ operation   

Labor @ 67% of CTBM (Fred)  $30.8 

 Operating overhead   

Employee relation department 5.9% of (M&O-SW&B) $0.9 

Business services 7.4% of (M&O-SW&B) $1.2 

Property taxes and insurance 2% of CTDC $6.1 

Depreciation  for the first year   

Direct plant 8% of (CTDC-1.18Calloc) $14.8 

Allocated plant 6%of Calloc $0.8 

  $15.6 

COST OF MANUFACTURE (CoM) COM $56.4 

   

General Expenses   

Selling 3% of sales 19.4 

Direct research 4.8% of sales 31.1 

Administrative expense 2.0% of sales 13.0 

Management incentive compensation 1.25% of sales  8.1 

TOTAL GENERAL EXPENSES GE 71.6 

TOTAL COST PRODUCTION , C COM+GE $128.0 

   

Gross earning  S-C $520.0 

Net earning 60% of state and Fed tax $208.0 

Return of investment (S-C).6/(CTCI) 0.7 
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Payback period  CTDC/(.6(S-C)+D) 1.0 

Venture Profit .6(S-C)-i*CTCI $162.4 

 

Sales were base on the basis of design. 

 

 

 

 

 

 

 

 

The following equations were used to compute the Return of investment and Venture profit from 
(Seider, pg 616-617) Eq.9 was used to calculate the ROI and Eq.10 was used to calculate the VP with an 
interest rate of 15%.  

 

                                                             
(9) 
                                                                            VP=.6(S-C)-i*CTCI                                                                                                                              

(10) 

   

The modified Accelerated Cost Recovery System (MACRS) was used to determine the percent of the 
total depreciable capital of (CTDC of $229.7Million). Table 7 indicates the percent depreciated by year for 
a 10yr class. 

 

 

 

 

basis of design    

Purchase Price Sale price Revenue 

$4.5/ MMBtu $6.00/MMBtuhr $1.5/MMBtu 

   

  sales 

MMBtu/hr $/day $MM/yr 

$1,200,000.0 $1,800,000.0 $648.0 

)C).6/(CTCI-(S(=ROI
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Table 7   

Percentage  

Depreciable 

   per year  

10.00 $23.0 

18.00 $41.3 

14.40 $33.1 

11.52 $26.5 

9.22 $21.2 

7.37 $16.9 

6.55 $15.0 

6.55 $15.0 

6.66 $15.1 

6.55 $15.0 

$3.3 $7.5 

  

 

The cash flow, discounted cash flow, and cumulative cash flow are listed in the following table 8. The 
sales was base on 25% of the first year, 50% second year, 75% third year, 85 % forth 95% filth of sales for 
the first five years the plant opened. 
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Table 8 

 Working      Discount  Cum 

Year  Capital  
Net 
earning Sales  Cexcl D cash flow Cash flow PV 

2007    $40.8  -$69.6 -$69.6 -$69.6 

2008      -$69.6 -$60.5 -$130.1 

2009      -$139.2 -$105.3 -$235.4 

2010  $39.3 $162.0  $23.0 $62.3 $40.9 -$194.5 

2011  $96.7 $324.0  $41.3 $138.1 $78.9 -$115.5 

2012  $164.8 $486.0  $33.1 $197.9 $98.4 -$17.1 

2013  $193.4 $550.8  $26.5 $219.9 $95.1 $77.9 

2014  $221.4 $615.6  $21.2 $242.6 $91.2 $169.1 

2015  $236.1 $648.0  $16.9 $253.0 $82.7 $251.9 

2016  $236.9 $648.0  $15.0 $251.9 $71.6 $323.5 

2017  $236.9 $648.0  $15.0 $251.9 $62.3 $385.7 

2018  $236.8 $648.0  $15.1 $251.9 $54.1 $439.9 

2019  $236.9 $648.0  $15.0 $251.9 $47.1 $487.0 

2020 $38.5 $239.9 $648.0   $7.5 $285.9 $46.5 $533.4 
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 To evaluate the NPV of the plant the cash flows were added of the entire thirteen years of the analysis 
which gave a values of $1,906.  To find the IRR for the plant an excel sheet was use to find the interest 
rate that gave NPV =0.  Table 9 shows how the IRR was found, for this pant the IRR was 27%. 

  

 

Table 9  

To find the IRR  

  

 i  1.27   

-$69.61 -$69.6 

-$54.90 -$124.5 

-$86.60 -$211.1 

$30.54 -$180.6 

$53.43 -$127.1 

$60.40 -$66.7 

$52.92 -$13.8 

$46.06 $32.3 

$37.89 $70.1 

$29.75 $99.9 

$23.46 $123.4 

$18.51 $141.9 

$14.60 $156.5 

$13.06 $169.5 

sum $0.0 
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