
STUDY ON STRATEGIES TO REDUCE MEMBRANE
SCALING AND FOULING IN DRINKING WATER

AND WATER REUSE MEMBRANE SYSTEMS

Item Type Electronic Dissertation; text; text

Authors Yan, Dongxu

Publisher The University of Arizona.

Rights Copyright © is held by the author. Digital access to this material
is made possible by the University Libraries, University of Arizona.
Further transmission, reproduction or presentation (such as
public display or performance) of protected items is prohibited
except with permission of the author.

Download date 16/05/2023 13:52:34

Link to Item http://hdl.handle.net/10150/145465

http://hdl.handle.net/10150/145465


1 
 

STUDY ON STRATEGIES TO REDUCE MEMBRANE SCALING AND FOULING 
IN DRINKING WATER AND WATER REUSE MEMBRANE SYSTEMS 

 

by 

Dongxu Yan 

 

___________________________ 

 

A Dissertation Submitted to the Faculty of the 

DEPARTMENT OF CHEMICAL AND ENVIRONMENTAL ENGINEERING 

In Partial Fulfillment of the Requirements 

For the Degree of 

DOCTOR OF PHILOSOPHY 

WITH A MAJOR IN ENVIRONMENTAL ENGINEERING 

In the Graduate College 

THE UNIVERSITY OF ARIZONA 

2011 



2 
 

THE UNIVERSITY OF ARIZONA 

GRADUATE COLLEGE 

 

As members of the Dissertation Committee, we certify that we have read the dissertation 
prepared by Dongxu Yan 
entitled Study on Strategies to Reduce Membrane Fouling and Scaling in Drinking Water 
and Water Reuse Membrane Systems  
and recommend that it be accepted as fulfilling the dissertation requirement for the 
Degree of Doctor of Philosophy 

 

_____________________________________________________ Date: 04/18/2011 
Wendell Ela 
    
_____________________________________________________ Date: 04/18/2011 
Robert Arnold 
    
_____________________________________________________ Date: 04/18/2011 
Eduardo Saez 
    
_____________________________________________________ Date: 04/18/2011 
Thomas Meixner       
  
 
Final approval and acceptance of this dissertation is contingent upon the candidate’s 
submission of the final copies of the dissertation to the Graduate College.   
I hereby certify that I have read this dissertation prepared under my direction and 
recommend that it be accepted as fulfilling the dissertation requirement. 

 

______________________________________________________ Date: 04/18/2011 
Dissertation Director:  Wendell Ela  

______________________________________________________ Date: 04/18/2011 
Dissertation Co-Director: Robert Arnold  



3 
 

STATEMENT BY AUTHOR 

 

This dissertation has been submitted in partial fulfillment of requirements for an 
advanced degree at the University of Arizona and is deposited in the University Library 
to be made available to borrowers under rules of the Library. 
 
Brief quotations from this dissertation are allowable without special permission, provided 
that accurate acknowledgment of source is made.  Requests for permission for extended 
quotation from or reproduction of this manuscript in whole or in part may be granted by 
the head of the major department or the Dean of the Graduate College when in his or her 
judgment the proposed use of the material is in the interests of scholarship.  In all other 
instances, however, permission must be obtained from the author. 
 
 
 

SIGNED: Dongxu Yan



4 

 

ACKNOWLEDGMENTS 

I would like to first show my appreciation to my advisor Dr. Ela and Dr. Arnold. 

They have provided so much advice and support through the process of my PhD program. 

Their patience and encouragement have been so important for me when I was struggling 

through the hard times in the research as well as in my life. 

The membranes in this RO desalination group also provided so much help in my 

work. Si Xu, James Lykins, Brian McNerny, Umur Yenal, Andrea Corral, Ornella 

Nkurunziza, Justin Nixon, Ashley Smith have all contributed to some part of my project 

work. I have enjoyed so much to work with this great group. 

When I worked at Southern Nevada Water Authority, Aleks Pisarenko provided 

the orientation training on MBR/HiPOX/RO pilot operation. Sujanie Gamage, Christy 

Mesa, Jing Lin and Susanna Blunt provided great assistance on sampling and weekly 

MBR membrane cleaning. I really appreciate their efforts in helping me do a great job at 

SNWA.   

Most of all, I would like to thank my family. My parents, my wife, my son and 

my sisters, their love and support are the true force in my life to push me forward in my 

career. There is no word can describe my appreciation to them.  

And finally, I would like to acknowledge the Bureau of Reclamation, Northwest 

Water Providers, Tucson Water, Central Arizona Project, and TRIF/WSP, Water 

Research Foundation and Research and Development Center at Southern Nevada Water 

Authority for supporting this research. 



5 

 

DEDICATION 

This dissertation is dedicated to my parents, Xingyi Yan and Huaizhen Tian, my 

wife, Xiaoli Wang and my son, Warner Yan. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



6 

 

TABLE OF CONTENTS 

LIST OF FIGURES……………………………………………………………………………14 

LIST OF TABLES……………………………………………………………………………..23 

ABSTRACT…………………………………………………………………………………….26 

CHAPTER 1 PROJECT INTRODUCTION .................................................................. 27 

1.1 Maximization of Water Recovery During RO treatment of Central Arizona Project 

water – Tangerine Road Pilot ..................................................................................... 27 

1.1.1 Project Background........................................................................................ 27 

1.1.2 Project Objective ........................................................................................... 31 

1.1.3 Pilot Plant Description and Operation ............................................................ 31 

1.2 Pilot-scale Oxidative Technologies in Reducing Organic Fouling Potential in Water 

Reuse and Drinking Water Treatment Membrane System........................................... 40 

1.2.1 Project Background........................................................................................ 40 

1.2.3 Pilot Plants Description and Operation ........................................................... 44 

CHAPTER 2 LITERATURE REVIEW ......................................................................... 53 

2.1 Membrane Filtration Introduction ......................................................................... 53 

2.1.1 MF and UF .................................................................................................... 56 

2.1.2 NF and RO .................................................................................................... 57 

2.1.3 Other Membrane Technologies ...................................................................... 60 



7 

 

TABLE OF CONTENTS - Continued 

2.1.3.1 Dialysis .................................................................................................. 60 

2.1.3.2 Electrodialysis. ....................................................................................... 60 

2.1.3.3 Membrane Bioreactor. ............................................................................ 61 

2.2 Membrane Materials, Modules and Hydraulic Configurations .............................. 61 

2.2.1 Membrane Materials ...................................................................................... 62 

2.2.2 Membrane Construction and Symmetry ......................................................... 64 

2.2.3 Membrane Modules ....................................................................................... 66 

2.2.3.1 Hollow-Fiber Modules ........................................................................... 67 

2.2.3.2 Spiral Wound Modules ........................................................................... 69 

2.2.3.3 Tubular Modules .................................................................................... 71 

2.2.3.4 Plate Frame Modules .............................................................................. 72 

2.3 Membrane System Hydraulic Configurations ....................................................... 73 

2.4 Basic Principles and Modeling of Membrane System ........................................... 75 

2.4.1 Membrane Recovery ...................................................................................... 75 

2.4.2 Permeate Flux ................................................................................................ 75 

2.4.3 Mass Balance ................................................................................................. 76 

2.4.4 Membrane Permeation Coefficient (A) and Salt Transport Coefficient (B) ..... 77 

2.4.5 Membrane Rejection ...................................................................................... 77 



8 

 

TABLE OF CONTENTS - Continued 

2.4.6 Trans-membrane Pressure (TMP)................................................................... 78 

2.4.7 Net Driving Pressure (NDP)........................................................................... 78 

2.4.8 Osmotic Pressure ........................................................................................... 79 

2.4.9 Backwash Volume ......................................................................................... 79 

2.4.10 Langelier Saturation Iindex (LSI) ................................................................. 80 

2.4.11 Silt Density Index (SDI)............................................................................... 80 

2.5 Strictions of Membrane Application in Water and Wastewater Treatment ............ 82 

CHAPTER 3 SUMMARY OF METHODS ................................................................... 85 

3.1 Plate and Frame Reactor Set Up and Operation .................................................... 85 

3.3 Membrane Autopsy Methodology ........................................................................ 91 

3.3.1 Membrane Sample Preparation ...................................................................... 91 

3.3.2 Membrane Autopsy Instruments .................................................................... 93 

3.4 RO Membrane Chemical Cleaning ....................................................................... 93 

CHAPTER 4 BENCH SCALE INVESTIGATION OF RO MEMBRANE 

APPLICATION IN CAP WATER DESALINATION AND WATER REUSE .............. 97 

4.1 Introduction.......................................................................................................... 97 

4.2 Bench Scale Experiment Setup ............................................................................. 98 

4.3 Experimental Results.......................................................................................... 100 



9 

 

TABLE OF CONTENTS - Continued 

4.3.1 Temperature Correction of Permeate Water Flux ......................................... 100 

4.3.3 Crossflow Velocity Effects on Permeate Flow ............................................. 109 

4.3.4 Salt Concentration Effects on Permeate Flow Rate and Concentration 

Polarization Index................................................................................................. 111 

4.3.5 Membrane Scaling by Concentrated CAP Water .......................................... 114 

4.3.6 UV Impacts on Membrane Fouling by Effluent Organic Matter in Wastewater 

Treatment Plant Secondary Effluent ..................................................................... 120 

4.3.7 UV+AOP Impacts on Membrane Fouling .................................................... 122 

4.4 Discussion .......................................................................................................... 125 

CHAPTER 5 PREDICTION/MEASUREMENT OF CONCENTRATION 

POLARIZATION INDEX DURING REVERSE OSMOSIS TREATMENT – 

INFLUENCE OF SPACER CONFIGURATION ......................................................... 128 

5.1 Introduction........................................................................................................ 129 

5.2 Theory ............................................................................................................... 131 

5.2.1 The Basic Steady Film Mass Balance ........................................................... 131 

5.2.2 Model Modifications .................................................................................... 134 

5.3 Experiment ......................................................................................................... 138 

5.4 Results ............................................................................................................... 139 



10 

 

TABLE OF CONTENTS - Continued 

5.4.1 Permeate Flow Rrate and Salt Rejection vs. Spacer Thickness. .................... 139 

5.4.2 Concentration Polarization Index—Model without Modification.................. 142 

5.4.3 Concentration Polarization Index—Modified Model .................................... 143 

CHAPTER 6 RAPID COMPARISON OF ANTI-SCALANT FOR USE IN REVERSE 

OSMOSIS MEMBRANE DESALINATION ............................................................... 146 

6.1 Introduction........................................................................................................ 147 

6.2 Experimental ...................................................................................................... 152 

6.2.1 Experimental System ................................................................................... 152 

6.2.2 Experimental Solution and Anti-scalant ....................................................... 152 

6.3 Experimental Results.......................................................................................... 153 

6.3.1 Anti-scalant Effects on CaSO4 ..................................................................... 153 

6.3.1.1 Dependence of Induction Time on Supersaturation Level of CaSO4 ...... 153 

6.3.1.2 Dependence of Induction Time of CaSO4 Precipitation on Anti-scalant 

dosage .............................................................................................................. 156 

6.3.2 Anti-scalant Effects on BaSO4 ..................................................................... 160 

6.3.2.1 Dependence of Induction Time on Supersaturation Level of BaSO4 ...... 160 

6.3.2.2 Dependence of Induction Time of BaSO4 Precipitation on Anti-scalant 

Dosage ............................................................................................................. 164 



11 

 

TABLE OF CONTENTS - Continued 

6.3.3 Anti-scalant Effects on CaCO3 ..................................................................... 167 

6.3.3.1 Dependence of Induction Time on Supersaturation Level of CaCO3 ..... 168 

6.3.3.2 Dependence of Induction Time of CaCO3 Precipitation on Anti-scalant 

Dosage ............................................................................................................. 170 

6.3.4 Clay Impacts on Anti-scalant Effectiveness.................................................. 173 

6.4 Method Modification and Determination of Induction Time ............................... 176 

6.5 Method Validation ............................................................................................. 181 

CHAPTER 7 INVESTIGATION OF FOULANTS CONSTRAINING WATER 

RECOVERY DURING REVERSE OSMOSIS DESALINATION OF CENTRAL 

ARIZONA PROJECT WATER ................................................................................... 183 

7.1 Introduction........................................................................................................ 184 

7.2 Experimental ...................................................................................................... 186 

7.2.1 General Introduction of Pilot Plant ............................................................... 186 

7.2.2 Membrane Autopsies ................................................................................... 190 

7.3 Results and Discussion ....................................................................................... 191 

7.3.1 Stage 1—Extended Operation at 80% Recovery. .......................................... 191 

7.3.1.1 SEM and EDX Analyses....................................................................... 196 

7.3.1.2 XRD Analyses ...................................................................................... 207 



12 

 

TABLE OF CONTENTS - Continued 

7.3.2 Stage 2 – Short Operation at 85% Recovery ................................................. 213 

7.3.2.1 HPC Measurements. ............................................................................. 214 

7.3.2.2 TOC and TIC Analyses ........................................................................ 214 

7.3.2.3 SEM/EDX and XRD Analyses ............................................................. 215 

7.3.3 Comparison of Solids Recovered from the Head and Tail RO Elements ....... 217 

7.3.3.1 TOC/TIC Analyses ............................................................................... 218 

7.3.3.2 SEM/EDX Analysis.............................................................................. 219 

7.4 Conclusions and Summary ................................................................................. 221 

CHAPTER 8 STUDY ON OXIDATION PRETREATMENT TO REDUCE 

MEMBRANE FOULING IN REVERSE OSMOSIS MEMBRANE APPLICATION IN 

WATER REUSE ......................................................................................................... 222 

8.1 Background ........................................................................................................ 222 

8.2 Previous Study ................................................................................................... 224 

8.2.1 Fluorescence Analysis ................................................................................. 224 

8.2.2 Formation of Biodegradable Organic Carbon (BDOC) ................................. 226 

8.2.3 Polarity Rapid Assessment Method (PRAM) ............................................... 228 

8.3 Pilot Performance Results and Discussion .......................................................... 229 

8.3.1 MBR Performance Data ............................................................................... 229 



13 

 

TABLE OF CONTENTS - Continued 

8.3.2 CLV RO Performance Data ......................................................................... 236 

8.4 Discussion .......................................................................................................... 257 

CHAPTER 9 RESEARCH IMPLICATIONS FOR WATER SUPPLY ........................ 259 

REFERENCES ............................................................................................................ 263 

 

 

 

 

 

 

 

 

 

 

 

 



14 

 

LIST OF FIGURES 

Figure 1-1. Water demand/supply projections in the TAMA .......................................... 28 

Figure 1-2. The location of Tangerine Road filed site .................................................... 33 

Figure 1-3. Tangerine Rd Field Site desalination train ................................................... 34 

Figure 1-4. Pilot scale RO pressure vessel arranged in an array of 2:2:1:1 ...................... 37 

Figure 1-5. RO element arrangement in the pressure vessel ........................................... 37 

Figure 1-6. Schematic view of VSEP and the operation of brine retention valve ............ 40 

Figure 1-7. Comparison between conventional activated sludge and MBR process ........ 42 

Figure 1-8. Location of two water reuse membrane system ............................................ 44 

Figure 1-9. CLV MBR Pilot process flow diagram ........................................................ 45 

Figure 1-10. CLV Ozone-RO pilot site lay out ............................................................... 45 

Figure 1-11. CCWRD UF-Ozone-RO pilot site layout ................................................... 46 

Figure 1-12. Image of HYDRAsub element and flow pattern in the element (Courtesy of 

Hydranautics) ................................................................................................................ 48 

Figure 1-13. MBR operation process sequence (Courtesy of Hydranautics) ................... 49 

Figure 1-14. Schematic illustration of CEB process (Courtesy of Hydranautics) ............ 49 

Figure 1-15. Ozone generator at CLV pilot - HiPOX ..................................................... 50 

Figure 2-1. The Filtration Spectrum (Adapted from Water Quality Improvement Center, 

Yuma, AZ) (www.sahra.arizona.edu/programs/akyw/particle.html, 2009) ..................... 55 

Figure 2-2. Conceptual Diagram of Osmosis, Osmotic Pressure and Reverse Osmosis... 59 

Figure 2-3. Membrane Construction and Symmetry ....................................................... 66 

 



15 

 

LIST OF FIGURES - Continued 

Figure 2-4. Cutaway View of Hollow-Fiber Membrane Module (Environmental 

Protection Agency, USA, 2005) ..................................................................................... 68 

Figure 2-5. Inside-out and Outside-in Operation Modes of Hollow-Fiber Modules 

(Environmental Protection Agency, USA, 2005) ............................................................ 69 

Figure 2-6. Spiral-wound Membrane Module (Hydranautics) ........................................ 71 

Figure 2-7. Schematic drawing of a tubular module ....................................................... 72 

Figure 2-8. Schematic of a plate and frame module (Chen, Mou, Wang, & Matsuura) ... 73 

Figure 2-9. Schematic drawing of dead-end and crossflow operation ............................. 74 

Figure 2-10. Hydraulic schematic of the SDI measurement ............................................ 81 

Figure 2-11. SEM image of clay fouled RO membrane (left) and clean membrane (right)

 ...................................................................................................................................... 83 

Figure 2-12. SEM image of scaled membrane surface .................................................... 84 

Figure 3-1. GE Sepa CF II Med/High Foulant Membrane Cell System .......................... 85 

Figure 3-2. Principles of operation of GE Sepa CF II Membrane Cell System 

(http://www.geosmolabstore.com/OsmoLabPage.dll?BuildPage&1&1&171) ................ 88 

Figure 3-3. Experimental set up for induction time measurement ................................... 90 

Figure 3-4. A typical curve of conductivity and absorbance in induction time 

measurement of solid phase precipitation ....................................................................... 91 

Figure 3-5. RO membrane cleaning setup (Hydranautics) .............................................. 95 

Figure 4-1. Modified GE Sepa CF II Med/High Foulant Membrane Cell system ............ 99 

 



16 

 

LIST OF FIGURES - Continued 

Figure 4-2. Detailed schematic diagram of array of membrane and spacers inside the cell 

body ............................................................................................................................ 100 

Figure 4-3. Water temperature profile for RO system at Tangerine Road site ............... 101 

Figure 4-4. RO membrane permeate flow rate as a function of feed water temperature 102 

Figure 4-5. Simulation of temperature correction by model 1 and comparison with 

experimental data ........................................................................................................ 104 

Figure 4-6. Simulation of temperature correction by equation 2 (U=2958) and comparison 

with experimental data ................................................................................................. 105 

Figure 4-7. Permeate flow rate at different transmembrane pressures ........................... 108 

Figure 4-8. Concentration polarization index β at different transmembrane pressures .. 109 

Figure 4-9. Water flux (Jw) and salt flux (Js) at different crossflow velocities ............... 110 

Figure 4-10. Concentration polarization index β at various crossflow velocities ........... 111 

Figure 4-11. Permeate water flux for tests with different NaCl concentration ............... 112 

Figure 4-12. Concentration polarization index β at different NaCl concentrations ........ 113 

Figure 4-13. Conductivity of RO feed water and permeate water during membrane 

scaling trial using concentrated CAP water .................................................................. 115 

Figure 4-14. Permeate flux and water transport coefficient (A) during membrane scaling 

trial using concentrated CAP water .............................................................................. 115 

Figure 4-15. SEM image and EDX analysis of virgin membrane (ESPA2-2540) .......... 117 

Figure 4-16. SEM image and EDX analyses of high pressure side of membrane scaled by 

concentrated CAP water (ESPA2-2540)....................................................................... 118 



17 

 

LIST OF FIGURES - Continued 

Figure 4-17. SEM image and EDX analyses of low pressure side of membrane scaled by 

concentrated CAP water (ESPA2-2540)....................................................................... 119 

Figure 4-18. Temperature corrected water transport coefficient ratio (A/Ao) of RO 

membrane in the test of UV impacts on organic fouling of membrane ......................... 122 

Figure 4-19. Normalized temperature corrected water transport coefficient (A/Ao) of RO 

membrane in the test of UV/AOP impacts on organic fouling of membrane ................. 124 

Figure 4-20. Permeate flow in control experiment, using DI water at 30 oC, ESPA2-2540 

membrane, crossflow velocity at 7.5 cm/s .................................................................... 126 

Figure 5-1. Schematic representation of concentration polarization at membrane 

surface—steady model based on a solute mass balance ................................................ 131 

Figure 5-2. Schematic of feed channel spacer—for illustration of spacer parameter 

calculations.................................................................................................................. 136 

Figure 5-3. RO permeate flow rate as a function of feed spacer thickness .................... 139 

Figure 5-4. Permeate conductivity and salt rejection as functions of feed spacer thickness

 .................................................................................................................................... 140 

Figure 5-5.  Predicted and “measured” values for the concentration polarization index as 

a function of spacer thickness using unrevised model .................................................. 142 

Figure 5-6.  Predicted and “measured” values for the concentration polarization index as 

a function of spacer thickness using revised model ...................................................... 144 

Figure 5-7.  Effect of spacer thickness on permeate flux in spriral wound reverse osmosis 

membranes (Sablani, Goosen, Al-Belushi, & Gerardos, 2002) ..................................... 145 



18 

 

LIST OF FIGURES - Continued 

Figure 6-1. Crystal distortion effect by anti-scalant ...................................................... 150 

Figure 6-2. Dispersancy effect by anti-scalant .............................................................. 150 

Figure 6-3. Conductivity and absorbance change verses time in CaSO4 solution at 

various supersaturation levels ...................................................................................... 155 

Figure 6-4. Conductivity and absorbance plots of CaSO4 solution with presence of 

different dosage of anti-scalant (Flocon-135) ............................................................... 159 

Figure 6-5. Summary of induction time of CaSO4 precipitation with the presence of 

various dosage of anti-scalant (Flocon 135) ................................................................. 159 

Figure 6-6. Conductivity and absorbance change verses time in BaSO4 solution at various 

supersaturation levels .................................................................................................. 163 

Figure 6-7. Summary of induction time of BaSO4 precipitation at different 

supersaturation level .................................................................................................... 163 

Figure 6-8. Conductivity and absorbance plots of BaSO4 solution with presence of 

different dosage of anti-scalant (Flocon-135) ............................................................... 166 

Figure 6-9. Conductivity and absorbance change verses time in 22×Ksp supersaturated 

CaCO3 solution with automatically recorded conductivity data .................................... 170 

Figure 6-10. Conductivity and absorbance plots of CaCO3 solution with presence of 

different dosage of anti-scalant (Flocon-135) ............................................................... 172 

Figure 6-11. Induction time of 38xKsp CaSO4 solution  with 0.12 mg/L Flocon 135 and 

varied concentration of China clay ............................................................................... 175 

 



19 

 

LIST OF FIGURES - Continued 

Figure 6-12. Plot of absorbance versus time of raw data for three tests with 18.6 times 

supersaturated calcium sulfate solution ........................................................................ 177 

Figure 6-13. Plot of absorbance vs. time of data in Table 6-6 ....................................... 179 

Figure 6-14. Conductivity and absorbance measurements in the control test ................ 181 

Figure 7-1. Time-dependent water permeation coefficients (A) in the 2:2:1:1 array of RO 

membranes at the Tangerine Road field site in northwest Pima County.  Vertical lines 

show times of membrane cleaning or replacement ....................................................... 189 

Figure 7-2. Time-dependent salt transport coefficients (B) in specific pressure vessels at 

the Tangerine Road field site ....................................................................................... 189 

Figure 7-3. Photograph of (a) spent element V6-3 and (b) fresh membrane surface.  The 

surface shown is the feed side following membrane flattening and removal of the spacer.  

Scale or fouling tended to follow the diamond space pattern that is imprinted on the 

membrane surface ........................................................................................................ 192 

Figure 7-4. TOC concentrations in slow sand filter influent and effluents at the Tangerine 

Road field site ............................................................................................................. 195 

Figure 7-5. SEM image and EDX analysis of fresh RO membrane (ESPA2 2540, 

Hydranautics). The framed areas were sources of EDX analyses.................................. 197 

Figure 7-6. SEM image of fouled RO membrane after air drying. Magnification is 1000, 

and accelerating voltage is 15.0 kV .............................................................................. 197 

 

 



20 

 

LIST OF FIGURES - Continued 

Figure 7-7. SEM image of membrane sample from V6-2. Magnification is 1102 and 

accelerating voltage is 20.0 kV. The framed areas were sources of EDX analyses—see 

immediately below ...................................................................................................... 198 

Figure 7-8. EDX analysis of grey zone framed in box 1, Figure 8 ................................ 199 

Figure 7-9. EDX analysis of whitish spots framed in box 2, Figure 8 ........................... 199 

Figure 7-10. SEM image of membrane sample from V5-3, maginification is 900 and 

acceleration voltage is 20.0 kV .................................................................................... 201 

Figure 7-11. SEM image of membrane sample from V6-3, magnification is 320 and 

acceleration voltage is 20.0 kV .................................................................................... 201 

Figure 7-12. EDX analysis of grey zone in Figure 7-10 box 1 ...................................... 202 

Figure 7-13. EDX analysis of grey zone in Figure 7-11 point 1 .................................... 202 

Figure 7-14. Element distribution by EDX scanning on membrane surface V6-3 ......... 207 

Figure 7-15. Silicon dioxide peaks in the X-ray diffraction pattern for material scraped 

from membrane V5-1 .................................................................................................. 208 

Figure 7-16. Potassium aluminum silicate peaks in the X-ray diffraction pattern for 

material scraped from membrane V5-1 ........................................................................ 209 

Figure 7-17. Sodium magnesium silicate hydroxide hydrate peaks in the X-ray diffraction 

pattern for material scraped from membrane V5-1 ....................................................... 210 

Figure 7-18. Sodium calcium aluminum silicate peaks in the X-ray diffraction pattern for 

material scraped from membrane V5-1 ........................................................................ 211 

 



21 

 

LIST OF FIGURES - Continued 

Figure 7-19. Calcium phosphide peaks in the X-ray diffraction pattern for material 

scraped from membrane V5-1 ...................................................................................... 212 

Figure 7-20. Phosphorus oxide sulfide peaks in the X-ray diffraction pattern for material 

scraped from membrane V5-1 ...................................................................................... 213 

Figure 7-21. SEM image and EDX analysis of RO membrane V6-3 following use for 

treatment of CAP water at 85% recover. Magnification is 500X, accelerating voltage is 

20 kV .......................................................................................................................... 216 

Figure 7-22. Calcium carbonate peaks in the X-ray diffraction pattern for material 

scraped from membrane V6-3 RO following treatment of CAP water at 85% recovery 217 

Figure 7-23. Element distribution mapping by EDX scanning on membrane surface V6-3

 .................................................................................................................................... 220 

Figure 8-1. Fluorescence regional integration and EEM ............................................... 225 

Figure 8-2. EEM for MBR filtrate and ozone treated MBR filtrate ............................... 226 

Figure 8-3. BDOC in MBR filtrate and Ozone or AOP treated MBR filtrate ................ 227 

Figure 8-4. PRAM characterization of MBR filtrate and ozonated MBR filtrate........... 229 

Figure 8-5. MLSS concentration in MBR membrane tank ............................................ 230 

Figure 8-6. Correlation between DO, sludge quality and NH4-N concentration in MBR 

filtrate .......................................................................................................................... 232 

Figure 8-7. Filtrate flow rate and membrane TMP at 6 and 1 minute until soak ............ 233 

Figure 8-8. Aeration flow rate and membrane TMP at 6 and 1 minute until soak ......... 234 

Figure 8-9. Turbidity and UV absorbance of MBR filtrate ........................................... 235 



22 

 

LIST OF FIGURES - Continued 

Figure 8-10. RO membrane permeate flow rate of CLV pilot ....................................... 239 

Figure 8-11. RO membrane feed pressure of CLV pilot ............................................... 240 

Figure 8-12. Normalized differential pressure of RO membrane at CLV pilot .............. 240 

Figure 8-13. Normalized salt passage of RO membrane at CLV pilot........................... 241 

Figure 8-14. Normalized water transport coefficient of RO membrane at CLV pilot .... 241 

Figure 8-15. Normalized salt transport coefficient of RO membrane at CLV pilot ....... 242 

Figure 8-16. Temperature corrected specific water flux decline (%) ............................. 243 

Figure 8-17. SEM image and elemental analysis of clean membrane surface ............... 245 

Figure 8-18. SEM image and elemental analysis of element form MBR-RO train ........ 246 

Figure 8-19. SEM image and elemental analysis of element form MBR-O3-RO train .. 247 

Figure 8-20. RO membrane permeate flow rate of CCWRD pilot ................................ 251 

Figure 8-21. RO membrane feed pressure of CCWRD pilot ......................................... 252 

Figure 8-22. Normalized differential pressure of RO membrane at CCWRD pilot........ 252 

Figure 8-23. Normalized salt passage of RO membrane at CCWRD pilot .................... 253 

Figure 8-24. Normalized salt transport coefficient of RO membrane at CCWRD pilot . 253 

Figure 8-25. Normalized water transport coefficient of RO membrane at CCWRD pilot

 .................................................................................................................................... 254 

 

 

 

 



23 

 

LIST OF TABLES 

Table 1-1. Water quality comparison between Tucson groundwater and CAP water 

(Arizona Department of Water Resources) ..................................................................... 29 

Table 1-2. Supersaturation Ration of Salt at Different RO Stages ................................... 30 

Table 1-3. Design information of RO pilot plant ............................................................ 35 

Table 1-4. Chemical pre-treatment dosing at Tangerine Rd RO pilot ............................. 36 

Table 1-5. MBR pilot parameters ................................................................................... 47 

Table 1-6. HYDRAsub MBR membrane element specifications .................................... 48 

Table 1-7. Chemical dose in RO feed water pre-treatment ............................................. 51 

Table 1-8. CLV RO pilot operation conditions ............................................................... 51 

Table 1-9. CCWRD RO pilot operation conditions ........................................................ 52 

Table 2-1. Comparison Properties of Different Membrane Processes ............................. 55 

Table 2-2. Comparison of CA and PA membranes ......................................................... 65 

Table 3-1. Operating parameters and dimension of GE Sepa CF II Membrane Cell 

System ........................................................................................................................... 86 

Table 4-1. Water dynamic viscosity at different temperatures ...................................... 101 

Table 5-1.  Summary of spacer characteristics ............................................................. 143 

Table 6-1. Summary of Induction Time of CaSO4 Precipitation at Different 

Supersaturation Level .................................................................................................. 156 

Table 6-2. Induction time of 100×Ksp BaSO4 precipitation with presence of different 

dosage of anti-scalant (Flocon-135) ............................................................................. 167 

Table 6-3. Induction Time of CaCO3 precipitation at various supersaturation levels .... 169 



24 

 

LIST OF TABLES - Continued 

Table 6-4. Induction Time of 88xKsp CaCO3 precipitation with presence of different 

dosage of anti-scalant .................................................................................................. 173 

Table 6-5. Raw data for three tests of 0 ppm antiscalant in an 18.6 times supersaturated 

calcium sulfate solution ............................................................................................... 177 

Table 6-6. Truncated data of test data in Table 6-5 ....................................................... 178 

Table 7-1. Comparison of water quality characteristics—CAP water at the Tucson turnout 

vs. representative well water quality in the Tucson area ............................................... 185 

Table 7-2. Degree of supersaturation for barium sulfate, calcium sulfate and calcium 

carbonate (pH = 6.8) in CAP water and brine derived at 80% recovery during RO 

treatment of CAP water ............................................................................................... 185 

Table 7-3. Ignitable contents in material deposited on the surface of membrane element 

V5-2.  In each case the area scraped was 7 ft2, selected as representative of the membrane 

surface as a whole ........................................................................................................ 193 

Table 7-4. TOC and TIC content in deposits scraped from the spent RO membranes 

following extended use in 80% recovery operation ...................................................... 194 

Table 7-5. HPC numbers and calculated mass percentage in foulant taken from 

membranes following extended use at 80% recovery ................................................... 196 

Table 7-6. Atom percentage of major elements in foulant/scalant on membrane V5-3 .. 203 

Table 7-7. Atom percentage of major elements in foulant on membrane V6-3 ............. 203 

Table 7-8. Si:Al ratio in common clays ........................................................................ 204 

Table 7-9. TOC and TIC content in foulant from the spent RO membrane in 85% trial 214 



25 

 

LIST OF TABLES - Continued 

Table 7-10. Percentage of ignitable composition in RO membrane scraped foulant ...... 218 

Table 7-11. TOC and TIC measurement in scrapes from spent RO membrane ............. 219 

Table 8-1. Oxidation potential of different oxidizing reagent ....................................... 223 

Table 8-2. Application of ozone in water/wastewater treatment ................................... 223 

Table 8-3. Water qualities of CLV RO feed and projected concentrate and permeate ... 237 

Table 8-4. Saturation ratio and saturation index of some concerned salts in CLV RO feed 

and concentrate water .................................................................................................. 238 

Table 8-5. CLV RO pilot operation phases .................................................................. 238 

Table 8-6. Water qualities of CCWRD RO feed and projected concentrate and permeate

 .................................................................................................................................... 250 

Table 8-7. Saturation ratio and saturation index of some concerned salts in CCWRD RO 

feed and concentrate water ........................................................................................... 251 

Table 8-8. Mass balance data summary of some ions in CCWRD RO system .............. 255 

 

 

 

 

 

 

 

 



26 

 

ABSTRACT 

Central Arizona Project (CAP) water was treated using the process of slowsand 

filtration, chemical pretreatment and RO membrane. Both bench scale plate and frame 

reactor and pilot scale tests suggested RO membrane fouling by clay and organic matter 

with minor scaling by CaCO3 and BaSO4.  Several strategies were studied to reduce RO 

membrane fouling and scaling. The first is choosing optimized operation conditions 

through bench scale tests. The second is to modify the traditional concentration 

polarization model for a better fouling/scaling prediction. This modified model was also 

used to optimize concentrate spacer design, which leads to reduced concentration 

polarization index. The third is to develop a method for anti-scalant test and comparison, 

which can be used for anti-scalant selection and dose optimization.  

Additional to these strategies, pre-oxidation pretreatment for RO membrane in 

water reuse application was investigated at bench and pilot scale. In the MBR-Ozone-RO 

train study, ozone showed certain impact on RO membrane fouling, but no significant 

difference was made on membrane cleaning frequency. UV and UV/AOP impacts on RO 

membrane fouling tests were done on plate and frame reactor. UV did not show any 

competency to reduce membrane fouling, while UV/AOP tests showed promising results 

by reducing RO membrane fouling rate by 50%. 
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CHAPTER 1 PROJECT INTRODUCTION 

1.1 Maximization of Water Recovery during RO Treatment of Central Arizona Project 

Water – Tangerine Road Pilot 

1.1.1 Project Background 

The population in the Tucson area has increased over time creating a growing 

need for water.  According to the Tucson Water Plan 2000 – 2050 (Tucson Water, 2004), 

Colorado River water and municipal wastewater effluent must be relied upon to satisfy 

future water demand in the Tucson Active Management Area (TAMA) (Figure 1-1). 

Currently, Tucson Water has access to about 11 billion gallons of effluent each year from 

two Pima County municipal wastewater treatment plants, most of which is discharged 

into the Santa Cruz River where it infiltrates to replenish the local groundwater.  

Tucson’s portion of Colorado River water, about 44 billion gallons per year, is delivered 

via Central Arizona Project (CAP) canal. In the 1990s, Tucson Water found out through 

community discussions and taste testing workshops that the mineral content in the 

drinking water is the key to public acceptance of the drinking water resource (Tucson 

Water, 2002). 
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Figure 1-1. Water demand/supply projections in the TAMA 

Compared to ground water in the Tucson region, which has been the traditional 

source of water in TAMA, CAP water has a higher total dissolved solids (TDS) 

concentration (Table 1-1) (Tucson Water, 2001). The CAP water used by Tucson is 

recharged in constructed basins in the Clear Water Project. Through this process, CAP 

water is blended with the native groundwater. This blend is then recovered through a 

number of production wells, treated to minimize pipe corrosion, disinfected and 

distributed throughout the Tucson Water service area. The full use of the area’s allocation 

of CAP water will bring about 200,000 metric tons of salt into TAMA area each year. 

Without an active salt management program, all the salts will accumulate in this 

area, so that the average salt content of regional aquifer is predicted to increase about 5 

mg/L-yr and double within the next 50 years (Arizona Department of Water Resources, 
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2000). CAP water desalination and concentrate management should be considered as a 

means to avoid salt accumulation in local water resources.  

Table 1-1. Water quality comparison between Tucson groundwater and CAP water 

(Arizona Department of Water Resources, 2000) 

Water Quality Constituent 

(mg/L) 

Tucson Water 

Production Wells 
CAP Water 

Total Dissolved Solids 259 666 

Hardness (as CaCO3) 119 270 

Sodium 40 112 

Chloride 17 104 

Calcium 39 56 

Magnesium 5 31 

Sulfate 45 280 

Alkalinity 126 98 

TOC <1 3.5 

 

A widely used and increasingly cost-effective technology for freshwater, brackish 

water and seawater desalination is reverse osmosis (RO) membrane separation.  RO 

membranes are semi-permeable. Water in the pressurized feed solution can pass through 

membrane, while solutes, are largely retained in the concentrate or brine. The rejection of 

solute at the membrane surface leads to a phenomenon called concentration polarization 

(CP) that leads to significantly higher local solute concentrations in the boundary layer 

(Costa, 1994). When concentrations of the solutes in the membrane boundary layer 
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exceed their respective solubilities, precipitates can form on the membrane surface, 

scaling or fouling the membrane. 

After membranes are scaled or fouled to an unacceptable degree, they must be 

either cleaned or replaced. Scaling and fouling of membranes can limit membrane 

performance in water desalination. Chemicals are usually used to pretreat feed water 

ahead of RO membrane desalination. These chemicals may include acids, anti-scalants, 

disinfectants, and other chemicals as necessary, but even with chemical pretreatment, 

water recovery is limited to 75 - 80% for RO treatment of CAP water due primarily to 

precipitation of hardness ions (calcium, barium) and silica colloids (Gabelich, Yun, & 

Green, 2002). The supersaturation ratios of water at different stages in RO follow in 

Table 1-2.  

Table 1-2. Supersaturation Ration of Salt at Different RO Stages 

supersaturatio ratio
1
 BaSO4 CaSO4 CaCO3 

RO feed 12.8 0.1 0.1 

RO concentrate
2
 136.3 0.8 1.4 

CP layer
3
 203.9 1.2 1.8 

 
1. supersaturation ratio is defined as: r = ion product / Ksp  
2. calculation based on 80% recovery      
3. calculation based on 80% recovery and a typical concentration polarization  
index 1.4 (chapter 4 for definition) 
 

A pilot-scale RO plant and parallel bench-scale reactors were operated over the 

past three years to investigate the factors limiting water recovery during RO treatment of 

CAP water and develop strategies to maximize water recovery during RO treatment. 



31 

 

1.1.2 Project Objective 

Slow sand filter and chemicals are used in pretreatment for RO membrane. Slow 

sand filter is an inexpensive filtration method and is used to remove portion of TOC and 

large particles in the raw CAP water. This research work investigates the maximum water 

recovery that achievable in RO treatment of CAP water without fouling membrane 

quickly with slow sand filter pre-filtration and chemical addition. After membrane 

deteriorated to a certain degree at each recovery tested, the fouled membrane is autopsied 

to investigate the foulant or scalant deposited on the membrane surface. Based on the 

autopsy information, RO membrane pretreatment can be optimized to maximize water 

recovery and also to minimize the cost in CAP water desalination.  

This research work will assist in optimize the process units design in RO 

desalination of CAP water and may also applicable to other surface water resources.     

1.1.3 Pilot Plant Description and Operation 

Test was carried out in the pilot plant located at Tangerine Road and I-10 freeway, which 

is about 20 miles north of Tucson (Figure 1-2). Water flow diagram is for the pilot is 

illustrated in Figure 1-3. Design data for unit operations follow in abbreviated form ( 

Table 1-3). Raw CAP water is pumped from CAP canal to the pilot and pretreated with 

two slow sand filters to remove TOC and large particles. Each slow sand filter has a 

surface area of 75 square feet and is designed to be capable of providing a filtrate flow of 

higher than 5 GPM, so that during the periodic cleaning process is required, the 

downstream RO membrane operation is not interrupted. Slow sand filtrate is pumped to a 
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detention tank where pretreatment chemicals are injected and mixed with a detention 

pump to control potential scaling and biofouling of CAP water on RO membrane. 

Sulfuric acid is used to control precipitative scaling by CaCO3 and anti-scalant are used 

to control both CaCO3 and BaSO4 scaling. Sodium hypochlorite is used to control 

microbial growth in the RO membrane elements. Sodium hypochlorite is unstable in 

solution and the following reactions occur in the solution to produce free chlorine.  

2OCl-         2Cl- + O2 

OCl- + 2H+ + Cl-        Cl2 + H2O 

Free chlorine is aggressive and may degrade the composite polyamide membrane 

used in the test or decrease the membrane life (Hydranautics, 2002). So ammonium 

sulfate is also added to the RO feed water to combine free chlorine to produce 

chloramines, which is less aggressive than free chlorine and safer to RO membrane.  

NH4Cl + NaOCl         NH2Cl + NaOH + H2O 

The chemical dose is summarized in Table 1-4.  

The water in the tank is recirculated by a detention pump to make sure the 

adequate chemical dispersal in the water before delivered to RO units. 
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Figure 1-2. The location of Tangerine Road filed site 
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Figure 1-3. Tangerine Rd Field Site desalination train 

 

 

 

 

 

 



35 

 

Table 1-3. Design information of RO pilot plant 

Reverse Osmosis membrane 

Number of stages (-) 2 

Number of vessels (3 elements per vessel) 6 

Membrane area (sqft per element) 28 

Water flux (gfd) 10.9 

Flow rate (gpm) 4.74 

Feed salinity (mS.cm-1) 1000 - 1100 

Feed pressure (psi) 80 

Recovery rate (%) 80.5 

Slow Sand Filters 

Product flow per filter (gpm) 8.25 

Filtration rate (gal/min.ft2) 0.11 

Filter area (ft2) 75 

Initial height of filter sand bed (ft) 3 

Minimum height of filter sand bed (ft) 1.5 

Sand uniformity coefficient, d60/d10 1.5 

Height of underdrains, including gravel layers (ft) 3 

Height of supernatant water (ft) 5.5 

Total filter basin height (ft) 12.5 

Vibratory Shear Enhanced Processing 

Conductivity of brine (mS.cm-1) 3000 - 5000 

Operating pressure (psi) 500 

Vibration (Hz) 52.0 - 52.5 

Flow rate (gpm) 1 

Recovery rate (%) 75 - 90 

Open valve period (min) 0.1 

Closed valve period (min) 1.0 - 6.9 
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Table 1-4. Chemical pre-treatment dosing at Tangerine Rd RO pilot 

Chemical NaOCl (NH4)2SO4 AS H2SO4 

Dosing criteria 1.0 - 1.5 combine α Cl Excess NH3 3.6 pH=7.0 

Unit mg/L mg/L mg/L 
 

Dose 1.4 2 (as NH3) 3.6 pH=7.0 

 

The RO membrane filtration unit consisted of six 2.5 inch pressure vessels in two 

stages in an array of 2:2:1:1 (Figure 1-4). Each pressure vessel contains three 2.5×40 (2.5 

inch diameter, 40 inch length) spiral wound RO elements (Figure 1-5). The effective 

membrane area in each element is 28 sqft. Spiral-wound 2540, NF90 membrane elements 

(DOW, Film Tec) were selected based on the expected CAP water TDS concentration 

(650-700 mg/L). Total flow rate, permeate flow rate and recovery are controlled by 

manipulating reject pressure valve; permeate back pressure valves and RO high pressure 

pump speed. In the first phase of test, the feed pressure was maintained at 80 psi, the feed 

flow was about 5.0 gallon per minute (GPM), and the recovery was set at 80%. When run 

at 80% recovery, the average permeate flux of membrane is about 11.4 gfd, which is 

slightly lower than the design permeate flux of membrane, which is 12.0 gfd (Film Tech, 

2006). But for the leading element, the permeate flux is higher than the design flux.   
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Figure 1-4. Pilot scale RO pressure vessel arranged in an array of 2:2:1:1 

 

 

Figure 1-5. RO element arrangement in the pressure vessel 

After six months of operation of phase 1, declining water transport coefficients (A) 

were observed in all membrane stages after February 2008. As expected, effects were 

most severe in downstream pressure vessels V5 and V6, where ion concentrations and 

scaling potential were the greatest. There was a coincident increase in the salt transport 

coefficients (B) in all pressure vessels. When the mass flux of total dissolved solids in 

permeate from the unit as a whole reached 4% of the influent mass flux (mid-March 

2008), RO treatment was interrupted for membrane cleaning, leading to temporary 

restoration of membrane permeability to water and a modest discontinuity (increase) in 

the salt transport coefficient. Unfortunately, restoration of RO performance was followed 
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by a second rapid loss of membrane water permeability and a steady increase in salt 

transport over the four months following the cleaning procedure. Again, the deterioration 

of performance was most rapid in the downstream pressure vessels, suggesting that 

scaling or colloid fouling was the primary causal agent. In August 2008, the membranes 

in pressure vessels 5 and 6 were replaced with ESPA3 RO membranes (Hydranautics) 

and the entire RO reactor was again cleaned before service was restored. The new 

membranes proved to be much more resistant to water and salt transport. Membrane 

permeability improved during the first month of operations. Thereafter, however, the 

permeability of all membranes in all pressure vessels again decreased rapidly. Results 

suggest that the cause of declining membrane performance was reversible, through 

membrane cleaning or replacement, but that the source of difficulties was not eliminated, 

and the problem was quickly able to reassert itself. During the final four months of the 

record of performance, the reverse osmosis system was operated to produce 85 percent 

recovery, an operational condition that may have accelerated membrane scaling. 

In July 2008, Membranes from the stage 2 RO units were removed for analysis of 

foulant or scalant and replaced with new membranes. In November, the stage 2 

membranes were again replaced and suspect via direct visual observation, scanning 

electron microscopy (SEM) and energy dispersive X-ray (EDX) analysis. Material 

scraped from retired pilot-scale membrane surfaces was analyzed for culturable 

heterotrophic bacteria (heterotrophic plate count, HPC) and mass fractions of organic and 

inorganic carbon as indicators of a bacterial role in membrane fouling. In July 2009, the 

whole set of membrane was replaced with new membranes, and the spent RO membranes 
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from vessel 1 and 3 were also autopsied and compared with membranes from vessel 5 

and 6. 

RO concentrate stream was used for irrigation of halophytes to study the 

feasibility of RO concentrate treatment through salt tolerant plants irrigation. In the 

second phase of pilot test, Vibratory Shear Enhance Process (VSEP) was tested to 

improve the overall water recovery. The VSEP apparatus was a commercially available 

pilot scale unit LP Series (Lab Pilot Scale; New Logic), containing 16.44 ft2 of ESPA1. 

The feed flow (RO brine) was provided at 500 psi after preliminary testing to select an 

operating pressure. The unit was operated by automatically cycling the brine retention 

valve between its closed and open positions (Figure 1-6). With the valve closed, fluid left 

the reactor only as permeate. When open, brine was briefly flushed from the unit and 

replaced with reactor influent (RO brine). During each cycle, the valve was opened (flush 

position) for six seconds. The length of the closed valve period was calculated to yield 

target permeate recoveries during VSEP operation. In general, permeate flow rates were 

inversely related to VSEP recovery and elapsed time of operation following membrane 

cleaning. 
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Figure 1-6. Schematic view of VSEP and the operation of brine retention valve 

1.2 Pilot-Scale Oxidative Technologies in Reducing Organic Fouling Potential in Water 

Reuse and Drinking Water Treatment Membrane System  

1.2.1 Project Background 

With many communities approaching the limits of their available water supplies, 

water reclamation and reuse has become a logical option for conserving and extending 

available water supply by substituting reclaimed water for applications that do not require 
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portable water or augmenting existing water resources and providing an additional source 

of water supply to assist in meeting both present and future water needs (Asano, Burton, 

Leverenz, & Tsuchihashi, 2007). A dual membrane process such as MF or UF and RO is 

becoming increasingly attractive as a technology for the reclamation of wastewater 

reclamation. Membrane processes can provide benefits like small footprint, high quality 

product water, efficiency and easy and economical operation (Reith & Berkenhead, 1998 ) 

(del Pino & Durham, 1999). In such a process, MF/UF is used for treatment of secondary 

effluent and serves as pretreatment for RO to remove organic compounds, microbes and 

colloidal and particulate matters. RO provide further treatment to remove dissolved solids, 

virus, and any organic compounds passed through MF/UF. The hybrid membrane 

technology, membrane bio-reactor (MBR) has gained wider acceptance. MBR combine 

activated sludge treatment with a membrane liquid-solid separation process 

(wikipedia.org, 2010). The membrane component can be MF or UF and eliminates the 

need for clarification and tertiary filtration (Figure 1-7). MBR can achieve both the 

secondary treatment of sewage as well as the pretreatment for RO, and hence MBR/RO 

has a great potential for municipal wastewater reclamation.  
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Figure 1-7. Comparison between conventional activated sludge and MBR process 

Because of the large pore size of MF/UF, organic contaminants, bacteria and virus 

are still present in the MBR, MF or UF effluent. These constituents in the effluent expose 

the following RO membrane to fouling potential. Ozonation is an efficient disinfectant 

for reclaimed water treatment. In addition to disinfection, ozone is a powerful oxidant 

and has been demonstrated to be effective for the removal of a diversity of organic 

Conventional activated sludge process 

MBR process 
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contaminants. Ozone oxidation results in conversion of many organic materials to more 

biodegradable forms. This project studies the impact of ozonation in reducing organic 

fouling potential in water reuse and drinking water treatment membrane system. This 

project will not only provide the reuse industry with critical information regarding the 

applicability of ozone during reuse applications, but also provide a better understanding 

of the biodegradability of oxidation products and ultimate fate of contaminants when 

oxidized by ozone. 

1.2.2 Project Objectives 

The scope of this project is to evaluate the potential of ozone for contaminant 

oxidation in a variety of reclaimed water qualities. A key component of this study will be 

the evaluation of ozonation in combination with a variety of treatment processes. The 

primary objectives of this project are to: 

1. Determine the optimal ozone dose and contact time for oxidation of certain organic 

contaminants using a variety of pretreatment processes. 

2. Determine the biodegradability of transformation products formed during ozonation. 

3. Investigate the impact of ozone and ozone/peroxide on the oxidation of nitrosamine 

precursors and subsequent nitrosamine formation potential. 

4. Evaluate the impact of ozone on subsequent aquifer storage and recovery/soil aquifer 

treatment (ASR/SAT) applications. 

5. Compare the cost of ozone to other oxidation processes (e.g., ultraviolet/advanced 

oxidation process (UV/AOP)). 
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1.2.3 Pilot Plants Description and Operation 

To evaluate the ozonation in combination with different treatment processes, two 

pilots were set up and in operation. One pilot is located in City of Las Vegas Water 

Pollution Control Facility using MBR-Ozone-RO treatment process. It is called CLV 

pilot in the following chapters. The second pilot is located in Clark County Water 

Reclamation District Facility using UF-Ozone-RO process. This pilot is called CCWRD. 

Their location is highlighted in Figure 1-8.  

 

Figure 1-8. Location of two water reuse membrane system 
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A schematic of CLV MBR and Ozone-RO pilot are presented in Figure 1-9 and 

Figure 1-10 respectively. While the CCWRD UF-Ozone-RO pilot schematic is shown in 

Figure 1-11. 

 

 

Figure 1-9. CLV MBR Pilot process flow diagram 

 

 

Figure 1-10. CLV Ozone-RO pilot site lay out 
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Figure 1-11. CCWRD UF-Ozone-RO pilot site layout 

As shown in Figure 1-9, the primary clarifier effluent was delivered to the 

screening chamber as feed water to MBR system. If necessary, MBR feed water can also 

be taken from primary clarifier influent, which has higher suspended solids and COD and 

can help to build up MLSS for the system. Denitrification occurs in the anoxic tank. 

Wastewater overflows from anoxic tank to aerobic tank #1. The mixed liquor is pumped 

from aerobic tank #1 to aerobic tank #2. Intense aeration is provided to aerobic tanks to 

provide dissolved oxygen (DO) for bacteria growth. Efforts were taken to maintain the 

mixed liquor suspended solid (MLSS) in the optimum range of 5000 to 7000 mg/L. Most 

of organic carbon, ammonia and other nutrients are removed during this step. The mixed 

liquor overflows to membrane tank, where liquid-solid separation happens. Higher 

aeration rate is provided to membrane tank. Intense aeration to membrane tank is critical 

to provide DO, but also to prevent membrane fouling. Membrane tank has the highest 

MLSS in all tanks and the optimum range is 8000 to 10000 mg/L. Part of the mixed 

liquor in membrane tank overflows to anoxic tank through a deoxygenation tank, where 
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DO is depleted before returning back to anoxic tank. Optimum MLSS level is maintained 

by adjusting sludge wasting rate corresponding to MLSS increasing rate and other factors. 

The CLV pilot MBR design and operation data is summarized in Table 1-5.  

Table 1-5. MBR pilot parameters 

Equipment Parameter Unit Value 

Fine Screen Opening mm 1 

Anoxic Tank 
Working volume gallon 1550 

Hydraulic retention time hour 2.4 

Aerobic Tank 
Working volume gallon 2000 

Hydraulic retention time hour 3 

Membrane Tank 

 

Membrane area ft2 538 

Design flux @ 25oC gfd 19.6 

Net flow gpm 11 

Working volume gallon 1500 

TMP psi 4-Feb 

Filtrate Tank Working volume gallon 300 

 

The membrane used in the system is HYDRAsub-MBR HSM500 from 

Hydranautics. The picture of a MBR HYDRAsub element is shown below in Figure 1-12, 

and specifications of membrane are listed in Table 1-6.  
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Figure 1-12. Image of HYDRAsub element and flow pattern in the element (Courtesy of 

Hydranautics) 

Table 1-6. HYDRAsub MBR membrane element specifications 

Specification Unit Value 

Material 
 

PVDF (Polyvinylidene fluoride) 

Membrane area m2 25 

Nominal Pore size µm 0.4 

Fiber outside diameter mm 2.8 

Dimensions (L x W x H) mm 1250×30×2000 

 

MBR operation cycle is illustrated inFigure 1-13. MBR has an operation cycle of 

8 minutes with 7 minutes of filtration and 1 minute soaking. Chemical enhanced 

backwash (CEB) is carried out weekly with 300 mg/L hypochlorite solution (Figure 

1-14). Extended CEB or cleaning in place (CIP) is done quarterly with 3000 mg/L 
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hypochlorite solution. Acid CIP is done annually or when it is necessary with 900 mg/L 

citric acid. 

 

Figure 1-13. MBR operation process sequence (Courtesy of Hydranautics) 

 

Figure 1-14. Schematic illustration of CEB process (Courtesy of Hydranautics) 
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At CLV pilot, ozone is generated using the High Pressure Oxidation System 

(HiPOX), which was supplied by Applied Process Technology, Inc (Figure 1-15). The 

HiPOX technology uses a plug flow reactor design with hydrogen peroxide and ozone 

injection points.The HiPOX equipment supplied for this project was rated for a flow rate 

of 10 gpm with an ozone capacity of 8.5 pounds per day. The HiPOX system was fully 

automated with a programmable logic controller (PLC), operator interface touch screen 

(OIT), and all necessary instrumentation for monitoring process conditions and ensuring 

safe operation. While for CCWRD pilot, the UF and ozone generator are operated by 

CCWRD staff and those units will not be introduced. 

 

Figure 1-15. Ozone generator at CLV pilot - HiPOX 

As shown in Figure 1-10, CLV RO pilot has two trains in parallel to study ozone 

impacts on organic fouling of RO membrane. Each train has 1:1 array and three RO 

elements (ESPA2-LD-4040, Hydranautics) in each pressure vessel. Chemicals are 
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injected to control RO membrane biofouling and scaling. Chemical doses are listed in 

Table 1-7. In operation, permeate flow rate and recovery are kept constant by adjusting 

applied pressure. By far, RO has been run in three phases, in the 2nd phase and 3rd phase, 

membrane flux was increased to accelerate membrane fouling. Membrane operation 

conditions are listed in Table 1-8. 

Table 1-7. Chemical dose in RO feed water pre-treatment 

Purpose Biofouling Scaling CaCO3 

Chemicals NaOCl NH4Cl AS* H2SO4 

Unit mg/L mg/L mg/L 
 

Dose 3.0 - 5.0 1.8 - 3.1 7.0 pH = 6.8 

       * King Lee, Pretreat Plus 0100 

Table 1-8. CLV RO pilot operation conditions 

Phase # Qrej Qperm Recovery Flux 

 
gpm gpm % gfd 

Phase 1 4.3 4.7 52 14.1 

Phase 2 4.8 5.2 52 15.6 

Phase 3 4.4 4.7 52 18.7 

 

CCWRD RO pilot has very similar set up with CLV pilot with two differences. 

One difference is that in chemical preatment no acid is used to control pH of RO feed 

water, because based on calculation; antiscalant dose applied can potentially control any 

scaling. CCWRD pilot used RO membrane element of ESPA2-4040 from Hydranautics, 
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which is the older generation of elements used in CLV pilot. Operation conditions are 

listed in Table 1-9. 

Table 1-9. CCWRD RO pilot operation conditions 

Qrej Qperm Recovery Flux 

gpm gpm % gfd 

4 4.8 54.5 13.5 

 

CCWRD RO pilot has been running at lower water flux than CLV pilot, but much 

quicker membrane fouling was noticed. The detailed data and the explanation will be 

discussed in Chapter 7.  
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CHAPTER 2 LITERATURE REVIEW 

2.1 Membrane Filtration Introduction 

Based on the definition given by European Membrane Society, the membrane is 

an intervening phase separating two phases and/or acting as an active or passive barrier to 

the transport of matter between phases (Judd & Jefferson, 2003). As of water treatment, 

there are several classes of treatment processes that constitute membrane filtration for the 

purpose of separating contaminants from water. These processes include: microfiltration 

(MF), ultrafiltration (UF), nanofiltration (NF) and reverse osmosis (RO). The application 

of membrane processes for water treatment extends back several decades. RO membranes 

have been used for the desalination of water since the 1960s, with more widespread use 

of NF for softening and the removal of total organic carbon (TOC) dating to the late 

1980s. MF and UF were introduced to the municipal water treatment market in the late 

1980’s to remove particulate matter (i.e., turbidity and microorganisms). However, the 

commercialization of backwashable hollow-fiber MF and UF membrane processes in the 

early 1990s has had the most profound impact on the use, acceptance, and regulation of 

all types of membrane processes for drinking water treatment.  

The use of membrane processes in water and wastewater treatment has increased 

rapidly in recent years. Membrane processes can be used to produce potable water from 

all kinds of water sources like surface water, groundwater, brackish water, or seawater, or 

to treat industrial wastewaters before they are discharged or reused. At the same time, 

membrane technologies have moved into the area of treating secondary or tertiary 

municipal wastewater and oil field–related water. Compared to traditional water and 
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wastewater treatment technologies, membrane separation processes have many 

advantages, including:  

• Fewer chemicals usage, which will reduce the operation cost and minimize the impact 

the chemicals may have on the treatment system or the environment. 

• Higher water quality. 

• Lower operation and maintenance cost compared to conventional process consisting 

coagulation, flocculation, clarification, aerobic and anaerobic treatments. 

• Membrane processes are modularized and usually need less land space. 

• Can achieve higher water recovery, and for some industries, even zero liquid discharge 

is achievable. 

• Can achieve one-stop removal of most contaminants in water like TDS, BOD, COD, 

color, odor and hardness. 

Though each of these membrane technologies utilizes membrane barrier that 

allows passage of water but rejects contaminants, membrane selection should be made 

based on source water quality and product water quality target because each classes of 

membrane has different pore size and may function as a filter for various sizes of 

particular matter. The normalized pore size and normal driven pressure range and other 

operation properties of each classes of membrane are listed in Table 2-1. And the ability 

of each type of membrane system to remove various substances of interests in drinking 

water on the base of size exclusion is illustrated in Figure 2-1. The figure shows the 

approximate size range of bacteria, virus, colloids, dissolved organics and salts, as well as 
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the ability of MF, UF, NF, and RO, respectively, to remove these substances in water on 

the basis of size exclusion. 

Table 2-1. Comparison Properties of Different Membrane Processes 

 RO NF UF MF 

Pore Size (µm) 0.0001 - 0.001 0.001 - 0.005 0.005 - 0.1 0.1 - 10 

Pressure (psi) 100 - 1200 50 - 150 10 - 100 1 - 100 

Water flux (gfd) < 10 - 31 10 - 55 25 - 80 50 - 100 

Crossflow velocity (fps) 0.15 – 1.0 0.15 – 1.0 1.0 – 5.0 1.0 – 5.0 

TDS rejection 0.9 – 0.99 0.7 – 0.9   

System recovery (%) 50 - 85 80 - 90 85 - 95 90 - 97 

 

 

 

 

 

 

 

Figure 2-1. The Filtration Spectrum (Adapted from Water Quality Improvement Center, 

Yuma, AZ) (SAHRA, 2010) 
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Because of different pore size between each class of membranes, and their ability 

to remove various sizes of particulate matter, the basic operation principles and water 

passage mechanisms vary between MF/UF and NF/RO. More details of each type of 

system are described in the following sections. 

2.1.1 MF and UF 

Because of relatively bigger pore size of MF/UF, they are characterized by their 

ability to remove suspended solids, colloidal particles, and some large organic molecules 

via sieving mechanism based on the membrane pore size relative to that of the particulate 

matter.  

However, in the manufacturing process, it is impossible to produce uniform-sized 

pores and all membranes have a distribution of pore sizes and this distribution will vary 

according to membrane material and manufacturing process. For this reason, when pore 

sizes of MF/UF are described, they can be stated in either the averaged pore size 

(nominated pore size) or the maximum pore size (absolute pore size) in terms of microns 

(µm). MF membranes generally have a pore size range of 0.1 to 0.2 µm (nominally 0.1 

µm), with some exceptions that MF membranes with pore size up to 10 µm are available. 

As of UF, the pore size generally ranges from 0.01 to 0.05 µm (nominally 0.01 µm) or 

less, and the lower cutoff of UF membrane pore size can be 0.005 µm, at which level the 

concept of a discernable “pore” becomes inappropriate. 

Because UF membranes have the ability to reject larger organic macromolecules, 

and such molecules are morphologically difficult to define and are typically exist in 

solution rather than as suspended solids. So when characterize UF membranes in 
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reference to these macromolecules, it is not convenient to use particular pore size. A 

conceptual term that has been historically used is molecule weight cut-off (MWCO). 

MWCO characterizes membrane rejection ability in terms of atomic weight rather than 

molecular size. But generally, the smaller the MWCO, the tighter membranes pore size. 

MWCO is expressed in Daltons (Da), which is the unit of atomic mass and defined as one 

twelfth of the mass of an isolated atom of carbon-12 (12C) at rest and in its ground state 

(wikipedia.org, 2010). Membranes are tested with dilute solutions of well-characterized 

macromolecules, such as proteins, polysaccharides and surfactants of known molecular 

weight and size, to determine MWCO of membranes. Typical MWCO levels for UF 

range from 10,000 Da to 500,000 Da, with most UF membranes used for water treatment 

at approximately 100,000 Da. However, UF membranes remove particulate contaminants 

by sieving mechanism, and on basis of molecular size, so UF membranes used for 

drinking water treatment are also characterized in terms of pore size with respect to 

microbial and particulate removal abilities. 

2.1.2 NF and RO 

NF and RO are tight membranes and they do not have definable pores. They 

utilize semi-permeable membranes which give them ability to remove dissolved 

contaminants from water and they are always used in the applications like softening or 

desalination of water. In terms of MWCO, RO membranes have a typical MWCO range 

of less than 100 Das, while for NF membranes, the MWCO range is between 200 to 1000 

Das.  NF and RO are both pressure-driven process and can reject dissolved substances in 

water, and NF differs from RO only in terms of its lower rejection efficiencies of some 
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dissolved ions especially monovalent ions like Na+, Cl-. Take Cl- for example, RO 

membranes can achieve over 99% rejection of Cl-, while NF membranes achieve from 10% 

to 40% depending on tightness of NF membranes. But NF membranes can have a good 

rejection characteristic for removal of divalent ions and higher-molecule-weight organics 

that contribute to odor and taste of water, and rejection can be higher than 85%. This 

property of NF membranes makes them useful in removal of hardness ions like Ca2+, 

Ba2+, Mg2+, SO4
2- from water at much lower driving pressure than would be possible for 

using RO membranes. As a consequence, NF sometimes is also referred to as “membrane 

softening”.  

Because of tightness of NF/RO membranes, they are designed to separate 

dissolved contaminants from water through reverse osmosis rather than sieving 

mechanism. Osmosis is the natural flow of solvent like water through a semi-permeable 

membrane because of existence of differential concentration of solute or solutes. The 

flow direction is from the less concentrated solution to the higher concentrated solution 

and the flow stops until the chemical potential or concentration of the solute or solutes in 

the solutions on both sides of the semi-permeable membrane is equalized. To stop this 

natural flow, a pressure must be applied on the more concentrated solution side and the 

pressure applied is called osmotic pressure. If a pressure higher than osmotic pressure is 

applied on the more concentrated solution side, the solvent will flow from more 

concentrated side to less concentrated side, which is reverse to osmosis, and this process 

is called reverse osmosis. These processes are illustrated in Figure 2-2.    
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Figure 2-2. Conceptual Diagram of Osmosis, Osmotic Pressure and Reverse Osmosis 

The value of osmotic pressure (∇π) is strictly a function of the concentration, or 

mole fraction, of water in the system, and temperature of the solution as well. ∇π of a 

solution can be calculated by van’t Hoff equation, which will be discussed in the later 

section. If a pressure is applied on the more concentrated solution side and the the 

pressure P is higher than ∇π as indicated in Figure 2-2(c), the solvent will be forced 

through the semi-permeable membrane against the natural osmotic gradient, and thereby 

increasing the concentration of solute in the concentrate side and increasing the volume 

of solvent with lower concentration on the other side of membrane, and in this manner, 

the solvent and solute are separated. The solvent flux that pass through the membrane is 

called permeate or filtrate, and the solution rejected by membrane is referred to as 

concentrate. The operation pressure required to separate the solvent varies depending on 

the ∇π of the feed solution, temperature, membrane property, and projected flux as well, 

and can range from 100 psi for NF application in softening of brackish water to 1000 psi 

for RO desalination of seawater.  

dilute 
solution 

concentrated 
solution 

semi-permeable membrane 
π∇ P> π∇

(a) Osmosis  (c) Reverse Osmosis  (b) Osmotic Pressure  



60 

 

2.1.3 Other Membrane Technologies 

2.1.3.1 Dialysis 

Dialysis is a process where solutes travel from one side of the membrane to the 

other side according to their concentration gradients (Mulder, 1996) (Seader & Henley, 

1998). It uses a semipermeable membrane capable of passing small solute molecules, 

such as salts and small organic species, while retaining colloids and solutes of higher 

molecular weight. The transfer through the membrane is by diffusion, rather than by the 

hydrodynamic flow that would occur in a porous medium. 

2.1.3.2 Electrodialysis. 

Electrodialysis (ED) is a process in which ions are transported through ion 

permeable membranes from one solution to another under the influence of a potential 

gradient (Seader & Henley, 1998) (Geankoplis, 2003). The electrical charges on the ions 

allow them to be driven through the membranes fabricated from ion-exchange polymers. 

Applying a voltage between two end electrodes generates the potential field required for 

this. Because the membranes used in ED have the ability to selectively transport ions 

having positive or negative charge and reject ions of the opposite charge, useful 

concentration, removal, or separation of electrolytes can be achieved by ED.ED 

technology can be applied in Desalination of seawater and brackish water, Regeneration 

of ion-exchange resins and ultra-pure water production 
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2.1.3.3 Membrane Bioreactor.  

Membrane bioreactor (MBR) can be defined as integration of conventional 

biological degradation and membrane separation into a single process where 

microorganisms responsible for biodegradation and suspended solids are separated from 

biologically treated water by a membrane filtration unit. The entire biomass is confined 

within the system, providing both perfect control of the sludge retention time for the 

microorganism in the bioreactor and physical disinfection of the effluent (Metcalf and 

Eddy, Inc., 2002) (Reddad & Gerente, 2003). 

As the MBR process does not need the secondary clarifier for the solid–liquid 

separation, it can prevent these “inherited” problems that occur in the conventional 

processes for the wastewater reclamation (Van Dijk & Roncken, 1997). The resulting 

high-quality and completely disinfected effluent means that the MBR process can be used 

for many purposes, i.e., industrial and municipal wastewater treatment and reuse (Cicek, 

Franco, Suidan, & Urban, 1998). More important, the land requirement of MBR is much 

less than that of conventional wastewater reclamation processes. 

2.2 Membrane Materials, Modules and Hydraulic Configurations 

Each type of membranes may be made from different materials, and these 

materials can be manufactured into different types of membrane like flat sheet or hollow 

fiber and then configured into different modules of membrane. Several different types of 

module may be employed for any single membrane filtration technology, but each type of 

membrane technology is typically associated with one membrane module in water or 

wastewater treatment application. In general, MF and UF are usually in hollow-fiber 
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configuration, while RO and NF usually use spiral wound configuration. More details 

will be discussed in the following sections. 

2.2.1 Membrane Materials 

The membrane materials refer to the substances from which the membrane layer 

itself is made. Normally, membrane materials are made from natural or synthetic 

polymers. As technology advances, new membrane materials are emerging these days. 

Some newer MF membranes are ceramic membranes based on aluminum, and glass is 

also being used as a membrane material. The properties of membrane materials are 

directly reflected in their end applications. Some criteria for their selection are 

mechanical strength, temperature resistance, chemical compatibility, hydrophobility, 

hydrophilicity, permeability, permselectivity and the cost of membrane material as well 

as manufacturing process (Chen, Mou, Wang, & Matsuura, 2006). The material 

properties of the membrane may significantly impact the design and operation of 

membrane filtration system. For example, some membrane materials may not be tolerant 

with oxidant like free chlorine, so membranes made of these materials should not be used 

with chlorinated feed water. Some membranes are made of materials that have higher 

mechanical strength, and they can withstand higher transmembrane pressure, which can 

result in higher productivity of the filtration unit. Material properties influence the 

exclusion characteristic of a membrane as well. A membrane with a particular surface 

charge may achieve enhanced removal of particulate or microbial contaminants of the 

opposite surface charge due to electrostatic attraction. Additionally, some membrane 

materials are hydrophilic or hydrophobic. The hydrophilicity of material describes not 
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only the ease that membranes can be wetted, but also the propensity of the material to 

resist fouling to some degree. 

The MF membranes are usually made from natural or synthetic polymers such as 

cellulose acetate (CA), polyvinylidene difluoride (PVDF), polyamides, polysulfone (PS), 

polycarbonate, polypropylene (PP), and polytetrafluoroethylene (PTFE) (Mulder, 1996). 

Some of the newer MF membranes are ceramic membranes, which are a type of artificial 

membranes made from inorganic materials such as alumina, titania, zirconia oxides or 

some glass materials (wikipedia.org, 2010). There are also some sintered metal 

membranes which are fabricated from stainless steel, silver, gold, platinum, or nickel in 

disks or tubes. Each of these materials has different properties with respect to surface 

charge, degree of hydrophobicity, pH and oxidant tolerance, strength, and flexibility. The 

polymer membranes are most widely used because the relatively lower cost of materials 

and sophistication of these technologies. The application of later two new types of 

membranes is restricted by their higher cost. Those membranes can be operated under 

harsh conditions like acidic or caustic water, strong solvent, high temperature solution.    

Most UF membranes are made from polymeric materials, such as PS, PP, nylon 6, 

PTFE, polyvinyl chloride (PVC), and acrylic copolymer. Inorganic materials such as 

ceramics, carbon-based membranes, and zirconia, have been commercialized by several 

vendors in recent years (Chen, Mou, Wang, & Matsuura, 2006). 

NF and RO membranes are generally manufactured from cellulose acetate (CA) 

or polyamide (PA) materials and their respective derivatives. RO membranes are 

generally of two types, asymmetric membranes and thin film composite membranes. The 
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support material is commonly polysulfones, while the thin film is made from various 

types of polyamines and polyureas. There are advantages and disadvantages with CA and 

PA membranes. CA membranes are susceptible to biodegradation and hydrolysis, and 

they must be operated within relatively narrow pH range and low temperature. But CA 

membranes have relatively higher tolerance for continuous oxidant exposure. PA 

membranes, by contrast, are resistant to biodegradation and hydrolysis and can be 

operated in a wide range of pH and higher temperature conditions. While PA membranes 

have very limited tolerance for strong oxidants, they are compatible to weaker oxidants. 

So for PA membranes, weaker disinfectants like chloramines must be used instead of free 

chlorine to control biofouling in RO pretreatment. PA membrane requires significantly 

lower pressure or energy to operate and have become predominant material used for NF 

and RO applications. Advantages and disadvantages of CA and PA membranes are 

summarized in Table 2-2.  

2.2.2 Membrane Construction and Symmetry 

The trans-wall symmetry of membranes is a quality that describes the level of 

uniformity of material density or pore structure throughout the cross-section of the 

membrane and this characteristic influences the performance of all membranes. There are 

three types of construction that are commonly used in the fabrication of membranes 

including symmetric, asymmetric and composite.  
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Table 2-2. Comparison of CA and PA membranes 

Membrane 

Materials 
Advantages Disadvantages 

CA 

 

• low purchase cost 

• high tolerance for chlorine 

 

• susceptible to hydrolysis and 

biodegradation 

• inferior salt rejection 

• low permeability and high 

operating pressure required 

• narrow pH range (4-8) 

• low temperature limits (0 - 35 oC) 

 

PA 

 

 

• excellent hydrolytic resistance 

• superior salt and organic rejection 

• excellent water flux and low 

operating pressure 

• wide operating pH range (2 - 11) 

• wide operating temperature range 

(0 - 45 oC) 

• strong membrane structure and 

long membrane life 

• limited tolerance strong oxidants 

like chlorine 

• high purchase cost 

 

In a symmetric membrane, the membrane is made of single material and is 

uniform in density or pore structure throughout the cross-section (Figure 2-3a). In an 

asymmetric membrane, there is a change in the density of the membrane materials and 

also pore size across the cross section area. Asymmetric membranes can be constructed in 

two types including density-graded and skinned membranes. Density-graded membranes 

have a graded construction, in which the porous structure gradually decreases in density 
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from the feed to the filtrate side of the membrane (Figure 2-3b(1)). In skinned 

membranes, the membrane materials are fabricated on one side or two sides of the 

support structure and to form the dense filtration layer (Figure 2-3b(2)). The support 

layer may be made of the same or different materials from filtration layer. The composite 

membranes are more similar to skinned asymmetric membranes, membrane materials are 

fabricated on the supporting layers to forma thin and dense filtration barrier (Figure 

2-3c). In composite membranes, filtration layers are made of different materials from 

support layers. RO and NF membranes are normally asymmetric or composite, while MF 

and UF membranes are typically symmetric or asymmetric. 

 

Figure 2-3. Membrane Construction and Symmetry 

2.2.3 Membrane Modules 

Membrane is usually manufactured as flat sheet stock or as hollow fibers, and 

then configured into one of several different types of membrane modules. A membrane 

module is the smallest discrete filtration unit in a membrane system (Environmental 

homogeneous 

cutoff 

graduated 

membrane 

porous support 

structure 

membrane 

layer 
polysulfone 

layer fabric support 

layer 

a: symmetric b (1): asymmetric – density-graded 

b (2): asymmetric - skinned c: composite  
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Protection Agency, USA, 2005). Module construction typically involves potting or 

sealing the membrane material into a corresponding assembly. The two most common 

module designs are hollow-fiber and spiral wound modules. 

2.2.3.1 Hollow-Fiber Modules 

Hollow-fiber modules are comprised of hollow-fiber membranes, which are long 

and very narrow tubes that may be fabricated from any materials described above. The 

fibers may be bundled in one of several different arrangements. The most common 

configuration is that the fibers are bundled together longitudinally, potted in a resin on 

both ends, and encased in a pressure vessel that is included as a part of the hollow-fiber 

module (Figure 2-4). The second common configuration is that the fibers are potted in a 

resin on both ends and are submerged in a basin without any pressure vessel, and this 

configuration is usually used with vacuumed outside-in hollow-fiber membranes. One 

other alternate configuration is similar to spiral wound modules in that both are inserted 

into pressure vessels that are independent of the membrane module itself.  



68 

 

 

Figure 2-4. Cutaway View of Hollow-Fiber Membrane Module (Environmental 

Protection Agency, USA, 2005) 

Hollow-fiber membrane modules may operate in either an “inside-out” or 

“outside-in” mode. In inside-out mode, the feed water enters the fiber lumen and is 

filtered radially through the fiber wall. The filtrate is then collected from outside of the 

fiber in the pressure vessel housing and directed to the permeate outlet. During outside-in 

operation, the feed water passes from outside the fiber through the fiber wall to the inside, 

where the filtrate is collected in the lumen and then directed to the permeate outlet 

(Figure 2-5). Compared to outside-in operation mode, the inside-out mode utilizes a 

better-defined feed flow path that is advantageous when operating under a crossflow 

hydraulic configuration, but the membrane lumen is somewhat more subject to clogging 

if the feed water has high suspended solids. The outside-in mode increases the available 
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membrane surface area for filtration per fiber and avoids potential problems with 

clogging of the lumen.  

 

 

Figure 2-5. Inside-out and Outside-in Operation Modes of Hollow-Fiber Modules 

(Environmental Protection Agency, USA, 2005) 

2.2.3.2 Spiral Wound Modules 

Spiral-wound modules were the most efficient configuration that developed for 

the use of semi-permeable membranes to remove TDS, and they are most often 

associated with RO/NF membrane process though some new designs of MF spiral-wound 

modules are available these days. In a unit of spiral-wound module, two membrane sheets 

are placed back to back and separated by a fine fabric spacer called permeate spacer. The 
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two membrane sheets and the permeate spacer form a leaf. Leaves are separated by a 

layer of plastic mesh called concentrate spacer which serves as the feed water channel 

and also is designed to reduce concentration polarization in desalination. Leaves wound 

around a central perforated tube, with three edges of the leaves are glued and the unglued 

edge is sealed around the central tube to collect permeate water. The structure of a spiral-

wound unit is illustrated in Figure 2-6. In filtration, feed water enters the channels created 

by concentrate spacer and flow across the membrane surface in a path parallel to the 

central tube. Portion of the feed flow passes through the membranes under the pressure 

and flows to the central tube following permeate carrier. Most of the dissolved solids and 

particulate contaminants are rejected by the semi-permeable membrane. The rejected 

flow is gradually concentrated and flows across the membrane surface leaving the 

module and entering the next module or being collected for further treatment.  

Spiral-wound modules for drinking water treatment are commercially available in a 

variety of sizes. Modules that are either 4 or 8 inches in diameter and either 40 or 60 

inches long are most common, though other sizes are also available. Generally, some 

bench- and pilot- scale applications utilize smaller diameter modules like 2.5 inches or 4 

inches, while full scale facilities usually use modules up to 16 inches in diameter.  
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Figure 2-6. Spiral-wound Membrane Module (Hydranautics, 2009) 

2.2.3.3 Tubular Modules 

In tubular modules, a number of membranes of tubular shape are encased in a 

container. Feed water always flows through the center of the tubes while the permeate 

passes through the porous supporting tube into the module housing.  Ceramic membranes 

are mostly assembled in such tubular module configurations (Figure 2-7). The 

advantages of this configuration are that membrane replacement is convenient and 

membrane cleaning is easier compared to other configurations like spiral-wound 

membranes. And pretreatment requirements are not so strict. The disadvantages include 

high energy consumption per unit water treated and low membrane surface of the unit 

module (Chen, Mou, Wang, & Matsuura, 2006).  
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Figure 2-7. Schematic drawing of a tubular module 

2.2.3.4 Plate Frame Modules 

Plate and frame module appeared in the earliest stage of industrial membrane 

applications (Chen, Mou, Wang, & Matsuura, 2006). The structure of plate and frame is 

simple and membrane replacement is easy. A plate and frame stack can be consisted of a 

number of plate compartments in which two membrane sheet are sandwiched between 

two plates and separated by a layer of plastic spacer with their membrane sides facing the 

spacer. Portion of the feed water passes through membranes and is collected on the sides 

of supporting plates.  The number of compartments of membrane depends on the 

membrane area required for filtration. Usually the diameter of the module is small, varied 

from 20 to 30 cm. The total membrane area is limited by the height of the module. The 

plate and frame module is illustrated in Figure 2-8.  
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Figure 2-8. Schematic of a plate and frame module (Chen, Mou, Wang, & Matsuura, 

2006) 

2.3 Membrane System Hydraulic Configurations 

There are a number of different hydraulic configurations in which the various 

membrane filtration systems can be operated, but each of these configurations can be 

categorized into one of two basic modes of operation: dead-end mode and crossflow 

mode. 

The dead-end operation is the simplest design, as shown in Figure 2-9A. The 

applied pressure forces the water pass through the membrane, while the rejected 

components in the feed is left behind and accumulates at the membrane interface. The 

dead-end operation has higher water recovery but the permeate quality decreases with 

operation time and membrane fouls quickly. For industry applications, a crossflow 

operation, as shown in Figure 2-9B, is preferred for its low fouling tendency compared 
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with the dead-end mode. In crossflow operation, the feed water flows parallel to the 

membrane surface. The applied pressure will force portion of the feed stream through the 

membrane, the rejected components and a fraction of water is left behind and is called 

concentrate stream. So the composition of the feed stream changes along the module. The 

membrane flux and the system recovery can be controlled through module configuration. 

In the crossflow operation, the membrane permeate flux decline is relatively smaller, but 

because portion of water will be rejected and wasted, so the water recovery is relatively 

lower. For a given module design and feed water quality, the crossflow velocity is a 

critical parameter that determines mass transfer in the module. Higher crossflow velocity 

can help to reduce concentration polarization layer and scaling or fouling of membrane. 

 

 

Figure 2-9. Schematic drawing of dead-end and crossflow operation  
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2.4 Basic Principles and Modeling of Membrane System 

2.4.1 Membrane Recovery 

Membrane separation process can be performed in either recovery mode or one-

pas mode base on nature and objective of tests. In recovery mode, concentrate stream is 

recycled to feed container while permeate stream is abandoned, and this mode is usually 

used in bench scale test. In one pass mode, both concentrate and permeate stream are 

abandoned or collected in a separate container just as in most pilot and full scale plant 

operations. Membrane recovery may be calculated in different ways for two different 

operation modes. For recovery mode, the membrane recovery is expressed as percent of 

permeate volume to the initial feed volume as the following: 

� = ��������	
����	���������
�������	����	
���� × 100                                           (1) 

For one pass mode, the membrane recovery is defined as the percent of permeate 

flow rate to the feed flow rate as shown: 

� = �
� × 100                                                                                (2) 

Where, q = permeate flow rate, L/s 

Q = initial feed flow rate, L/s 

2.4.2 Permeate Flux 

The permeate flux is the volumetric rate of flow of permeate pass through unit 

area membrane and it is defined as the following: 

� = �
�                                                                                              (3) 

Where J = permeate water flux, L/(s·m2)  
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            a = membrane area, m2 

For RO/NF membrane, permeate flux can also be calculated through the 

following equation: 

             � = � × ���                                                                              (4) 

Where, A = water transport coefficient of RO membrane, L/s/m2/psi 

        NDP = net driving pressure, psi 

For MF/UF membrane, permeate flux can also be expressed in the term of trans-

membrane pressure and membrane resistance: 

� = 	 ���                                                                                          (5) 

Where, TMP = trans-membrane pressure, psi 

      R = membrane resistance, (psi·s·m2)/L 

2.4.3 Mass Balance 

Solute mass balances can be obtained for membrane tests. For different operation 

modes, solute mass balance can be expressed by different equations. For recovery mode 

operation, it is defined as the following: 

!�"� = !�"� + !�"�                                                                   (6) 

For one pass mode operation, the mass balance can be expressed in the term of 

flow rate as shown below: 

$�"� = $�"� +$�"%                                                                 (7) 
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Where, V, Q and C represent the volume, flow rate and solute concentration respectively. 

Their units are L, L/s and mg/L respectively. The subscripts f, p and c denote the feed, 

permeate and concentrate stream respectively.  

2.4.4 Membrane Permeation Coefficient (A) and Salt Transport Coefficient (B) 

Membrane permeation coefficient A and salt transport coefficient B are important 

parameters to evaluate membrane fouling or scaling. When membrane fouling or scaling 

occur, A will drop because of cake layer formation on the membrane surface and block of 

water passage through membrane. B change is generally dependent on fouling type of 

membrane. When membrane is scaling, B increases, while biological fouling or colloidal 

fouling of membrane may cause drop of B. A and B are mathematically defined as 

follows: 

� = �
�×&'�                                                                                   (8) 

( = )*×%+
%,-%+                                                                                    (9) 

2.4.5 Membrane Rejection 

Solute removal is defined as the percentage of a solute removed from the feed 

stream by the membrane and may be calculated by the formula shown below. Solute 

removal may be calculated for any parameter of interest (turbidity, total suspended solids, 

total organic carbon, etc.). 

�. = 	 %,-%+%, × 100% = 01 − %+
%,2 × 100%                                 (10) 
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2.4.6 Trans-Membrane Pressure (TMP) 

The TMP is the difference between the average feed/concentrate pressure and the 

permeate pressure. For the crosslfow mode of operation, the TMP can be calculated by 

the following expression: 

34� = �,5�6
7 − ��                                                                     (11) 

Where, Pf = feed pressure, psi 

            Pc = concentrate pressure, psi 

            Pp = permeate pressure, psi 

For the dead-end mode of operation: 

34� = 	�� − ��                                                                          (12) 

It should be noted that, with MF/UF, the feed pressure and concentrate pressure 

are equal.  

2.4.7 Net Driving Pressure (NDP) 

The NDP is the pressure available to drive the feed water through the membrane 

minus the permeate and osmotic pressure: 

��� = 	 �,5�87 − �� − ∆:                                                            (13) 

Where, ∆: = differential osmotic pressure, psi 

NDP is the effective driving force for the flux, and it is an overall indication of 

the feed pressure requirement. It is used, with the flux, to assess membrane fouling. 
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2.4.8 Osmotic Pressure 

Osmotic pressure is the pressure required to balance the difference in chemical 

potential of a solute and it is given the symbol π (MWH, 2005). The osmotic pressure can 

be obtained through a formula derived from van’t Hoff equation: 

: = ;∅"�3                                                                                                       (14) 

Where, i = number of ions produced during dissociation of solute 

           ∅ = osmotic coefficient, unitless 

           C = concentration of all solutes, moles/L 

R = universal gas constant, 1.205935 L·psi/(moles·K) 

T = absolute temperature, K 

2.4.9 Backwash Volume 

MF/UF backwash volume can be estimated with the following equation: 

! = �=. =?	@ABCDAEℎGE	HGI	JAK	 × !=LMNG	HGI	@ABCDAEℎ = 	 OPPQRST
RSUVW

     (15) 

Where, BWv = volume of water used per backwash, L 

           BWint = backwash interval, minutes 

A mass balance formula can be used to estimate the concentration of feed water 

constituents in the backwash water: 

"RS = 	 %,O-�                                                                                                          (16) 

Where, Cf = concentration of constituent in the feed water  

    r = system recovery 
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2.4.10 Langelier Saturation Index (LSI) 

LSI is the most common method for determining the solubility of calcium 

carbonate in water. Waters that are negative on this index indicate an undersaturated 

condition with respect to CaCO3 (tendency to dissolve CaCO3), whereas waters that are 

positive indicate an oversaturated condition (tendency to precipitate CaCO3). The LSI 

equation is as follows: 

XYZ = H[ − H[\                                                                     (17) 

H[\ = ]9.3 + � + (` − ]" + �`                                           (18) 

Where, pHs = saturation pH for CaCO3 

    � =	 ��abc�'d-OOQ  

    ( =	−13.12 × L=fOQ]273 +℃` + 35.55 

    " =	 L=fOQj"�75AE	"A"klm − 0.4 

      � =	 L=fOQj�LCAL;o;pK	AE	"A"klm 

2.4.11 Silt Density Index (SDI) 

The tendency for the water feed to foul a membrane can be evaluated with a 

filterability test called the silt density index (SDI). The SDI is primarily applicable in 

NF/RO. The test is very simple and consists of a 0.45-µm cellulose acetate membrane in 

a dead-end filtration cell (Figure 2-10). The test is conducted for 15 minutes, labeled the 

total test time, Tt or T15. The time, in minutes, needed to collect the initial 500 mL of 

filtrate is recorded as Ti. The time needed to collect another 500 mL of filtrate after the 

filter has been online for 15 minutes is recorded as Tf. Standard conditions for the SDI 
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determination call for a 47-mm-diam (1.85-in.-diam) filter and an applied pressure of 30 

(±1 psi) psi and a total test time of 15 minutes (ASTM International, 2006). In the 

measurement, 500 mL water based on 47 mm filter, for other size membranes, volume 

should be proportional to the filter area. T should be constant (≤ ± 1 oC) through the test. 

The SDI is calculated according to 

T

t
t

TPSDI
f

i

t

100)](1[

),(%, 30

×−

==                                               (19) 

Where:  ti = initial time required to collect 500 mL of sample 

             tf = time required to collect 500 mL of sample after test time T (usually 15 

minutes) 

              T = total elapsed time, min (usually 15 min) 

 

                              

Figure 2-10. Hydraulic schematic of the SDI measurement 
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2.5 Restrictions of Membrane Application in Water and Wastewater Treatment 

One factor that constrains membrane separation process the membrane 

performance deterioration after a period of operation due to membrane fouling or scaling. 

Fouling and scaling may cause product water quality to deteriorate, the productivity to 

decline and the maintenance and energy cost to boost (Butt, Rahman, & Baduruthamal, 

1997). Usually, periodical chemical cleaning can help to recovery all or majority of 

membrane permeability. But when membrane is fouled or scaled to a certain point and 

even chemical cleaning cannot help to recover its permeability, membrane has to be 

replaced. The membrane cost usually constituents 20 – 30% of capital cost (Graham, 

Reitz, & Hickman, 1989) and membrane replacement constituents about 25 – 30% of 

operating cost (Leitner, 1987).     

Fouling is a condition in which a membrane undergoes plugging or coating by 

some element in the stream being treated, in such a way that its output or flux is reduced 

(Slater, Ahlert, & Uchrin, 1983). Membrane foulants can be classified broadly into three 

categories: organic matter, colloidal and particulate matter and biological growth. 

Dissolved organic matters, together with particulate matter, are the most serious foulant, 

especially since they are the most difficult to remove via conventional treatment (Potts, 

Ahlert, & Wang, 1981). Colloidal clay fouling of RO membrane is always a headache 

causing problem in surface water RO treatment plants (Figure 2-11). Biological activity 

can influence membrane operation in two ways: through direct attack resulting in 

membrane decomposition and through formation of flux inhibition layer, either on the 

surface or inside membrane pores (Wojslaw, Grantham, Arora, & Trompeter, 1983). 
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Cellulose acetate membranes are particularly susceptible to biological attack. Organism 

may be present in the feed or may come from other sources, i.e., airborne algae or fungi.  

 

 

Figure 2-11. SEM image of clay fouled RO membrane (left) and clean membrane (right) 

As water recovery in an RO system increases during the separation process, 

concentrations of some salts in the concentrate stream increase. If solubility limits are 

exceeded, precipitation of salts occur on the membrane surface, forming scale which 

impedes permeation of water. Some common inorganic scalants in water include Ca2+, 

Mg2+, Ba2+, CO3
2-, and SO4

2-. Membrane scaling only occurs to RO and NF membranes 

that can reject ions. SEM image of scaled RO membrane surface is shown in Figure 2-12.  

Membrane fouling or scaling can be mitigated by providing pretreatment or 

chemical treatment to membrane feed water. Some examples are slow sand filter can be 

used to remove fraction of dissolved organic carbon, precipitation with dolomitic lime 

and/or alum addition prior to sand filtration can be helpful to remove colloids and 

particulate matters (Potts, Ahlert, & Wang, 1981). Antiscalants are usually used these 
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days to delay precipitate scaling of RO/NF membrane, and chlorine and other 

disinfectants are very effective to control bio-fouling of membrane. One pretreatment 

method or sometimes a combination of multiple pretreatment methods is required to 

mitigate membrane fouling or scaling. 

 

 

Figure 2-12. SEM image of scaled membrane surface 
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CHAPTER 3 SUMMARY OF METHODS 

3.1 Plate and Frame Reactor Set Up and Operation 

Some bench scale membrane testers are commercially available. A commonly 

used reactor is GE SepaTM CF II Med/High Foulant System (Figure 3-1), which is also 

used in this research study. The Sepa CF II simulates the flow dynamics of larger 

commercially available membrane elements. It is a versatile membrane cell and can be 

used as a membrane evaluation device, process development tool or for small-scale 

production. With this membrane cell, operating conditions, fluid dynamics and pressure 

levels can be easily modified to simulate a broad range of application. On Sepa CF II 

Membrane Cell system, all flat sheet membranes including reverse osmosis (RO), 

nanofiltration (NF), ultrafiltration (UF) and microfiltration (MF) can be used. 

 

Figure 3-1. GE Sepa CF II Med/High Foulant Membrane Cell System 
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GE Sepa CF II Membrane Cell System is a crossflow membrane filtration unit 

capable of withstanding up to 1000 psi pressure with stainless steel cell body and 

anodized aluminum cell holder. The operating parameters and dimensions and other 

features of the Sepa CF II Membrane Cell are listed in Table 3-1. 

Table 3-1. Operating parameters and dimension of GE Sepa CF II Membrane Cell 

System 

Parameters Values Units 

Effective Membrane Area 137.7 cm2 

Hold-Up Volume 70 mL 

Maximum Pressure 69  bar 

Maximum Temperature 177 oC 

pH range Membrane dependent 
 

Cell Body 16.5x21.3x5.0 cm 

Holder 20.0x28.0x20.0 cm 

Membrane 19.1x14.0 cm 

Feed Spacer 14.6x9.5 cm 

Permeate Carrier 14.6x9.5 cm 

 

In operation, a single piece of rectangular-membrane is installed in the cell body 

bottom on top of the feed spacer and shim (optional) with membrane side facing the 

bottom plate. Guideposts assure proper alignment of the membrane. The permeate carrier 

is placed into the cell body top, which fits over the guideposts. The cell body is inserted 

into the cell holder. Hydraulic pressure is applied to the bottom of the holder. This 
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pressure causes the piston to extend upward and compress the cell against the cell holder 

top. Double O-rings in the cell body provide a leak-proof seal (Figure 3-2) (GE, 2010). 

The feed stream is pumped from feed vessel to the feed inlet which is located on 

the cell body bottom. Flow continues through a manifold into the membrane cavity. Once 

in the cavity, the solution flows tangentially across the membrane surface. Solution flow 

can be controlled and is laminar or turbulent depending on the feed spacer and the fluid 

velocity used. A very small portion of the solution pass through membrane and flows 

through permeate carrier, which is located in the cell body top. The permeate flows to the 

center of the cell body top and is collected in a manifold, and then flows out through the 

permeate outlet connection into a permeate collection vessel or back to the feed vessel 

depending on the operation mode. The concentrate stream, with the material rejected by 

the membrane, continues sweeping over the membrane and is collected in the outlet 

manifold flowing through the concentrate flow control valve into a concentrate vessel or 

back to the feed vessel. The concentrate flow control valve is used to control the feed, 

back pressure that drives water through membrane.  

With this setup, users can run the system in recycling mode or one pass mode. In 

recycling mode, both concentrate stream and permeate stream are recycled to feed vessel 

(full recycling) or only concentrate stream is recycled while permeate stream is collected 

in a separate vessel (partial recycling). In one pass mode, neither concentrate stream nor 

permeate stream is recycled.  
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Figure 3-2. Principles of operation of GE Sepa CF II Membrane Cell System (GE, 2010) 
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The GE Sepa CF II Med/High Foulant Membrane Cell from GE was used in 

laboratory set up, but the process units were modified to make it work better to perform 

the designed experiments. The detailed modification and schematic experimental set up is 

shown in Chapter 4.  

3.2 Anti-Scalant Comparison Test Set Up 

In the supersaturated solution, it is believed that the crystals form through 3 stages. 

In the first stage, ions in the supersaturated solution cluster and form proto-nuclei of up to 

1000 atoms. In the second stage, proto-nuclei grow, and ions start ordering themselves 

and form regular-shaped nuclei. Nuclei grow to form crystals in the third stage. Once the 

precipitation process starts, ions cluster to form proto-nuclei, the concentration of free 

ions in the solution will decrease and the conductivity of the solution will drop. The 

proto-nuclei begin to scatter light, and as proto-nuclei grow, the absorbance of the 

solution will increase. Thus, the induction time, the time period usually elapsing between 

the attainment of supersaturation and the appearance of the first crystals (Tavare, 1995), 

can be determined by monitoring solution conductivity and/or absorbance. Anti-scalant’s 

effectiveness is directly related to induction time of solid phase precipitation. So 

induction time can be used as standard metric for anti-scalant effectiveness comparison. 

The experiment setup is illustrated in Figure 3-3.  
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Figure 3-3. Experimental set up for induction time measurement 

Conductivity and absorbance data are plotted. Before induction period comes to 

the end, the conductivity and absorbance of the solution are constant. When ions in the 

supersaturated solution begin clustering to form proto-nuclei, the conductivity and 

absorbance of the solution change. So the induction time can be recognized as the point 

of inflection in the conductivity and absorbance plots as illustrated in Figure 3-4. When 

conductivity and absorbance change of the solution gets to the extent that is enough to 

determine the induction time, or they keep constant in up to 40 hours, the experiment is 

stopped.  
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Figure 3-4. A typical curve of conductivity and absorbance in induction time 

measurement of solid phase precipitation 

Precipitation is a complex process, and the induction time of the precipitation is 

considerably influence not only by initial experimental conditions like supersaturation 

level, but also by process conditions like state of agitation, temperature, contact surface 

area of solution with container, the seeding etc. So in the experiments, except the 

objective variables like supersaturation level, anti-scalant dosage, all other experimental 

conditions should be precisely controlled. 

3.3 Membrane Autopsy Methodology 

3.3.1 Membrane Sample Preparation 

Totally two sets RO membranes were autopsied in the whole test process. The 

first set membrane was from the test operated at 80% water recovery, and the second set 

membrane was retired from the test of 85% recovery. Both sets of RO membrane were 
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taken out the pressure vessel 5 and 6 at the field RO water treatment site. After taken out 

of the pressure vessels, spent RO membranes were stored in the 4 oC cold room before 

membrane autopsy was done. When membrane elements were cut, pictures were taken 

for the membranes and notices on the membranes were logged. After the first element 

was cut, the membrane was unwrapped and flatted. Tiny brown spots were seen on both 

membranes and spacers. Effective membrane area was measured, which is 27.8 ft2. This 

area is very close to 28 ft2, the value provided by Hydraunatics, the manufacturer of the 

membrane. Three pieces fresh membrane was sent to Water Quality Center (WQC) in 

Environmental Research Lab at the University of Arizona for heterotrophic plate count 

(HPC) bacteria test immediately after those elements were open. In the HPC test, the 

membrane pieces were measured and 10mL of physiological saline was added to a 

stomacher bag containing the membrane pieces. The bag was put into the stomacher for 

90 seconds on high speed. The bag was also digitally manipulated to ensure the bacteria 

were removed from the membrane pieces and into the saline solution. The numbers of 

total bacteria were determined using R2A agar media (Difco, Sparks, MD) using the 

spread plate method.  Samples were diluted in physiological saline for assay of 10-1 thru 

10-5 dilutions.  All dilutions were assayed in duplicate.  The agar plates were then 

incubated at 30°C for 5 days and bacterial colonies counted.  

Wet foulant on the surface of membranes was scraped and collected in aluminum 

dishes. These dishes containing wet foulant were left in an oven preset to 80 oC overnight 

to remove the free water. The foulant was then secondly dried at 105 oC to remove any 

residual or combined water until constant weight was obtained. Part of the dried foulant 
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was ground and sent to the USIF and WQC for XRD and TOC/TIC analysis respectively. 

And the rest of dried foulant was ignited at 600 oC until the weight is stabilized. The 

foulant was weighed and compared to the weight before ignition to measure the 

percentage of ignitable content in the membrane foulant.  

Membrane samples for Scanning Electron Microscope (SEM) and Energy 

Dispersive X-ray (EDX) analysis were cut from middle area of membrane leaves in each 

element and dried in ambient air before dropped to the University Spectroscopy and 

Imaging Facilities (USIF) at the University of Arizona for SEM and EDX analysis. 

3.3.2 Membrane Autopsy Instruments 

Membrane interrogation procedures included Heterotrophic Plate Counts (HPC), 

Scanning Electron Microscope (SEM) and Energy Dispersive X-ray (EDX) (Hitachi S-

3400N Type II ), and X-ray Diffraction (XRD) (Scintag XDS 2000, wavelength CuK, 

alpha, lambda-1-54060 Ǻ) to provide bacterial numbers, visual images and chemical and 

crystalline compositions at membrane surfaces. Total organic carbon (TOC) and total 

inorganic carbon content in membrane scrapes were measured on a TOC/TIC analyzer 

(NA1500, Carlo Erba Instruments, Italy). 

3.4 RO membrane Chemical Cleaning 

When RO membrane permeability deteriorated to certain level, it must be cleaned 

with chemical reagents to recover its permeability. Usually, if RO membrane shows 10 – 

15% decrease in normalized permeate flow, it is the signal that chemical cleaning is 

needed. Cleaning reagents required for cleaning is usually dependent on the fouling 
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characterization. Typically, calcium carbonate scale, metal oxides/hydroxides scale and 

inorganic colloidal foulants can be cleaned with citric acid solution. Calcium, barium or 

strontium sulfate scale and mixed inorganic/organic colloidal foulants can be effectively 

removed by sodium tripolyphosphate (STPP) (Na5P3O10) and Na-EDTA high pH solution. 

STPP and Na-dodecylbenzene sulfonate (Na-DDBS) (C6H5(CH2)12-SO3Na) high pH 

solution can be used to clean biological matter and organic matter on membrane. A 

proper cleaning solution should be selected for effective membrane permeability recovery. 

These cleaning solutions are commercially available. 

Tangerine Rd site pilot was cleaned using a high pH cleaning solution. Sodium 

hydroxide (NaOH) was used to raise the pH of solution to 12.0.  Hydrochloric acid (HCl) 

was used to readjust the pH of the solution to neutral level (pH ~ 7.0) before it is drained. 

For both CCWRD and CLV pilots, a high pH cleaning solution of 2.0% (w) STPP and 

0.025% (w) Na-DDBS. pH of the solution was adjusted to 10 with NaOH, and it was 

neutralized with sulfuric acid (H2SO4) after cleaning before it is drained. For best 

cleaning efficiency, cleaning solutions were heated to 40 oC. Similar cleaning set up 

(Figure 3-5) was used and same cleaning procedure was followed in each site cleaning.  
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Figure 3-5. RO membrane cleaning setup (Hydranautics, 2010) 

The cleaning procedure is as follows: 

1. Perform a low pressure flush without running RO high pressure pump by 

pumping clean RO membrane product water through the pressure tubes to rinse out the 

concentrate water and particles in the pressure vessel. This clean water flush is about 10 – 

15 minutes. 

2. Circulate the cleaning solution through the pressure vessels for approximately 

one hour. At the start, send the displaced concentrate water to drain and then divert about 

10% of the most highly fouled cleaning solutions to drain before returning to cleaning 

solution tank. The flow rate is the maximum design flow rate of CIP pump 

(approximately 3 GPM for Tangerine Rd site RO pilot and 7 GPM for CCWRD and CLV 

pilots).  

3. Shut down the circulation pump and close all the valves and soak the 

membrane for approximately one hour.  
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4. Rinse the pressure vessels with clean RO product water at low pressure to 

remove all traces of chemicals from cleaning skid and the RO pressure vessels. This step 

may take about 30 to 60 minutes. Clean water rinse should be stopped until pH and 

conductivity of the concentrate stream effluent of rinse water is very close to the feed 

rinse water.  

5. Cleaning solution is neutralized and drained. 
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CHAPTER 4 BENCH SCALE INVESTIGATION OF RO MEMBRANE 

APPLICATION IN CAP WATER DESALINATION AND WATER REUSE  

4.1 Introduction 

In reverse osmosis (RO) treatment process design, it is normal to pilot the process 

to refine the design process before a full-scale plant is built and reveal potential problems 

and their solutions. Energy consumption evaluation, cost estimation and process 

optimization can also be done by piloting. For most pilot projects, bench scale tests are 

conducted prior to the pilot to mitigate some pilot test constraints. These disadvantages 

include the long run time before membrane performance difference is seen, and the high 

cost for membranes, chemicals, operation and maintenance. In RO membrane piloting, 

RO membrane elements and pretreatment technologies are usually the same as 

envisioned for the full-scale plants fewer stages or elements of membrane may be used. 

At pilot-scale, it may take a year or years to foul the membrane or complete the objected 

tests. It is impossible or too time consuming to test different operational conditions with 

the pilot setup.  

A bench scale set up is much more flexible for testing different operational 

conditions in a much shorter time period with much lower cost. In the bench scale 

membrane tests, minimized amount of membrane and samples are used, and this results 

in significant saving of time and money. So in the research and development activities, 

bench scale test is the first step to run tests, collect data for future larger production runs 

with scale-up studies (GE, 2010). 
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The objective of this research work is to study the effects of operational 

conditions (temperature, transmembrane pressure, feed water concentration, crossflow 

velocity, and spacer configuration) on permeate flux and concentration polarization using 

bench scale reactors. Efforts to establish membrane scaling mechanism in RO membrane 

desalination of CAP water and to establish the impact of pre-oxidation pretreatment on 

membrane fouling in water reuse were also carried out.  

4.2 Bench Scale Experiment Setup 

The GE Sepa CF II Med/High Foulant Membrane Cell was purchased from GE, 

but the process units were modified to make it work better to perform the designed 

experiments. The modified system is illustrated in Figure 4-1. A variable speed pump 

was used in the system to deliver the designed flow rate to the membrane cell. This was a 

piston pump which caused pulsation and pressure fluctuation on the membrane. The 

pressure fluctuation might be up to 30 psi of target pressure. A pulsation dampener was 

installed immediately after pump to dampen the pump pulsation, and it reduced the 

fluctuation to less than 1 psi. A carbon filter and cartridge filter were installed after the 

pulsation dampener to pre-treat water for RO membrane to remove any suspended solids, 

organic matter and debris in the feed water. The filtered feed water flowed through a 

copper coil in a chiller to control the water temperature. The water temperature was set at 

30-oC in the tests unless otherwise stated in experiment descriptions. A flow meter was 

installed in the concentrate line to measure the concentrate flow rate. The permeate flow 

rate was measured using a graduated cylinder, a stop watch and a scale. The weight of 

permeate water collected in one minute was recorded and later converted to volume at 
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30-oC or another temperature specified in the tests. Conductivities of feed water, 

concentrate and permeate water were measured using WTW Inolab Cond Level 2 

conductivity meter. Most tests were run in full recycling mode unless otherwise specified 

to keep feed water quality constant. A low-flow pump was selected to match crossflow 

velocities in the bench-scale reactor with those of spiral wound membrane in the field. 

The detailed schematic diagram is shown in Figure 4-2. 

 

 

 

 

Figure 4-1. Modified GE Sepa CF II Med/High Foulant Membrane Cell system 

 

A: feed water container;   B: variable speed pump;     C: pulsation dampener 

D: carbon filter;                E: cartridge filter;                F: copper coil in chiller    

G: pressure gauge;            H: plate frame;                     I: back pressure valve    

 J: flow meter 
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Figure 4-2. Detailed schematic diagram of array of membrane and spacers inside the cell 

body 

4.3 Experimental Results 

4.3.1 Temperature Correction of Permeate Water Flux 

At the Tangerine Road site field, the water temperature fluctuated seasonally. The 

water temperature can vary from 10-oC in winter to up to 32-oC in summer (Figure 4-3). 

Viscosity of water is a function of temperature. The viscosity of water from 10-oC to 40-

oC is listed in Table 4-1 (wikipedia.org, 2010). At higher temperature, the viscosity of 

water is lower, which makes it easier to pass through an RO membrane. Membrane 

properties such as membrane structure also change with temperature variation (Jin, 2009). 

Because of these two factors, temperature variation may cause permeate flux fluctuation 
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in the absence of fouling or scaling. Thus to study the performance of RO membranes 

under variable temperature conditions, a temperature correction of permeate flux must be 

determined and applied. A bench scale experiment was done to evaluate the significance 

of temperature impacts on permeate water flux, and experimental data were used to 

compare two temperature correction factor (TCF) models. 

 

Figure 4-3. Water temperature profile for RO system at Tangerine Road site 

Table 4-1. Water dynamic viscosity at different temperatures 

Temperature [°C] Viscosity [mPa·s] 

10 1.3080 

20 1.002 

30 0.7978 

40 0.6531 
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In the tests, a sodium chloride (NaCl) solution was used. The solution was made 

by adding NaCl crystals to 20 liters of DI water to obtain a conductivity of 3690 uS/cm or 

1850 mg/L NaCl. The high solubility of NaCl and absence of organic matter in the 

solution, made scaling or fouling of the membrane unlikely, so any permeate flux change 

would be responding to the temperature change only, assuming that all other operation 

parameters were held constant. In the test, membrane ESPA2-2540 (Hydranautics) was 

used and the operational conditions follow. Pfeed = 80 psi, dp = 6 psi, crossflow velocity = 

7.5 cm/s. The same operational conditions were used in other tests unless otherwise 

specified. Tested temperature ranged from 10 to 30-oC in 2-oC intervals. The permeate 

flow rate data are plotted in Figure 4-4. 

 

Figure 4-4. RO membrane permeate flow rate as a function of feed water temperature 
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The measured permeate flow rate increased from 3.15 g/min at 10-oC to 6.23 

g/min at 30-oC. That is, on average, the permeate flow rate of this RO membrane 

increased by 3.5% with each 1-oC temperature increase in the feed water temperature.  

To correct temperature effects on membrane permeate flow rate, typically the 

permeate flow rate at different temperatures is normalized to its value at 25-oC. In the 

literature, two empirical models are usually used for temperature correction (US EPA, 

Office of Water, 2005) (Wang, Chen, & Shammas, 2010). In the evaluation of RO 

membrane performance at the Tangerine Road field site, equation (20) was used for 

temperature correction. 

3"q = �rs
�t = 1.03�-7u                                                                 (20) 

3"q = �rs
�t = Gvw b

txryz-
b
r{|}                                                           (21) 

Where TCF = temperature correction factor, unitless 

  Q25 = permeate flow rate normalized to 25 oC, g/min  

   QT = permeate flow rate at test temperature T oC, g/min 

     U = a constant which is RO membrane material specific, unitless 

In the comparison of equation (20) and (21), the ratio of measured membrane 

permeate flow rate at 25-oC to that at other temperatures from 10 to 30-oC was calculated 

and plotted as Q25/QT. The simulation of temperature correction by each model was also 

plotted and compared with the experimental data (Figure 4-5, Figure 4-6). For equation 

21, the constant U was given by the manufacturer as 2960 for this polyamide composite 

RO membrane. Constant U can also be found by plotting ln$7u $��  verses
O

�57�l −
O
7��, 



104 

 

where the slope of the linear line is U. By this means, the U was found to be 2958, which 

is very close to the value of 2960 given by the manufacturer (In the figure simulation, the 

value of 2958 was used). 

 

 

Figure 4-5. Simulation of temperature correction by model (20) and comparison with 

experimental data 
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Figure 4-6. Simulation of temperature correction by equation (21) (U=2958) and 

comparison with experimental data 

Equation (20) fitted the data well at the temperatures around 25-oC, but the 

disagreement between simulation and experiment data increased as temperature is further 

away from 25-oC. At 10-oC, the difference was about 8.8%. This means that if an RO 

membrane is operated in temperatures much different than 25-oC, this model will 

normalize the membrane permeate flow rate with significant error, which may lead to 

incorrect membrane performance evaluation. Equation (21) fit the experiment data well 

in the tested temperature range with a constant U=2958. With a constant characterizing 

membrane materials equation (21), this model can be used for temperature corrections for 

different types of membrane as long as the U is provided by manufacturer or can be 

obtained through tests. It is recommended that this equation be used in the future in 

membrane permeate flow rate data analysis.  
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4.3.2 Trans-Membrane Pressure (TMP) and Permeate Flow Rate 

This experiment was to test how trans-membrane pressure changes the permeate 

flow rate. The test followed the same procedures as in the last experiment except that the 

NaCl concentration was 2110 mg/L. Feed pressure was the only independent variable 

changed in the test, and it varied from 45 psi to 80 psi. Temperature was 30-oC and 

crossflow velocity and membrane type were identified to the previous test. All these 

operational conditions were constant throughout the test. TMP was determined using the 

following equation. 

34� = ���� − ����� − ∆:                                                          (22) 

Where Papp = average applied pressure, psi 

          Pperm = pressure on the permeate side of RO membrane, psi 

 ∆: = differential osmotic pressure, psi 

In the test, feed pressure (Pfeed), reject pressure (Preject) and permeate pressure 

(Pperm) are recorded. Papp can be obtained from Pfeed and Preject assuming that pressure 

drops linearly in the flow channel.  

���� = �,���5�����8W
7                                                                        (23) 

For the RO membrane, Pperm is usually very low compared to Pfeed and Preject and it 

can be neglected in the TMP calculation (equation (22)). Differential osmotic pressure is 

the osmotic pressure difference between feed water and permeate water. Osmotic 

pressure is strictly a function of the solute concentration and can be determined by the 

van’t Hoff equation (MWH, 2005). 

: = ;∅�"�3                                                                                   (24) 
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Where i = number of ions produced during dissociation of solute 

          � = concentration polarization index, unitless 

          ∅ = osmotic coefficient, unitless 

          C = concentration of all solutes, moles/L 

           R = universal gas constant, 1.20594 L·psi/moles·K   

           T = absolute temperature, K 

So differential osmotic pressure is, 

∆: = ;∅�"���� − "������3                                                               (25) 

Substituting equations (23) and (25) into (22) yields 

34� = �,���5�����8W
7 − ;∅��"���� − "������3                                (26) 

The concentration polarization index (�` for each tested TMP was calculated 

using the model that developed in Chapter 5. That is,  

   
cpkJw

e

ej
R

ej
R

=
−− )1(β

                                                                    (27) 

     
f

p

ej
C

C
R −= 1                                                                                    (28)         

Where, Rej = rejection of solute, % 

              Jw = permeate water flux, m/s 

             kcp = the solute mass transfer coefficient in the boundary layer, m/s 

              Cp = solute concentration in permeate stream, mole/L 

              Cf = solute concentration in feed slow, mol/L 
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The measured flow rate was converted to permeate water flux (Jw) using equation 

29 and Jw was plotted versus TMP in Figure 4-7. 

�� = $���� A�                                                                                      (29) 

Where, Qperm = permeate flow rate, m3/s 

        a = membrane area, m2 

 

Figure 4-7. Permeate flow rate at different transmembrane pressures 

The calculated β is plotted versus the TMP in Figure 4-8.  
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Figure 4-8. Concentration polarization index β at different transmembrane pressures 

High TMP increased permeate flux, but also led to higher concentration 

polarization index values. When TMP increased from 15.7 psi to 40 psi, the 

corresponding concentration polarization index β increased dramatically, from 1.12 to 

1.44. From equation 24, due to the higher concentration polarization index, when feed 

pressure is 80 psi, osmotic pressure at membrane surface is about 10 psi higher than when 

feed pressure is 45 psi.  

4.3.3 Crossflow Velocity Effects on Permeate Flow 

One advantage of the crossflow membrane process is that crossflow can produce 

turbulence near the membrane surface and thus reduce the concentration polarization 
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layer (wikipedia.org, 2011). This experiment is to study crossflow velocity effects on the 

concentration polarization layer and permeate flow rate.  

Crossflow velocity was varied by changing feed flow rate. Crossflow velocities 

ranged 4.4 cm/s to 9.0 cm/s. The crossflow velocity in the pilot RO system at Tangerine 

Road field site is about 7.5 cm/s, so it falls in the tested range. A 2.425 g/L NaCl solution 

was used in this experiment. Salt flux (Js) was obtained using equation 30, and Jw and Js 

versus crossflow velocity are plotted in Figure 4-9.  

�\ =	$\��� A� = 	 �� × "�                                                                  (30) 

 

Figure 4-9. Water flux (Jw) and salt flux (Js) at different crossflow velocities 

Concentration polarization index for each crossflow velocity is plotted in Figure 

4-10.  
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Figure 4-10. Concentration polarization index β at various crossflow velocities 

As expected, the higher crossflow velocity reduced the concentration polarization 

layer thickness, which caused a higher permeate flow rate at the same feed pressure. As 

for salt flux, Jw is higher at a higher crossflow velocity, and Cperm is higher at lower 

crossflow velocity. As the product of Jw and Cperm, Js is experimentally lower at higher 

crossflow velocity (Figure 4-9). Evidently higher crossflow velocity also helps to 

improve operational rejection by the membrane.  
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understanding of how the salt concentration in the feed solution impacts the permeate 

flow rate and concentration polarization index. 

NaCl was used in the test, and the concentration of salt varied from 4.26 mg/L to 

5.573 mg/L. Feed pressure was constant at 80 psi. The exit pressure on the feed was 74 

psi for each concentration. The permeate water flux versus NaCl concentration is shown 

in Figure 4-11.  

 

Figure 4-11. Permeate water flux for tests with different NaCl concentrations 

Using the Jw data and measured rejection in the experiment, the concentration 

polarization index β was obtained and plotted as a function of NaCl concentration in 
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Figure 4-12. Concentration polarization index β at different NaCl concentrations 

The concentration polarization index β decreased with increasing salt 

concentration, which was expected since at higher salt concentration, the osmotic 

pressure is much higher, and water flux and recovery were much lower than at a lower 

concentration. The feed pressure was constant at all tests, so with higher osmotic pressure 

at higher salt concentration, the TMP that drives water through membrane is lower. Tests 

results were consistent with the TMP test in the previous section. This test shows that 

high feed water solute concentration tends to minimize the concentration polarization 

index and energy consumption in RO membrane desalination. 
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4.3.5 Membrane Scaling by Concentrated CAP Water 

This experiment was designed for two objectives. The first was to measure the 

volume of water recovered before fast membrane fouling is observed on the membrane in 

a plate and frame reactor. After the membrane fouled, the spent membrane was autopsied 

to identify the foulant/scalant that was responsible for membrane performance 

deterioration.  

The test started with RO concentrated Central Arizona Water (CAP) from 

Tangerine Road field site. The water was taken from the RO concentrate stream at 80% 

recovery. In the run, the concentrate flow and permeate flow were recombined and 

recirculated for 137 hours to keep the feed water quality constant. After that, the 

permeate flow was discarded allowing the feed water to be further concentrated gradually 

to the level selected, after which the permeate flow was recombined with the concentrate 

and recirculated again. This procedure was repeated several times in the process to 

concentrate the feed water and accelerate membrane fouling or scaling. The feed water 

temperature was controlled at 30 oC and a constant feed pressure was applied throughout 

the test. The permeate flow rate and conductivity of feed water and permeate water were 

monitored and recorded.  

The conductivity profile of feed water and permeate water are plotted in Figure 

4-13. The permeate water flux and the water transport coefficient (A) (Chapter 2) of 

membrane in the test are plotted in Figure 4-14. 
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Figure 4-13. Conductivity of RO feed water and permeate water during membrane 

scaling trial using concentrated CAP water 

 

Figure 4-14. Permeate flux and water transport coefficient (A) during membrane scaling 

trial using concentrated CAP water 
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The reduction in permeate flux (Figure 4-14) was caused by a combination of 

membrane scaling/fouling, and increased osmotic pressure due to gradual concentration 

of the feed water.  The membrane water transport coefficient is the parameter that 

describes the permeability of the membrane. It can be seen that the membrane started to 

scale immediately after the test was started. After 600 hours of operation, scaling of 

membrane was accelerated due to further concentration of the feed water.  

The scaled membrane was air dried and autopsied for scalant/foulant 

characterization. Samples were taken from both the upstream and downstream ends of the 

membrane. The samples were analyzed using scanning electron microscopy (SEM) with 

energy dispersive x-ray analysis (EDX) (Figure 4-15, Figure 4-16, Figure 4-17). The 

analysis identified scale as silica and calcium carbonate. There was no evidence of 

barium sulfate and little evidence of calcium sulfate precipitation although previous work 

with CAP water suggested that barium sulfate should be first to precipitate (based on 

degree of saturation in CAP water) (Gabelich, Yun, & Green, 2002). This study showed 

that other minerals either co-precipitate or even dominate membrane scaling. This test 

result was later verified by the results of pilot test (Chapter 7).  
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Figure 4-15. SEM image and EDX analysis of virgin membrane (ESPA2-2540) 
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Figure 4-16. SEM image and EDX analyses of high pressure side of membrane scaled by 

concentrated CAP water (ESPA2-2540) 
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Figure 4-17. SEM image and EDX analyses of low pressure side of membrane scaled by 

concentrated CAP water (ESPA2-2540) 
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4.3.6 UV Treatment Impact on Membrane Fouling by Organic Matter in Wastewater 

Treatment Plant Secondary Effluent 

This study is part of a Tailored Collaboration funded by WateReuse Foundation 

commissioned to study the impact of oxidation processes on organic fouling of reverse 

osmosis (RO) membrane treatment systems employed for water reuse. This work 

investigates the use of four oxidation strategies prior to RO membrane treatment for 

organic fouling minimization:  UV, UV/peroxide, ozone, and ozone/peroxide. At the time 

of writing, the UV and UV/peroxide testing has been finished on a plate and frame 

reactor, whereas the ozone and ozone/peroxide bench scale study and UV and 

UV/peroxide piloting test is in progress.  

Feed water in the test was collected from the secondary treated effluent from the 

Clark County Water Reclamation District (CCWRD) in Las Vegas, NV. The secondary 

effluent was treated with UV light at a high fluence of 4000 mJ/cm2 and used to study the 

UV impacts on RO membrane fouling. The plate and frame reactor used in this test was 

similar with the previous setup but with the following modifications. A big pump was 

used in this setup. In normal operation, it delivered a higher flow rate than required for 

the test and bypass was used to recirculate the excess water to the feed tank. In addition, 

no cartridge filter was installed ahead of the membrane cell, which made it possible to 

pump suspended particles to the membrane cell and cause unwanted particle fouling of 

the membrane. Revision of the system is recommended and a cartridge filter will be put 

online for subsequent tests. The same brand of RO membrane (ESPA2, Hydranautics) 

was used in this test as in previous tests at the University of Arizona. In the test, a 
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constant permeate flow rate was maintained by adjusting feed pressure. The permeate 

flow rate was maintained at 7.0 mL/min, and concentrate flow rate was maintained at 2.0 

L/min. Because of the large volume of water in the feed tank, temperature was not 

controlled in this test, but feed water temperature, conductivity and pH were recorded. 

Permeate water conductivity, temperature and pH were also monitored. Because the 

objective was to study fouling by organic matter in the wastewater effluent, chloramines 

were added to the feed water to control any potential biofouling. The total chlorine level 

in the feed water was maintained higher than 3.0 mg/L and the free chlorine was 

maintained lower than 0.1 mg/L to protect the polyamide membrane. To evaluate RO 

membrane performance, the membrane permeate flux was normalized to flux at 25 oC 

with the temperature correction factor developed above. To verify the reproducibility of 

the results, the same test was run twice. The normalized temperature corrected water 

transport coefficient ratio (A/Ao) (Ao is initial membrane water transport coefficient) in 

each test was plotted in Figure 4-18.  
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Figure 4-18. Temperature corrected water transport coefficient ratio (A/Ao) of RO 

membrane in the test of UV impacts on organic fouling of membrane 

Because of the variation in water quality, membrane preparation, and other 

operation conditions between tests, there is variability between test results. But overall 

data showed acceptable reproducibility, with < 10% variability. The plots in Figure 4-18 

shows that even at a high fluence of 4000 mJ/cm2, UV light had little impact on 

membrane fouling rate compared to control feed water during the 4-6 day test period.  

4.3.7 UV+AOP Impacts on Membrane Fouling  

UV light is a reliable technology for water disinfection, but UV light is not 

aggressive enough to remove microbe cell or organic compounds in the water, and UV 
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penetration is limited by high suspended solids concentrations, color, turbidity and 

organic compounds in water (National Drinking Water Clearinghouse, 2000). The 

combination of UV and hydrogen peroxide is an emerging technology in water treatment. 

With the presence of hydrogen peroxide, the following reaction occurs, 

H2O2 + hv                2OH·  

Hydrogen peroxide is activated by UV light and produces two hydroxyl radicals (OH·). 

Hydroxyl radicals are aggressive and tend to completely oxidize and mineralize dissolved 

organic compounds in water (Heeks, Smith, & Perry, 1992).  This technology can be 

potentially used for RO pretreatment to remove organic foulants in RO feed water and to 

reduce RO membrane fouling. This hypothesis was tested using the flat sheet test reactor. 

In the tests, secondary effluent from the CCWRD plant supplemented with 10 mg/L H2O2 

was exposed to two UV doses (4000 and 2000 mJ/cm2). Experimental data were plotted 

in Figure 4-19.  
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Figure 4-19. Normalized temperature corrected water transport coefficient (A/Ao) of RO 

membrane in the test of UV/AOP impacts on organic fouling of membrane 

As shown in Figure 4-19, in the tests with no H2O2 addition, dosage of UV light 

did not make any difference on RO membrane fouling. For either dose, RO membrane 

lost about 60% permeability. With H2O2 present, UV light reduced membrane fouling 

dramatically in a test period of 117 hours. For UV doses of 4000 and 2000 mJ/cm2, RO 

membrane lost approximately 30% and 40% permeability respectively.  
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This UV/AOP process for reducing RO membrane fouling will be further tested at 

pilot scale and the pilot is being set up. More bench scale tests will be carried out to test 

membrane fouling reduction dependence on H2O2 dosage and O3/H2O2 technology will 

be tested.  

4.4 Discussion 

The Sepa CF II membrane cell is useful device and can be used for membrane 

evaluation, process development or for small-scale production. In this research work, it is 

used to evaluate pilot plant operation and optimize plant process. With this bench scale 

set up, the permeate flow dependence on feed water temperature and TMP was studied 

and results show that ESPA2-2540 membrane permeability increases b 3.5% with one 1 

oC higher temperature. When crossflow velocity increased from 4.3 to 9.0 cm/s, 

concentration polarization index was reduced significantly from 1.55 to 1.4. In the 

membrane scaling by concentrate CAP water test, the foulant/scalant were successfully 

identified to be clay and minor amount of precipitant crystals. The maximum recovery 

cannot be predicted with this set up, because of salt precipitation in the bulk solution. The 

membrane fouling tests showed that even high dose UV (4000 mJ/cm2) did not make any 

significant difference on membrane fouling by secondary effluent. While UV/AOP (10 

mg/L H2O2) helped to reduce membrane by 30% in the 120 hour test period. 

While in operation, several problems were noticed for this system. In the 

utilization of this system, caution should be applied to make it work properly for the 

research work. In the tests, high pressure is usually applied. The system always comes 

with a piston pump, which can supply the high pressure required for RO membrane 
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operation. Hydraulic oil is used in the piston pump for lubrication. The possibility exists 

that a small amount of hydraulic oil leaks into water and thus gets into the RO feed. RO 

membranes are very sensitive to oil and even a little amount of oil in feed water may 

form a thin coat on the membrane surface and foul the membrane. Oil leak problems 

were noticed on all the four units that were used in this research work (Figure 4-20). 

Before an experiment is done, pumps should be checked for oil leaks and control 

experiments should be carried out. If the TOC in the feed water is going up in a control 

experiment, the pump is leaking and the leaking should be fixed and the pump should be 

cleaned.  

 

Figure 4-20. Permeate flow in control experiment, using DI water at 30 oC, ESPA2-2540 

membrane, crossflow velocity at 7.5 cm/s 
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water flow rate will result in a pressure change, and thus cause deviation of the 

membrane water flux from projected flux. This flow rate change is most possibly caused 

by self-adjustment of bypass valve or air bubbles in the feed water. To solve this problem, 

one suggestion is try to avoid bypass flow in the system and instead pick up the right size 

pump for the designed flow in the tests. One more problem for the system is that only a 

very small piece of membrane (137.7 cm2) is used in the membrane cell. The permeate 

flow is only a very small fraction of feed flow, and in most cases, system recovery is 

lower than 1%. In this separation process, the concentrate stream is not concentrated 

much compared to the feed flow. So to study the scaling of RO membrane because of 

concentration of feed water, this system may not represent a real RO membrane 

separation system. The membrane cell has a very small volume and hydraulic retention 

time (HRT) in the cell is only about 2 seconds for a typical operation.  This HRT is so 

short compared to that of the whole system. So after salt was supersaturated in the feed 

water, salt precipitation was noticed in the feed tank. The salt precipitation in feed tank 

changes the feed water TDS and osmotic pressure, and brings an uncertainty factor to the 

test. For organic fouling, this problem may not exist since organic fouling is caused by 

organic matter adsorption or electrostatic force between organic molecules and 

membrane surface, which is different mechanism than precipitate scaling. 
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CHAPTER 5 PREDICTION/MEASUREMENT OF CONCENTRATION 

POLARIZATION INDEX DURING REVERSE OSMOSIS TREATMENT – 

INFLUENCE OF SPACER CONFIGURATION 

Abstract 

The influence of feed spacer thickness on membrane permeate flux was established by 

simulation and experiment using a plate-and-frame reactor.  Increasing the spacer 

thickness resulted in a higher permeate flux.  In this bench scale test, when spacer 

thickness increased from 17 mil to 65 mil, permeate flux was increased by 27%. The 

traditional model was used to calculate the concentration polarization index for each 

spacer tested.  Predicted results were compared to experimental data before the model 

was modified to account for geometric characteristics (thickness, spacer filament 

diameter (df), length of mesh sides (Im) and the angel of flow direction change (θ) for the 

various spacers tested.  The modified model improved agreement between model and the 

experimentally determined permeate flux. 

 

Keywords:  reverse osmosis, membrane separation, permeate flux, spacer design, 

concentration polarization index. 
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5.1 Introduction 

Membrane separation processes such as nanofiltration (NF) and reverse osmosis 

(RO) provide superior water treatment capabilities at cost that can be commensurate with 

water quality improvements. A major obstacle to long-term separation efficiency, 

however, is the permeate flux decline due to scale formation on membrane surfaces 

(Sablani, Goosen, Al-Belushi, & Gerardos, 2002). Membrane scaling is caused by 

mineral precipitation on the membrane itself, which can be significantly enhanced by 

concentration polarization (CP). During membrane separations, a concentration boundary 

layer forms near the membrane surface. Solutes tend to accumulate in the vicinity of the 

membrane surface due to convective flow toward the membrane and solute rejection. 

Under steady conditions, the solute concentration profile produces a diffusive transport 

away from the membrane surface, back into solution, that balances convective transport 

toward the membrane. In the boundary layer, local solute concentrations can be 

significantly higher than that of the bulk feed flow. When concentrations of solutes in the 

boundary layer exceed their respective solubilities, precipitation reactions can occur on 

membrane surfaces, accelerating scale formation and prematurely lowering membrane 

permeability. Other adverse outcomes include reduction of membrane flux due to 

increased osmotic pressure at the membrane surface and enhanced trans-membrane solute 

transport (lower apparent rejection). 

Various methods have been employed to minimize concentration polarization, 

normally by encouraging mixing near the membrane surface (Shakaib, Hasani, & 

Mahmood, 2007). The objective of back-mixing enhancement is commonly pursued 
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through the use of spacers in the feed solution channel. The feed channel spacer is an 

important component of membrane reactor design, primarily to create the feed channel 

itself by separating adjacent membranes. Feed spacers also increase the mass transfer 

coefficient in the concentration boundary layer (Lipnizki & Jonsson, 2002), reducing 

both concentration polarization and membrane scaling. Spacer effects are, however, 

generally not uniform across the membrane surface. Direct inspection of scale deposits 

on membranes in spent spiral would membrane modules showed that the feed channel 

spacer has a strong influence on the scaling patterns (Schwinge, Wiley, & Fane, 2001). 

That is, concentration polarization effects tend to be heterogeneous. Scale is most evident 

in stagnation regions introduced by the spacer (Geraldes, Semiao, & Pinho, 2003). The 

extent/distribution of stagnation regions is a function of seed spacer geometry, including 

the thickness of spacer filaments, filament angle, spacer porosity and so forth. 

Various models have been utilized to predict the concentration polarization index 

(β), commonly defined as the ratio of solute concentration at the membrane surface to the 

bulk or feed solute concentration and which quantitatively describes the severity of 

concentration polarization. This work is primarily an investigation into the effect of feed 

spacer thickness on the concentration polarization index. All other aspects of spacer 

geometry were held constant. The widely used steady film model was used to predict β.  

Using experimental data, the model was then modified to better account for variation in 

measured β values. 
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5.2 Theory 

5.2.1 The Basic Steady Film Mass Balance 

The concentration polarization (CP) model used initially is derived from steady 

state film theory and involves a balance between advective transport of solute toward the 

membrane and dispersive transport toward the bulk solution. Flow and solute 

concentration are assumed to be essentially uniform in the longitudinal direction (the 

primary direction of flow, Figure 5-1). 

 

Cf: solute concentration in feed flow 

Cm: solute concentration at the membrane surface 

Cp: solute concentration in permeate stream 

Figure 5-1. Schematic representation of concentration polarization at membrane 

surface—steady model based on a solute mass balance 
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Based on a mass balance on a conservative solute in an arbitrary control volume 

within the boundary layer: 

aCJa
dz

dC
DCaJ

dt

dM
pwLw

−+== 0           (31) 

where    M = mass of solute, g 

    t = time, s 

 DL = diffusion coefficient for solute in water, m2/s 

    z = distance perpendicular to membrane surface, m 

    a = surface area of membrane, m2  

   Jw = permeate water flux, m/s, 
a

q
J

w
=  and q is permeate flow rate, m3/s 

Rearranging, 

dz
D

J

CC

dC

L

w

p

−=
−

                  (32) 

And integrating equation (32) from the membrane surface t the top of the 

concentration boundary layer subject to C(0) = Cm and C(δb) = Cf yields: 

   cpwLbw
kJDJ

pf

pm
ee

CC

CC
==

−

− δ                 (33) 

in which kcp = DL/δb, the solute mass transfer coefficient in the boundary layer [m/s]. 

Two important correlations are available to estimate kcp (MWH, 2005):  

                     
32 )()(1

ααα ce SRSh =                 (34) 

where Sh = Sherwood number, dimensionless  
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   Re = Reynolds number, dimensionless 

   Sc = Schmidt number, dimensionless 

     α1, α2, α3 = empirical parameters, dimensionless 

            
L

Hcp

D

dk
Sh =                                                                        (35) 

In which, dH = hydraulic diameter of feed channel, m 

After substitution and rearrangement, 

32 )()(1

ααα ce

H

L
cp SR

d

D
k =              (36) 

In equation (36), α1, α2 and α3 are empirically determined parameter. Their values 

usually depend on the configuration of the flow channel and flow conditions. For spiral-

wound membrane elements containing feed channel mesh spacers and operating at 

relatively high flow velocities, the following values have been applied: α1 = 0.023, α2 = 

0.83, α3 = 0.33.  Thus kcp becomes 

33.083.0 )()(023.0 ce

H

L
cp SR

d

D
k =         (37) 

For a plate-and-frame reactor, α1 = 0.065, α2 = 0.875, α3 = 0.25, and kcp becomes 

25.0875.0
065.0 Ce

h

L
cp SR

d

D
k =           (38) 

In these equations, 

              
µ

ρν h
e

d
R =        (39) 



134 

 

              
L

c
D

S
ρ

µ
=                                                                        (40) 

Where    ρ = feed water density, kg/m3  

   v = velocity in the channel, m/s 

    µ = feed water dynamic viscosity, kg/m·s 

The hydraulic diameter is defined as  

             
perimeterwetted

tioncrossflow
d H

−

−−
=

)sec(4
         (41) 

Cross-flow membrane reactors are generally represented as a relatively narrow slit, 

with width much greater then height, or membrane separation (w >> h), so that  

              
h

hw

wh
d

H
2

22

4
≈

+
=           (42) 

where  h = feed channel height, m 

 w = feed channel width, m 

Thus the hydraulic diameter, ignoring the spacer itself, is twice the feed channel 

height. This definition of dH was initially used here to model concentration polarization.  

Drawbacks of that approach, however, were apparent in the departure of model and 

experimental results leading to the model modifications described subsequently. 

5.2.2 Model Modifications 

Although spacer design logically affects the hydraulic performance of cross-flow 

membrane reactors, equation (42) and therefore other equations leading to calculation of 

β are independent of feed channel spacer characteristics. Here, the definition of hydraulic 

diameter was modified to include characteristics of the feed channel spacer, per 
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where    Vtot = total volume in the feed channel, m3  

  Vsp = volume of feed channel spacer, m3  

    Sfc = wetted surface area in feed channel, m2  

    Ssp = wetted surface area of feed channel spacer, m2  

A schematic of a representative mesh spacer is provided to illustrate the 

calculation of spacer parameters df, lm and θ (Figure 5-2). Since the feed channel spacers 

used here had uniform varied only in terms of thickness, other geometric parameters were 

invariant and could be measured from a single spacer.  Then,  
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Figure 5-2. Schematic of feed channel spacer—for illustration of spacer parameter 

calculations 

Substituting equations (45) and (46) into equation (44) yields the modified 

hydraulic diameter dH,  
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The severity of concentration polarization is normally defined as the ratio of the 

predicted solute concentration at the membrane surface to the bulk or feed solute 

concentration,                                                                                                                                                            

   
f

m

C

C
=β                                                                                     (48) 

Rearranging equation (34) and substituting using equation (48) yields a 

relationship between the concentration polarization index and solute rejection (Rej) that is 

independent of the solute concentration in feed solution: 

   cpkJw
e

ej
R

ej
R

=
−− )1(β

        (49) 

where 

     
f

p

ej
C

C
R −= 1                                                                            (50) 

Here solute rejection was obtained experimentally by measuring the 

conductivities of the feed solution and permeates. The permeate flux (Jw) was obtained by 

dividing the measuring permeate flow rate by the nominal membrane surface area. The 

concentration boundary layer mass transport coefficient, kcp, was estimated, per above.  

Thus, the concentration polarization index was  

     1)1( +−= ej

kJw
Re cpβ                                                       (51) 

and was predicted using both the traditional and modified hydraulic radii. 
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5.3 Experiment 

Experiments were conducted using plate-and-frame reactors. The experimental 

setup and procedures are described in Chapter 3, summary of methods. Five feed spacers 

were tested that differed only in terms of spacer thickness—from 17-65 mil. A single 

ESPA-2 membrane section (Hydranautics) was used in all experiments. NaCl was added 

to the feed solution as solute. It is assumed that scale formation was not possible under 

the conditions of the experiments, and osmotic pressure was readily calculated from 

conductivity measurements (Vernier, 2011).  Furthermore, use of a single, monovalent 

salt simplified estimation of the boundary layer transport coefficient.   

Before each experiment, membranes were soaked overnight in the equivalent of 

the feed solution. Throughout each experiment, permeate and reject flow from the plate-

and-frame reactor were recombined and returned to the feed solution tank so that the 

influent solute concentration was constant. During an initial 10-hour period, the permeate 

flow was monitored, but reactor performance was not otherwise recorded, providing an 

extended period for membrane compaction and establishment of steady hydraulic 

performance. Conditions common to all experiments follow: T = 30oC; feed solution 

NaCl concentration, 2.05 g/L; feed pressure 80 psi. The feed solution flow rate was 

maintained to provide a single crossflow velocity - 7.5 cm/s, independent of spacer 

thickness. 

Conductivity was measured using a WTW Inolab Cond Level 2 conductivity 

meter. During recorded periods of reactor operation, the permeate flow was measured 

gravimetrically in 2-minute intervals. Multiple samples were taken to ensure that reactor 
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performance was steady, and the mean was calculated by converting water weight to 

volume at 30oC.   

5.4 Results 

5.4.1 Permeate Flow Rate and Salt Rejection vs. Spacer Thickness. 

The steady permeate flow at 30oC, permeate conductivity and salt rejection are 

plotted as functions of spacer thickness (Figure 5-3 and Figure 5-4). 

 

Figure 5-3. RO permeate flow rate as a function of feed spacer thickness 
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Figure 5-4. Permeate conductivity and salt rejection as functions of feed spacer thickness 

All contributing measurements were taken during extended periods of steady 

operation. Increased spacer thickness had a beneficial effect on transmembrane fluid flow 

that was not a consequence of membrane scaling or unintentional changes in reactor 

operation. The higher permeate flow rates were probably due to spacer dependent 

differences in the concentration polarization index, as suggested by the following analysis. 

  
a

q
ATMPJ
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w =×=                                                                 (52) 

in which, TMP = transmembrane pressure, psi 

         A = water transport coefficient of membrane, m/s-psi 

    qperm = measured permeate flow rate, m3/s  
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          a = membrane area, m2 

   π∆−
+

=
2

rejectfeed PP
TMP              (53) 

in which, Pfeed = feed pressure, psi 

   Preject = reject pressure, psi 

       ∆π = transmembrane difference in osmotic pressure       

TRCCi permeatefeed ××−×××=∆ )(βφπ                                       (54) 

where  i = number of ions produced during dissociation of solute, unitless 

           φ  = osmotic coefficient, unitless,  

 β = concentration polarization index, unitless 

 C = concentration of solute, g/L. 

 R = gas constant, 1.20594, L-psi/(moles-K),   

 T = temperature, K 

Combining equations 52-54: 

ATRCCi
PP

J permeatefeed

rejectfeed

w ×××−×××−
+

= ])(
2

[ βφ         (55)       

Here Pfeed was 80 psi and Preject was 74.5 psi in all experiments, independent of 

spacer thickness. The permeate conductivity and osmotic pressure were low compared to 

the feed conductivity/osmotic pressure or β x Cfeed (Cm, the solute concentration at the 

membrane surface), suggesting that differences in β affect the transmembrane flux in 

these experiments. β is analyzed as a function of spacer thickness in material that follows: 
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5.4.2 Concentration Polarization Index—Model without Modification 

Here  
hw

wh
d

H
22

4

+
= , per equation (42), and the flow channel height is equal to 

the spacer thickness. Parameters for the analysis follow: channel width, w = 0.095 m; 

membrane surface area, a = 0.0138 m2; DNaCl = 1.54 x 10-9 m2/s; others, as provided 

earlier. Thus, it is immediately possible to calculate or estimate permeate flux (Jw) via 

two means—the theoretical approach outlined above that led to equation (52), and the 

more empirically based equation (55) after solving for β. A comparison of results is 

provided (Figure 5-5). 

 

Figure 5-5.  Predicted and “measured” values for the concentration polarization index as 

a function of spacer thickness using unrevised model 
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Differences between the theoretical and empirical values derived for β suggest 

that the theory on which calculations were based was somehow flawed. Here it is 

suggested that ignoring the spacer effect on channel hydraulic radius provides an 

unnecessary uncertainty that may be responsible for the discrepancy and can be avoided, 

as illustrated below. 

5.4.3 Concentration Polarization Index—Modified model 

The analysis was identical to that summarized in Figure 5-5, except for the 

calculation of the spacer-dependent parameters are as summarized (Table 5-1). 

Table 5-1.  Summary of spacer characteristics 

Spacer ID h (10
-3

m) Shape lm (10
-3

 m) df (10
-3

 m) θ (degree) 

1 1.651 diamond 3.3189 0.889 93 

2 1.1938 diamond 3.5645 0.6558 90 

3 0.7874 diamond 2.3453 0.381 97 

4 0.6604 diamond 2.8448 0.3302 90 

5 0.4318 diamond 2.4817 0.254 94 

 

Measured and predicted values for the concentration polarization index were in 

much better agreement when β was estimated using the modified theory (Figure 5-6).  

The exercise illustrates the importance of acknowledging the effects of the spacer itself in 

anticipating the effects of concentration polarization on reverse osmosis performance.   
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Figure 5-6.  Predicted and “measured” values for the concentration polarization index as 

a function of spacer thickness using revised model 

The experimental results are a little surprising since, based on intuition, one might 

expect greater turbulence, resulting in compression of the concentration boundary layer, 

lower concentration of solute at the membrane surface and enhanced permeate flux at 

lower spacer heights. That might, in fact, have occurred had the feed flow rate been held 

constant instead of the crossflow velocity in these experiments. The modified model 

makes it possible to sort out the effects of solute concentration, crossflow velocity, spacer 

channel height, and other spacer dimensions on reactor performance through a sensitivity 

analysis. 
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Sablani et al. (2002) studied the influence of spacer thickness on permeate flux in 

a spiral wound RO system, with results that were qualitatively similar to those presented 

here. That is, under similar operational conditions, spiral wound RO elements with 

greater spacer thicknesses enjoyed higher permeate fluxes (Figure 5-7). 

 

 

Figure 5-7.  Effect of spacer thickness on permeate flux in spriral wound reverse osmosis 

membranes (Sablani, Goosen, Al-Belushi, & Gerardos, 2002) 

For a more fundamental approach to determination of spacer influence on 

membrane performance, it will be necessary to model fluid flow in a detailed way in the 

spacer/membrane environment.  Fortunately, software exists that is seemingly compatible 

with this objective, e.g. Fluent 6.0 (Fluent Inc., 2001). 
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CHAPTER 6 RAPID COMPARISON OF ANTI-SCALANT FOR USE IN REVERSE 

OSMOSIS MEMBRANE DESALINATION 

Abstract 

In the last two decades, new generations of commercial antiscalants have emerged 

in the water treatment industry. Each is somewhat use specific.  The chemical natures of 

many commercial antiscalants are proprietary, making rational selection of antiscalants 

for membrane separations difficult and increasing the importance of direct antiscalant 

testing on the water to be treated. At present, antiscalant testing is carried out via either 

pilot-scale testing or bench scale experimentation using a plate-and-frame reactor. In both 

cases, the membranes are driven to failure based on scale formation. The primary 

disadvantage of field testing is related to the time and water requirements to produce 

membrane failure, even under some scale-forming conditions. In bench-scale 

experiments, however, interference with membrane performance may not be immediately 

noticeable, even well after precipitation reactions have begun, because of the relatively 

small membrane area tested and typically low, single-pass recoveries (usually 1-2%).  

Consequently, a new method was developed and deployed for comparison of antiscalant 

performance.   

In the process of membrane treatment leading to scale formation, ion 

concentrations can reach levels that greatly exceed the solubility products for specific ion 

pairs. At some point, the ions cluster into proto-nuclei that eventually grow and order 

themselves as nuclei. As the ions cluster into something like a solid phase, the solution 

conductivity drops and the proto-nuclei begin to scatter light. Thus, the induction time — 
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or time required to form nuclei in supersaturated solutions — can be determined by 

monitoring solution conductivity and/or turbidity. Antiscalant effectiveness is directly 

related to induction time for solid phase precipitation. Experiments have shown that the 

new measurements can be used to establish induction times for calcium sulfate and 

barium sulfate precipitation in the presence and absence of antiscalant chemicals. While a 

certain amount of fine tuning is necessary, the method may have application for 

antiscalant selection and dosage for scale prevention during water desalination. 

6.1 Introduction 

Reverse Osmosis (RO) membrane separation process is widely used in fresh 

water, brackish water and seawater desalination and wastewater reuse. RO membrane 

separation process has advantages of lower cost, compact design and higher product 

water quality compared to conventional water treatment process and thermal desalination 

processes, but membrane separation process application is restricted by the fouling and 

scaling of membrane. RO membranes are semi-permeable. Water in the pressurized feed 

solution can pass through membrane, while solutes, are largely retained in the concentrate 

or brine. The rejection of solute at the membrane surface leads to a phenomenon called 

concentration polarization (CP) and significantly higher local solute concentrations in the 

boundary layer. When concentrations of the solutes in the membrane boundary layer 

exceed their respective solubilities, precipitates can form on the membrane surface, 

scaling or fouling the membrane. Concentrations of solutes in the concentration 

polarization layer can be predicted through CP models. Scaling and fouling of 

membranes can limit membrane performance in water desalination. Chemicals are 
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usually used to pretreat feed water ahead of RO membrane desalination. These chemicals 

may include acids, anti-scalants, disinfectants, and other chemicals as necessary.  

Anti-scalants are surface-active materials that interfere with precipitation 

reactions. In the last two decades, new generations of antisalants have emerged 

commercially. Active ingredients in these anti-scalants include polycarboxylic / 

carboxylic based polymers, polycarboxylates, polyphosphates / phosphates, phosphonates, 

phospinocarboxylic acid, polyacrylic acid / polyacrylates, lignins, tannins and other 

synthetic polymers. Commercial anti-scalants are usually proprietary solutions containing 

one or more active ingredients. Because of the complexity of the scale forming process, 

and lack of information regarding proprietary commercial anti-scalants, the precise 

mechanism of scale inhibition by anti-scalant is not clearly understood. It has been 

reported that anti-scalants work by three closely related mechanisms that interfere with 

one or more of the stages of crystal growth (Dudley & Baker, 2006). 

1. Threshold effect. These inhibitors retard the precipitation of salts that have exceeded 

their solubility products, e.g., phosphonate based anti-scalants. These types of inhibitors 

may work in the proto-nuclei formation or the nuclei formation stage of the crystal 

formation process. Generally, nuclei form in the solution following a polymerization 

process. Take BaSO4 as an example: 

                               Ba2+ + SO4
2-  Ba2+SO4

2-  

                        Ba2+SO4
2- + Ba2+  (Ba2SO4)

2+ 

   Or               Ba2+SO4
2- + SO4

2-  {Ba(SO4)2}
2- 

                     (Ba2SO4)
2+ + SO4

2-  (Ba2+SO4
2-)2 
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   Or            {Ba(SO4)2}
2- + Ba2+  (Ba2+SO4

2-)2 

                    (Ba2+SO4
2-)2 + Ba2+  {Ba3(SO4)2}

2+ 

                 (Ba2+SO4
2-)2 + SO4

2-  {Ba2(SO4)3}
2- 

                                 •                                 • 

                                 •                                 • 

In the presence of anti-scalants, the polymerization between crystalline ions may 

be interrupted by inhibitors that combine with crystalline ions like Ba2+/Ca2+ or SO4
2-

/CO3
2-, etc., to form strong soluble complexes. In this manner, the ions are not available 

for nuclei growth and are thus kept in solution.  

  2. Crystal distortion effect. Some anti-scalants, like polyacrylic acid, distort normal crystal 

growth and produce an irregular crystal structure with poor scale forming ability (Figure 

6-1). These types of anti-scalants may work in the nuclei formation or the crystal 

formation stage of the crystal growth process.  

  3. Dispersancy effect. These types of anti-scalants work by placing a surface charge on 

the crystal. Like surface charges then either cause the crystals to repel to each other to 

prevent crystal growth or cause the crystals to repel the membrane surface so that they 

remain suspended in the membrane feed solution without fouling the membrane surface 

(Figure 6-2).  
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Figure 6-1. Crystal distortion effect by anti-scalant 

 

 

Figure 6-2. Dispersancy effect by anti-scalant 

A single anti-scalant may inhibit or retard the scale by more than one mechanism. 

An example is polyacrylic acid, which is the most common inhibitor commercially 

available. These polymers function as crystal distortion agents, but at higher molecular 

weight, they also exhibit dispersancy properties (Dudley & Baker, 2006).  

Because one anti-scalant may be designed to control one or server scale 

deposition, and no anti-sclant on the market is panacea, anti-scalant selection is 
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application dependent. That is, selection is generally premised on the nature of expected 

precipitation reactions. Anti-scalant injection dosage is another important variable in anti-

scalant application. Most anti-scalants are polymers or large molecule organic 

compounds. If high concentration is present in RO feed water, anti-scalants themselves 

may cause scaling or bio-fouling problem (Gabelich C. , Yun, Green, Suffet, & Chen, 

2002) (Vrouwenvelder, Manolarakis, Veenendaal, & van der Kooij, 2000) (Chang, 1996). 

There are hundreds of anti-scalants on the market. Manufacturers do not provide any data 

for comparison, and they usually specify arbitrary dosages of anti-scalants for any RO 

feed water. So a selection and the optimum dosage of anti-scalant should be based on 

anti-scalant tests for specific feed water composition. Presently, there is no standard test 

method for anti-scalant effectiveness. However, there are at least three test methods 

reported in technical literature. Al-Amoudi et al. evaluated anti-scalant for a pilot scale 

sea water desalination nano-filtration plant in Saudi Arabia (Al-Amoudi, Farooque, Al-

Otaibi, & Mohammad, 2004). The advantage of the full size system is that the data 

produced are more reliable than those from a bench scale simulator. In pilot studies or 

full-scale operations, however, it may take months or even longer to observe membrane 

performance changes, and it is not possible to test multiple types of anti-scalant in such a 

system. Hasson et al. studied induction time delays for CaSO4 precipitation in the 

presence / absence of various anti-scalants using a lab scale RO system (Hasson, Drak, & 

Semiat, 2003). The recycle laboratory techniques used in their lab involved using a RO 

module with permeate recycling to maintain a desired supersaturation level. In this 

system, much shorter times were required to scale the membrane and measure the 
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induction time of CaSO4 precipitation, but the large volume of solution (200 L) that was 

needed for each anti-scalant test increased the difficulty of the operation. Anti-scalant test 

was also done in this lab with cross-flow plate and frame reactor, which use a small piece 

of membrane (137.8 cm2). This method failed because of low recovery of water, which 

lower than 2%, and short detention time of water in the reactor. The objective of this 

research work is to develop an anti-scalant test method, which can be applied to test and 

compare different anti-scalants quickly at low cost. 

6.2 Experimental 

6.2.1 Experimental System 

Test methodology and experiment set up was described in Chapter 3 section 3.2. 

Two liters synthetic solution of target salts is in a transparent plastic baker and well 

mixed with an overhead stirrer. Conductivity of the solution is monitored with a 

conductivity meter (Cond level 2, inolab), and the absorbance of the solution is 

monitored with an UV-Visible recording spectrophotometer (UV-160, Shimadzu) at the 

wavelength of 860 nm. Conductivity data is recorded immediately after absorbance data.  

6.2.2 Experimental Solution and Anti-Scalant  

Synthetic solution is used in introduction time measurement experiments. 

Induction time measurement of three salts precipitation with and without the presence of 

anti-scalant has been done by far. The three salts are calcium sulfate (CaSO4), barium 

sulfate (BaSO4) and calcium carbonate (CaCO3). In the synthetic solutions, equal molar 

concentration of metal ions (Ca2+, Ba2+) and their counting anions (SO4
2-, CO3

2-) are used 
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unless otherwise specified. Solutions are made by adding chloride form of cations (CaCl2, 

BaCl2) and sodium form of anions (Na2SO4, NaHCO3) because of their high solubility to 

achieve the target supersaturation ratios. Supersaturation ratio (S) is defined as the ratio 

of ion product (IP) of one salt in the solution to its solubility product constant (Ksp), that 

is,   

                                                           
spK

IP
S =                                                (56) 

In the experiment, the concentration of one salt is described as S times of Ksp (SxKsp).   

Only one anti-scalant has been tested by far. The anti-scalant is Flocon 135, 

which is an aqueous solution of phophinocarboxylic acid and is used to control inorganic 

scale forming salts on membrane surfaces. This is the anti-scalant that is used in the pilot 

RO membrane plant operated by our group. The dosing rate of Flocon 135 is 5 mg/L. 

This is anti-scalant concentration is given in terms of the anti-scalant solution, not in 

terms of active material. The concentration of anti-scalant tested in induction time 

measurement varied from 0 mg/L to 5 mg/L.  

6.3 Experimental Results  

6.3.1 Anti-scalant Effects on CaSO4     

6.3.1.1 Dependence of Induction Time on Supersaturation Level of CaSO4  

Induction time of CaSO4 precipitation without the presence of anti-scalant as a 

function of supersaturation level was investigated in this experiment. Supersaturation 

ranged from 1×Ksp to 30×Ksp. The Plots of conductivity and absorbance measurements of 
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solution versus time are illustrated in Figure 6-3. Induction time of CaSO4 measured 

carried out are summarized in Table 6-1. 
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Figure 6-3. Conductivity and absorbance change verses time in CaSO4 solution at 

various supersaturation levels 

During the normal operation, detention time of water in RO membrane system 

should be much shorter than a day (24 hours), so in this experiment, if the induction time 

of salt precipitation is longer than a day, the experiment was stopped. When the CaSO4 

supersaturation level is no higher than 10×Ksp, the induction time of CaSO4 precipitation 
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is longer than 40 hours even without the presence of anti-scalant. At 20×Ksp, conductivity 

of the solution started to drop at about 11 hours and the absorbance of the solution started 

to increase simultaneously as well. At 30×Ksp, the conductivity and absorbance of the 

solution started to change as soon as 36 minutes. The induction time at two 

supersaturation levels are determined to be 11 hour and 0.6 hour respectively.  

Table 6-1. Summary of Induction Time of CaSO4 Precipitation at Different 

Supersaturation Level 

Supersaturation level Induction time (hour) 

1×Ksp > 40 

5×Ksp > 40 

10×Ksp > 40 

20×Ksp 11 

30×Ksp 0.6 

 

6.3.1.2 Dependence of Induction Time of CaSO4 Precipitation on Anti-Scalant Dosage  

In this test, 30×Ksp supersaturated solution was used for all anti-scalant dosage 

because of the relatively shorter induction time at this supersaturation level. Anti-scalant 

concentration in batch reactors varied from 0 mg/L to 5 mg/L of anti-scalant solution. 

Anti-scalant products are proprietary, so concentration of anti-scalant is expressed in the 

term of anti-scalant solution rather than the active ingredients in the products. The 

conductivity and absorbance changes in the 30×Ksp CaSO4 solution under the influence 
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of different concentrations are illustrated in Figure 6-4. As shown in Figure 6-4, when 

antiscalant dose is higher than 0.5 mg/L, conductivity and absorbance of CaSO4 solution 

did not change within 50 hours. Those experiments were stopped around 50 hours 

because this induction time of CaSO4 is longer than the typical residential time of water 

in RO system.  The induction time of CaSO4 precipitation from 30×Ksp solutions is 

summarized in Figure 6-5, and for the introduction time longer than 50 hours, they are 

plotted as 50 hour in the figure.  
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Figure 6-4. Conductivity and absorbance plots of CaSO4 solution with presence of 

different dosage of anti-scalant (Flocon-135) 

 

Figure 6-5. Summary of induction time of CaSO4 precipitation with the presence of 

various dosage of anti-scalant (Flocon 135) 
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At low dosage of anti-scalant, induction time of CaSO4 precipitation 

exponentially increased with the increase of anti-scalant dosage. If induction time of 

CaSO4 precipitation is determined experimentally, modeling of CaSO4 precipitation 

kinetics may be worthy of studying to correlate CaSO4 precipitation rate to anti-scalant 

dosage. And this information may help for better understanding of mechanism of how 

anti-scalants delay the precipitation of CaSO4.   

6.3.2 Anti-scalant Effects on BaSO4     

6.3.2.1 Dependence of Induction Time on Supersaturation Level of BaSO4  

This experiment is to establish the dependence of induction time on 

supersaturation level of BaSO4 without presence of anti-scalant. Experiments were 

carried out in a similar way as CaSO4, except that the supersaturation level of BaSO4 

varied from 16×Ksp to 1600×Ksp because of low solubility of BaSO4 in water. The 

conductivity and absorbance of BaSO4 solution at each supersaturation level verses time 

are plotted in Figure 6-6. The induction time at each supersaturation level determined 

through conductivity and absorbance measurement is summarized in Figure 6-7. 
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Figure 6-6. Conductivity and absorbance change verses time in BaSO4 solution at 

various supersaturation levels 

 

Figure 6-7. Summary of induction time of BaSO4 precipitation at different 

supersaturation level 
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Because of low solubility of BaSO4 in water and its low Ksp (1.08×10-10), even at 

16×Ksp, the conductivity of solution is as low as 22 µS/cm. After induction period, the 

conductivity of the solution started to drop, but because of the scarce of Ba2+ and SO4
2- 

ions and low collision frequency, the changing rate of conductivity was slow. From 

16×Ksp to 100×Ksp, the absorbance change of solution was not detected even after 

induction period that was determined by conductivity change. This is most possibly 

because not enough BaSO4 nuclei were produced to scatter light in absorbance 

measurement, or a more sensitive absorbance method is required to detect the absorbance 

change. This is one reason why both conductivity and absorbance measurement are used 

to determine the induction time of precipitation of sparely soluble salt.    

6.3.2.2 Dependence of Induction Time of BaSO4 Precipitation on Anti-Scalant Dosage  

Here the dependence of induction time of 100×Ksp supersaturated BaSO4 

precipitation on anti-scalant dosage was investigated. The dosage of anti-scalant studied 

varied from 0 mg/L to 5 mg/L. The measured conductivity and absorbance of each 

solution verses time were plotted in Figure 6-8. As shown in figure 10 and mentioned in 

the last section, absorbance change was not detected in this experiment, and induction 

time was determined by conductivity change in solution. Induction time of BaSO4 

precipitation with presence of each anti-scalant dosage was summarized in Table 6-2.       
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Figure 6-8. Conductivity and absorbance plots of BaSO4 solution with presence of 

different dosage of anti-scalant (Flocon-135) 
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Table 6-2. Induction time of 100×Ksp BaSO4 precipitation with presence of different 

dosage of anti-scalant (Flocon-135) 

AS dosage (mg/L) 0 0.25 0.5 1 5 

Induction time (min) 10 18 25 >3240 >3240 

 

The dosage of 0.25 and 0.5 mg/L did not increase the induction time of BaSO4 

precipitation significantly. But 1 mg/L Flocon 135 delayed the BaSO4 precipitation 

dramatically, and extended the induction time of BaSO4 to more than 50 hours.  

6.3.3 Anti-Scalant Effects on CaCO3     

Because of speciation of carbonate in the water and the pH dependence of 

carbonate species distribution, this experiment is more complicated than sulfate 

experiment, which did not involve any pH adjustment in solution preparation. No matter 

NaHCO3 or Na2CO3 is used to make the solution, an equilibrium will be reached among 

carbonate species CO3
2-, HCO3

-, H2CO3
* (H2CO3 + CO2). The distribution of species is 

dependent on pH and following reactions. 

H2CO3
* <―> HCO3

- + H+                                                                  pKa1 = 6.35 
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Mcarbonate is the salt of NaHCO3 needed in making solution to get the target CO3
2- 

concentration at the certain pH. In this experiment, the solution was adjusted to pH 7.2 

and this is the pH of RO feed water that was maintained at the pilot plant. When making 

the solution, weighted NaHCO3 was dissolved in 2 liters of DI water. HCl solution was 

added to the solution slowly while the solution is stirred until pH dropped to 7.2.  After 

CaCl2 was added to the Na2CO3 solution, timing was started and conductivity and 

absorbance of the solution was monitored.  

6.3.3.1 Dependence of Induction Time on Supersaturation Level of CaCO3 

In this experiment, the supersaturation level of CaCO3 varied from 7xKsp to 

88xKsp. At 88xKsp CaCO3 is the equivalent supersaturated as in the concentrated CAP 

water at 90% recovery. The induction time at each supersaturation level is summarized in 

the Table 6-3. 

 

 

 

(60) 

(61) 
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Table 6-3. Induction Time of CaCO3 precipitation at various supersaturation levels 

Supersatuation Ratio (xKsp) Induction Time (min) 

7 600 

21 45 

29 15 

44 8 

88 3 

 

In experiments above, all conductivity and absorbance sampling were done 

manually, and sampling interval varied depending on salts’ supersaturation level and 

antiscalant dosage. But sometimes, if sampling interval is long enough, salt precipitation 

may happen between two sampling points, which may result in un-precise observed 

induction time. But if conductivity and absorbance of the solution are monitored 

continuously with short time interval, the problem should be able to be solved. 

Modification of the method was made in one experiment to measure conductivity 

automatically with 5 minutes interval (Figure 6-9). 
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Figure 6-9. Conductivity and absorbance change verses time in 22×Ksp supersaturated 

CaCO3 solution with automatically recorded conductivity data 

6.3.3.2 Dependence of Induction Time of CaCO3 Precipitation on Anti-Scalant Dosage 

Here the dependence of induction time of 88×Ksp supersaturated CaCO3 

precipitation on anti-scalant dosage was investigated. The dosage of anti-scalant studied 

varied from 0 mg/L to 3 mg/L. The measured conductivity and absorbance of each 

solution verses time were plotted in Figure 6-10. Induction time of CaCO3 precipitation 

with presence of each anti-scalant dosage was summarized in Table 6-4.    
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Figure 6-10. Conductivity and absorbance plots of CaCO3 solution with presence of 

different dosage of anti-scalant (Flocon-135) 
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Table 6-4. Induction Time of 88xKsp CaCO3 precipitation with presence of different 

dosage of anti-scalant 

Anti-scalant dose (mg/L) 0 0.25 0.5 1.0 3.0 

Induction time (min) 3 45 90 90 240 

 

6.3.4 Clay Impacts on Anti-Scalant Effectiveness  

Autopsy on spent membrane from Tangerin Rd site showed that clay was the 

major foulant on the spent membrane surface. The lab results show that silica (SiO2) 

concentration in the pilot RO feed water is about 3 mg/L. In the RO conctrate stream at 

80% recovery, the concentration of silica can be up to 15 mg/L. In the supersaturated 

solution, nucleation happens through random molecular collision/interaction. The clay 

that present in the supersaturated solution may work as seed crystals which expedite the 

crystal process by eliminating the need for random molecular collision/interaction. So, 

with presence of clay in supersaturated solution, the necessary amount of time needed for 

nucleation to occur in crystallization, i.e. induction time, will be reduced. Since clay 

exists in most RO feed water, it is important to quantitatively study how clay will 

significantly reduce the induction time of salt precipitation with presence of anti-scalant 

in supersaturated solution. 

In this experiment, China clay (Kaolin) was used in the 38xKsp supersaturated 

CaSO4 solution with 0.12 mg/L Flocon 135. Formula of the clay is Al2Si2O5(OH)4, and it 

is provided as powder. The average particle size of powder is 0.4 to 0.6 µm. The molar 
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concentration of China clay matched that of Si in RO feed water (12.89 mg/L or 0.05 mM) 

and concentrate stream at 80% recovery (64.45 mg/L or 0.25 mM). Results are plotted in 

Figure 6-11. 
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Figure 6-11. Induction time of 38xKsp CaSO4 solution  with 0.12 mg/L Flocon 135 and 

varied concentration of China clay 

12.89 mg/L clay in the supersaturated CaSO4 solution reduced CaSO4 induction 

time from 33 hours to about 22 hours. When clay concentration was increased to 64.45 

mg/L, the induction time was reduced to 18 hours. So for CaSO4, clay reduces the 

induction time of CaSO4, but the reduction is not sensitive to clay concentration of clay in 

the solution. 

More experiments are recommended in the future to provide systematic 

information. Low dose of anti-scalant was tested in this experiment, but in real 

application, much higher dose is usually added to RO feed water. It is necessary to test 

how clay will reduce the induction of time of CaSO4 and other salts (BaSO4, CaCO3) as 

well at higher dose.  
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6.4 Method Modification and Determination of Induction Time 

Two modifications were made in later phase of this research work to more 

accurately determine induction time of salt precipitation. To improve the sensitivity of 

turbidity measurement of the solution, a UV spectrophotometer (Shimadzu UV-160A 

spectrophotometer) was used to measure transmittance (T%) instead of absorbance of the 

solution at the wave length of 600 nm. Transmittance can be converted to absorbance 

using the following equation: 

                                          �@E = −L=fOQ]3%`                                              (62)         

The resolution of this UV-160 spectrophotometer is 0.1% in transmittance and 

0.001 in absorbance. Transmittance of 99.9% is converted to absorbance 0.0004 which is 

lower than absorbance analysis limit of 0.001. 

In the test above, the induction time was determined through reading the 

absorbance and conductivity change of the solution. Because the data points usually are 

discrete and this method to determine induction time might be arbitrary. A new method 

was developed to determine induction time through “Critical Slope”.  The detailed 

procedures involved in the “Critical Slope” method are explained in the following case of 

determination of CaSO4 induction time in a solution with a supersaturation ratio of 18.6 

and 0 mg/L anti-scalant. 

Values of absorbance versus time measured from the spectrophotometer generate 

a raw data table shown in Table 6-5. 
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Table 6-5. Raw data for three tests of 0 ppm antiscalant in an 18.6 times supersaturated 

calcium sulfate solution 

 TEST 1 TEST 2 TEST 3 

Time 
(min) 

T% Abs T% Abs T% Abs 

0 100 0.0000 100 0.0000 100 0.0000 

3 100 0.0000 100 0.0000 100 0.0000 

5 100 0.0000 100 0.0000 100 0.0000 

9 99.7 0.0013 99.9 0.0004 99.4 0.0026 

11 99.2 0.0035 99.7 0.0013 99 0.0044 
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The tabulated data is shown in Figure 6-12.  

 

Figure 6-12. Plot of absorbance versus time of raw data for three tests with 18.6 times 

supersaturated calcium sulfate solution 
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To mathematically approximate the curves, early data points with zero absorbance 

are not included in the curve fitting. Also, absorbance data higher than the range of ~0.05 

are not included. Table 6-6shows the truncated data for the trial data in Table 6-5 

truncated to remove both zero and greater than 0.05 absorbance values. 

Table 6-6. Truncated data of test data in Table 6-5 

 TEST 1 TEST 2 TEST 3 

Time 
(min) 

T% Abs T% Abs T% Abs 

9 99.7 0.0013 99.9 0.0004 99.4 0.0026 

11 99.2 0.0035 99.7 0.0013 99 0.0044 

13 98.3 0.0074 99.2 0.0035 97.8 0.0097 

15 97 0.0132 98.3 0.0122 96.7 0.0146 

20 89.4 0.0487 92.7 0.0329 88.4 0.0535 

 

An exponential function is fitted to each of the data sets. In order to force the 

curve to near the origin, an arbitrary non-zero, but very close to zero, data point was 

added to each data set.  The approximation was done in Excel 2007, and the function 

used for approximation was the standard exponential fit in the software.  

Figure 6-13 is the plot of absorbance versus time for the truncated data set and shows the 

curves fitted with exponential functions. 
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Figure 6-13. Plot of absorbance vs. time of data in Table 6-6 
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deviate from the baseline of zero. In other words, it was done by finding a time point 

where the curve generally starts to rise from absorbance value of 0. For the curve test 1, 

x1 = 5 min is chosen. Then substitute this value into the x item of that particular slope 

function to calculate a slope for this curve: 

y1’ = 3.172×10-5 exp (0.3172x) = 3.172×10-5 exp (0.3172×5) = 1.55×10-4 

For the curve y = 1×10-4exp (0.3175x) the time point is found to be x2 = 5 min. Then 

substitute this value into the x item of that particular slope function to calculate a slope 

for this curve: 

y2’ = 3.175×10-5 exp (0.3175x) = 3.175×10-5 exp (0.3175×5) = 1.553×10-4 

For the curve y = 6×10-5exp (0.3003x) the time point is found to be x3 = 6 min. Then 

substitute this value into the x item of that particular slope function to calculate a slope 

for this curve: 

y3’ = 1.802×10-5 exp (0.3003x) = 1.802×10-5 exp (0.3003×6) = 1.092×10-4 

Then the Critical Slope value is the average of sum of the above y1’ + y2’ + y3’ = 

1.398×10-4 

Substitute the critical slope value into y’ (which represents dy/dx of the original 

exponential function) of each slope function and calculate the x value for each curve 

corresponding to the critical slope. This is the induction time for that particular curve. 

Then calculate the average induction time and standard deviation σ for the trials covering 

a specific experimental condition. For the example case shown, the induction times for 

the individual curves and their average and standard deviation are:  

 x1 = 4.7 min, x2 = 4.7 min and x3 = 6.8 min 
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Induction time for this experimental condition = 1/3 (4.7 min + 4.7 min + 6.8 min) = 5.4 

min, with standard deviation σ = 1.0 min.  

This “Critical Slope” method can be applied to determine induction time of all 

other data sets. 

6.5 Method Validation 

A control experiment was done to validate the performance of the method. A 

synthetic solution was made with Mg2+, SO4
2-, and CO3

2-, HCO3
- in solution and no salt 

was saturated. Conductivity and absorbance of the solution were monitored to check the 

variation of the measurements.  

 

Figure 6-14. Conductivity and absorbance measurements in the control test 

In a test period of 120 minutes, the standard deviation of conductivity 

measurement is smaller than 0.001, and absorbance bounces back and forth between 
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0.001 and 0.000, which is mostly from instrumental variations. This control test and 

together with all other precipitation tests proof that through conductivity and absorbance 

measurements of the solution, the precipitation reaction going on in the solution can be 

observed and induction time of salt precipitation can be determined through this method. 
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CHAPTER 7 INVESTIGATION OF FOULANTS CONSTRAINING WATER 

RECOVERY DURING REVERSE OSMOSIS DESALINATION OF CENTRAL 

ARIZONA PROJECT WATER 

Abstract 

Pilot-scale RO and supporting bench-scale investigations were carried out to identify 

limits to water recovery during RO treatment of CAP water. Autopsies identified likely 

precipitates including barium sulfate and calcium sulfate on membrane surfaces. Results 

suggest that clay deposits also contributed to degradation of membrane performance, so 

that anti-scalants may not provide expected benefits. When RO membranes were 

operated at 85% recovery in the field, deterioration of performance was rapid, and 

membrane autopsy results were essentially unchanged.  

 

Key words: reverse osmosis, membrane treatment, Central Arizona Project water, 

membrane autopsy, membrane fouling 
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7.1 Introduction 

By 2012, 60% of the regional water demand in the Tucson area will be satisfied 

by Central Arizona Project (CAP) water. CAP water is perhaps three times as salty as the 

majority of the groundwater resource that has traditionally served potable water needs in 

the Tucson area (Table 7-1).  Without salt management steps, CAP water will add 

200,000 – 300,000 metric tons of salt to regional soils and ground water each year. Salt 

management necessarily involves reverse osmosis (RO) treatment of a portion of 

Tucson’s CAP water allotment. Water recovery during RO treatment of CAP water may 

be limited to 75-80% due to precipitation of barium and calcium salts. Without additional 

efforts to increase recovery, the value of water lost as brine, assuming that Tucson 

provides RO treatment for its entire CAP allotment (~215,000 acre-feet per year), would 

be on the order of $15M/year, based on an assumed value for water lost of $1000/AF. 

At 80% recovery and assuming that membrane rejection of divalent ions is near 

1.0, RO treatment of CAP water will yield brine that is greatly oversaturated with respect 

to barium sulfate and close to saturation limits for calcium sulfate and calcium carbonate 

(Table 7-2).  
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Table 7-1. Comparison of water quality characteristics—CAP water at the Tucson 

turnout vs. representative well water quality in the Tucson area 

Water Quality Constituent Units Mean Well Water CAP Water 

Total Dissolved Solids mg/L 175.9 806 

Hardness (CaCO3) mg/L 96.3 322 

Sodium mg/L 23.5 102 

Calcium mg/L 31.2 75 

Magnesium mg/L 4.7 31 

Barium mg/L <0.01 0.15 

Strontium mg/L <0.1 1.17 

Chloride mg/L 12.4 94 

Sulfate mg/L 26.3 256 

Alkalinity (HCO3
-
) mg/L 103 119 

Total Organic Carbon mg/L <1 3.1 

 

Table 7-2. Degree of supersaturation for barium sulfate, calcium sulfate and calcium 

carbonate (pH = 6.8) in CAP water and brine derived at 80% recovery during RO 

treatment of CAP water 

Supersaturatio Ratio BaSO4 CaSO4 CaCO3 

RO Feed 12.8 0.1 0.1 

RO Concentrate 136.3 0.8 1.4 
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Scaling and fouling of membranes increase the cost of RO by reducing membrane 

permeability and necessitating more frequent membrane cleaning and replacement. Anti-

scalant addition and pH adjustment are primary means for scale avoidance.  Fouling is 

avoided by ensuring that the combined chlorine residual is maintained and by controlling 

influent particle counts via any of a number of pretreatments.  Thus, activities required to 

extend membrane life or reduce operational costs are specific to the type of problem that 

is anticipated.  Unfortunately, scale development and fouling occur over relatively long 

periods of operation - on the order of months to years - and solutions to scaling or fouling 

problems are likely to be water-specific so that rational selection of anti-scaling or anti-

fouling methods should be based on a combination of long-term pilot tests, detailed 

analysis of influent water quality and experience. 

Here we describe the time-dependent performance of reverse osmosis (RO) for 

desalination of CAP water.  RO treatment was preceded by slow sand filtratation and 

chemical addition to control scaling and fouling.  When rapid loss of membrane 

permeability could no longer be avoided through cleaning, membranes were replaced and 

autopsied to determine the probable contributors to loss of performance. 

7.2 Experimental 

7.2.1 General Introduction of Pilot Plant 

Testing was performed at the Tangerine Road pilot facility. The location, site 

layout and RO membrane array are introduced in Chapter 1 section 1. Membrane process 

performance was monitored via periodic measurement of the pre-RO silt density index 
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(SDI, for slow sand filtration), the RO water permeation coefficient (A) and salt transport 

coefficient (B).  The coefficients are defined mathematically in Chapter 2 section 2.4.4. 

The SDI is an operationally defined parameter in which the test water is passed 

under constant head through a 25-mm, 45-µm filter for up to 30 minutes. A complete 

description of SDI measurement and calculation is shown in Chapter 2 section 2.4.11. 

After six months of semi-continuous operation, declining permeation coefficients 

were observed in all membrane stages (Figure 7-1). As anticipated, effects appeared first 

and were most severe in downstream pressure vessels V5 and V6, where ion 

concentrations and scaling potential were greatest. There was a coincident increase in the 

salt transport coefficient in all pressure vessels (Figure 7-2). In mid March 2008, RO 

treatment was interrupted for membrane cleaning, leading to temporary restoration of 

membrane permeability and a modest increase in the salt transport coefficient. The 

cleaning method and procedures are described in Chapter 3. The initial restoration of 

membrane performance was rapidly followed by a second, equally severe decrease in A 

over the next four months. In August 2008, the membranes in pressure vessels 5 and 6 

were replaced with ESPA3 RO membranes (Hydranautics), and the entire RO reactor was 

again cleaned before service was restored.  

The new membranes proved to be more resistant to salt transport, and membrane 

permeability was improved during the first few months of operation. Thereafter, however, 

the permeability of all membranes in all pressure vessels again decreased rapidly. Results 

suggest that although declining membrane permeability was temporarily relieved by 

cleaning and/or membrane replacement, the origin of membrane fouling or scaling was 
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not eliminated, and the problem quickly reappeared within a few months. During the final 

four months of the record of performance (Figure 7-1, Figure 7-2), the reverse osmosis 

system was operated to produce 85 percent recovery, an operational condition that may 

have accelerated membrane scaling. 

In July 2008, membranes from the stage 2 RO units (pressure vessels 5 and 6) 

were removed for analysis of foulant or scalant characteristics and replaced with new 

membranes. In November, the stage 2 membranes were again replaced and inspected via 

direct visual observation, scanning electron microscopy (SEM) and energy dispersive X-

ray (EDX) analysis. Material scraped from retired membrane surfaces was analyzed for 

culturable heterotrophic bacteria (heterotrophic plate count, HPC) and mass fractions of 

organic and inorganic carbon to assess the role of bacteria in membrane fouling. In July 

2009, all membranes were replaced, and those from pressure vessels 1 and 3 were 

autopsied for comparison with earlier vessel 5/6 measurements. 

 

 



189 

 

 

Figure 7-1. Time-dependent water permeation coefficients (A) in the 2:2:1:1 array of RO 

membranes at the Tangerine Road field site in northwest Pima County.  Vertical lines 

show times of membrane cleaning or replacement 

 

Figure 7-2. Time-dependent salt transport coefficients (B) in specific pressure vessels at 

the Tangerine Road field site 
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7.2.2 Membrane Autopsies 

Two sets of RO membranes were autopsied during the field test. The first set of 

membranes was removed and tested following an extended (6-month) period of operation 

at 80% overall recovery.  The second set was retired and examined after a relatively brief 

(4-month) period of operation at 85% recovery. All membranes awaiting autopsy were 

stored temporarily at 4oC. To begin the autopsy process, membranes were unrolled, 

photographed and measured.  The effective membrane surface area was 27.8 ft2, very 

close to manufacturer’s data (28ft2) (Hydranautics, 2009). Small brown spots were 

present on both membranes and spacers. Three sections from each membrane were 

removed for heterotrophic plate counts (HPC) using standard procedures (Chapter 3). 

Wet foulant from membrane surfaces was physically removed and dried to constant 

weight at 105oC for measurement of the area-specific dry weight.  A portion of the dried 

material was finely ground using a mortar and pestle for analysis by x-ray diffraction 

(XRD) and both total organic and total inorganic carbon (TOC and TIC).  The remainder 

of the dried solid was ignited at 600oC.  Residual ash was weighed to establish the 

fraction of volatile or ignitable solids by difference.  

Membrane samples to be examined via scanning electron microscopy (SEM) and 

energy dispersive X-ray (EDX) analysis were cut from mid regions of the elements 

analyzed. Fragments were dried in ambient air prior to SEM and EDX analyses. 
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7.3 Results and Discussion 

7.3.1 Stage 1—Extended Operation at 80% Recovery. 

Autopsies were performed on membranes removed after (i) an extended period at 

an overall recovery of 80% and (ii) a relatively short period of operation at 85% recovery.  

It was hypothesized that differences in the influence of potential scalants such as gypsum 

would be greater after the period of operation at 85% recovery as a consequence of 

higher ion concentrations in resultant brines.  In both cases, membranes were analyzed 

from pressure vessels 5 and 6, each of which contained three membrane elements. The 

leading element in each vessel was designated “1”, the middle element is “2” and tail 

element “3”. V5-2 is thus the middle element in pressure vessel 5.    

Obvious from visual inspection was a thick layer of particulate material that 

covered much of the feed-side membrane surfaces with some relatively clear sections 

(Figure 7-3).  It is also evident that the spacer contact with the membrane surface 

provided a template of sorts for particle deposition (or growth if the pattern represents 

bacterial fouling) on the membrane surface.  
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Figure 7-3. Photograph of (a) spent element V6-3 and (b) fresh membrane surface.  The 

surface shown is the feed side following membrane flattening and removal of the spacer.  

Scale or fouling tended to follow the diamond space pattern that is imprinted on the 

membrane surface 

The surface normalized dry and ignitable weights of material scraped from the 

membranes sampled are summarized in Table 7-3.  A control test showed that the 

a 

b 
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aluminum dish used in the analysis of volatile solids lost no weight as a result of the 

ignition test (data not shown).  On average, the material deposited on the membrane 

surface lost 32.7% of its dry weight upon ignition at 600oC.  It is assumed that this mass 

represents the organic fraction of material deposited on the membrane.   

Table 7-3. Ignitable contents in material deposited on the surface of membrane element 

V5-2.  In each case the area scraped was 7 ft2, selected as representative of the membrane 

surface as a whole 

Unit (g) V5-2 element Control-dish only 

Foulant (105
o
C) (g) 0.2568 1.2978 

Foulant (600
o
C) (g) 0.1729 1.2996 

Ignitable mass (g) 0.0839 -0.0018 

Ignitable fraction (%) 32.7 -0.14 

 

Total carbon analyses (Table 7-4) indicate that the dry deposits were relatively 

rich in organic carbon and that calcium carbonate may not have been a major component 

to total mass.  However, the insensitivity of the TIC measurement provides ambiguity in 

this area. If all the inorganic carbon present were due to precipitated calcium carbonate, it 

would account for only slightly less than 30% of the deposited dry mass.  On the other 

hand, the analysis of organic carbon reinforces the measurement of volatile mass fraction 

(Table 7-3).  If carbon comprises 50% of the material lost on ignition, then the volatile 

material would comprise slightly less than 30% of the total mass present.  No major 

differences were apparent in the compositions of the four samples represented in the table. 



194 

 

Table 7-4. TOC and TIC content in deposits scraped from the spent RO membranes 

following extended use in 80% recovery operation 

Sample ID Total C (%) TOC (%) TIC (%) 

V5-1 13.78 11 2.78 

V5-3 14.29  11.3 3 

V6-1 N/A 10.06  N/A 

V6-3 N/A  11.45 N/A 

mean 14.04  11 3.04 

 

The TOC data suggest that fouling with organic material. Organic carbon on the 

membrane surface could have originated from any of three sources. TOC levels in the RO 

feed ranged from 2.0-3.0 mg/L (Figure 7-4) although essentially none of the organics 

immediately downstream from the slow sand filters was particulate in form (d > 0.45 µm), 

RO membranes provide a much more restrictive barrier to transport, however, so that 

influent organics conceivably contributed to membrane fouling.  Organic carbon was not 

measured in the RO brine, in part because an organic anti-scalant was added to the water 

treated, so a mass balance on organics in the RO reactor is not possible.  The second 

potential source might was microbes growing in the reactors ahead of the pressure vessel, 

the pressure vessel itself or as a fixed film on the RO membrane. That is, algae from the 

chemical mixing tanks, which were exposed to light, living bacteria and detritus from 

both these sources may have contributed to the accumulation of organic carbon on the 

membrane surface.  The third possible source was the anti-scalant used to control 
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inorganic precipitation on the membrane surface. The anti-scalant used (Flocon-135) is 

an organic polymer. Because of the chemical complexity and proprietary nature of the 

anti-scalant, it is hard to assess its potential contribution to foulant composition and mass.  

 

Figure 7-4. TOC concentrations in slow sand filter influent and effluents at the Tangerine 

Road field site 

HPC measurements derived from material scraped from V5-1, V5-2 and V6-3 

(Table 7-5) suggest that living heterotrophic bacteria contribute little to total foulant 

mass or to TOC in foulant samples. If, for the purpose of calculation, the mass of a single 

bacterium is taken as 1.0×10-12 g (Dulbecco & Geinsberg, 1973), the contribution of 

heterotrophs to foulant can be neglected. To illustrate in another way, if the footprint of 

an attached bacterium is taken as 2 x 10-8 cm2 (1µm x 2µm), even the largest HPC 

measurement (5.1 x 104 cm-2) would cover only 0.1% of the membrane surface. This is 

supported by visual evidence (SEMs) since no recognizable bacterial morphologies were 
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immediately apparent, suggesting that the source of organic carbon in scrapings was not 

culturable heterotrophic bacteria.  

Table 7-5. HPC numbers and calculated mass percentage in foulant taken from 

membranes following extended use at 80% recovery 

Unit HPC (cm
-2

) Mass/ft (g/ft
2
) % Coverage 

V5-1 4.40E+04 4.09E-05 0.041 

V5-2 1.73E+03 1.61E-06 0.002 

V6-3 5.10E+04 4.74E-05 0.047 

 

7.3.1.1 SEM and EDX Analyses 

Altogether, six membrane samples were inspected via SEM imaging and EDX 

elemental analysis. Samples included fragments from V5-1, V5-3, V6-1, V6-2, V6-3 and 

an unused membrane (control). Comparison of SEM images corresponding to the unused 

control and all spent membranes suggest that the latter were heavily fouled (Figure 7-5, 

Figure 7-6).  
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Figure 7-5. SEM image and EDX analysis of fresh RO membrane (ESPA2 2540, 

Hydranautics). The framed areas were sources of EDX analyses 

 

 

Figure 7-6. SEM image of fouled RO membrane after air drying. Magnification is 1000, 

and accelerating voltage is 15.0 kV 
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EDX results provide clues regarding the nature of foulant/scalant material. Major 

EDX peaks in the gray zones (Box 1,Figure 7-7) correspond to silicon and aluminum, 

with noticeable quantities of carbon, oxygen and calcium (Figure 7-8). The whitish spots 

(Box 2) contain barium and sulfur, indicative of BaSO4(s) precipitation (Figure 7-9). 

 

 

Figure 7-7. SEM image of membrane sample from V6-2. Magnification is 1102 and 

accelerating voltage is 20.0 kV. The framed areas were sources of EDX analyses—see 

immediately below 
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Figure 7-8. EDX analysis of grey zone framed in box 1, Figure 8 

 

 

Figure 7-9. EDX analysis of whitish spots framed in box 2, Figure 8 
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The elemental composition of the clean membranes was dominated by carbon, 

sulfur and oxygen, conforming to expectations based on polymer composition. SEM and 

EDX analyses conducted on membrane fragments from vessel 5 and 6 were qualitatively 

similar (Figure 7-10 to Figure 7-13), although the proportions of some elements varied 

as a function of vessel number. The fractional elemental compositions from EDX 

analyses of membrane samples from V5-3 and V6-3 (Table 7-6, Table 7-7) suggest that 

both fouling with clay and scaling reactions contributed to the loss of membrane 

permeability observed. Silicon-to-aluminum ratios were relatively constant from 1.6 to 

2.5. The near – constant elemental ratio suggests that deposited clay particles were at 

least partially responsible for membrane fouling. However, Si/Al ratios in common Si-Al 

clay materials do not fall immediately in this range (Table 7-8), so that a mixture of 

aluminum-silicate clays was probably present. 

In pressure vessel 6, the crossflow velocity was lower and ion concentrations 

higher than in pressure vessel 5. Thus material scraped from the V6-3 membrane sample 

might logically contain a higher fraction of scalants such as CaCO3 and BaSO4, and 

elemental analyses indicated that atomic fractions of Ca and Ba in the V6-3 sample were 

in fact higher (Table 7-6, Table 7-7). 
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Figure 7-10. SEM image of membrane sample from V5-3, maginification is 900 and 

acceleration voltage is 20.0 kV 

 

Figure 7-11. SEM image of membrane sample from V6-3, magnification is 320 and 

acceleration voltage is 20.0 kV 



202 

 

 

 

Figure 7-12. EDX analysis of grey zone in Figure 7-10 box 1 

 

 

Figure 7-13. EDX analysis of grey zone in Figure 7-11 point 1 
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Table 7-6. Atom percentage of major elements in foulant/scalant on membrane V5-3 

Atom % 

 C-K O-K Na-K Mg-K Al-K Si-K P-K S-K Cl-K K-K Ca-K Ti-K Fe-K Ba-L 

V5-3 38.85 36.96 0.65 1.04 4.29 11.85 0.28 0.28 0.08 0.91 2.81 0.25 1.66 0.09 

 

Atom % Error (+/- 1 Sigma) 

 C-K O-K Na-K Mg-K Al-K Si-K P-K S-K Cl-K K-K Ca-K Ti-K Fe-K Ba-L 

V5-3 +/-
0.79 

+/-
0.34 

+/-
0.05 

+/-
0.04 

+/-
0.05 

+/-
0.07 

+/-
0.05 

+/-
0.03 

+/-
0.01 

+/-
0.02 

+/-
0.03 

+/-
0.03 

+/-
0.04 

+/-
0.02 

 

Table 7-7. Atom percentage of major elements in foulant on membrane V6-3 

Atom % 

   C-K   O-K  Na-K  Mg-K  Al-K  Si-K   P-K   S-K  Cl-K   K-K  Ca-K  Fe-K  Ba-L 

V6-3   40.29   42.38    0.75    1.42    2.19    3.46    0.32    1.47    0.17    0.23    6.30    0.85    0.17 

 

Atom % Error (+/- 1 Sigma) 

   C-K   O-K  Na-K  Mg-K  Al-K  Si-K   P-K   S-K  Cl-K   K-K  Ca-K  Fe-K  Ba-L 

V6-
3 

+/-
0.48 

+/-
0.32 

+/-
0.04 

+/-
0.03 

+/-
0.04 

+/-
0.03 

+/-
0.01 

+/-
0.02 

+/-
0.01 

+/-
0.02 

+/-
0.03 

+/-
0.03 

+/-
0.01 
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Table 7-8. Si:Al ratio in common clays 

Clay Formula Si/Al ratio 

Aluminum silicate Al2SiO5 1:02 

Potassium aluminum silicate KAlSi3O8 3:01 

Calcium magnesium aluminum 

silicate 
Ca10Mg2Al4(SiO4)5(Si2O7)2(OH)4 9:04 

sodium calcium aluminum silicate (Na,Ca)(Al, Si)AlSi2O8 N/A 

 

The spatial distribution of major elements was determined via EDX for a 

membrane fragment from V6-3 (Figure 7-14). Results provide diagnostic information 

with which to speculate on the relative roles of specific scalants and fouling materials on 

loss of membrane permeability. Si, Al, Fe, K and Mg appear were co-distributed 

suggesting that the darker regions in the original micrograph (black and white) contained 

a large clay fraction. Ba and S were also co-distributed with highest concentrations in the 

light regions of the micrograph, probably due to the presence of precipitated barium 

sulfate. Carbon and sulfur were dominant elements along cracks of the otherwise 

monolithic foulant coverage, as expected from the membrane composition. Otherwise, 

both carbon and oxygen were more or less uniformly distributed over the membrane 

surface, perhaps indicating the presence and importance of organic foulant. The 

distribution of calcium did not follow that of carbon, suggesting that calcium carbonate 

was not a major scalant, but the lack of correlation between these elements may have 

resulted from the uniform distribution of carbon in organic, overwhelming the 
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distribution pattern for inorganic carbon.  The distribution of carbon between organic and 

inorganic species (Table 7-4) supports such an interpretation. 
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Figure 7-14. Element distribution by EDX scanning on membrane surface V6-3 

7.3.1.2 XRD Analyses 

Material scraped from the V5-1 membrane surface was analyzed for mineral 

content via X-ray diffraction (XRD; Figure 7-15 to Figure 7-20). A strong silicon 

dioxide peak was present in the resultant diffraction pattern (Figure 7-15), due to the 

contribution of clay foulants. The clays identified were potassium aluminum silicate 

(Figure 7-16), sodium magnesium aluminum silicate hydroxide hydrate (Figure 7-17) 

and sodium calcium aluminum silicate (Figure 7-18). Additional peaks corresponded to 

calcium phosphide (Figure 7-19) and phosphorus oxide sulfide (Figure 7-20). Neither 

calcite (CaCO3) nor barite (BaSO4) was detected. The sensitivity of the technique was 

estimated at 5% mass of analyte phase/total mass.  
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Figure 7-15. Silicon dioxide peaks in the X-ray diffraction pattern for material scraped 

from membrane V5-1 
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Figure 7-16. Potassium aluminum silicate peaks in the X-ray diffraction pattern for 

material scraped from membrane V5-1 
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Figure 7-17. Sodium magnesium silicate hydroxide hydrate peaks in the X-ray 

diffraction pattern for material scraped from membrane V5-1 
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Figure 7-18. Sodium calcium aluminum silicate peaks in the X-ray diffraction pattern for 

material scraped from membrane V5-1 
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Figure 7-19. Calcium phosphide peaks in the X-ray diffraction pattern for material 

scraped from membrane V5-1 
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Figure 7-20. Phosphorus oxide sulfide peaks in the X-ray diffraction pattern for material 

scraped from membrane V5-1 

7.3.2 Stage 2 – Short Operation at 85% Recovery 

In summary, RO membranes (ESPA2-2540, Hydranautics) were again withdrawn 

from pressure vessels 5 and 6. Visual observations - both direct inspection and SEM 

analysis - provided results that were indistinguishable from those obtained following 

operation at 80% recovery. That is, the degree of fouling/scaling and lack of distinctive 

bacterial morphologies during SEM were the same. EDX, XRD and HPC results were 

qualitatively similar in the two sets of autopsies in that numbers of live bacteria were 

again low, and the same mineral species and clays were again present. Quantitative 
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differences were apparent, however, in the ratio of TOC to TIC and in measures of 

relative mineral content when material from the spent membrane surface was again 

rescued and analyzed. 

7.3.2.1 HPC Measurements. 

Numbers of live, heterotrophic bacteria on the membrane surface fell in the same 

range in both sets of autopsy data. Both mass percentage and calculated fractional 

coverage of the membrane surface again suggest that heterotrophy attachment/growth did 

not contribute significantly to the observed loss of membrane performance. Methods used 

to calculate percent mass and fractional coverage were described previously. 

7.3.2.2 TOC and TIC Analyses 

In material removed from the spent membrane following the 85% recovery 

operation, TOC and TIC contents were higher than those of similar samples taken after 

the 80% trial (Table 7-9). The TIC results suggest that calcium carbonate precipitation 

may have played a more significant role in performance deterioration that during 80% 

recovery operation. 

Table 7-9. TOC and TIC content in foulant from the spent RO membrane in 85% trial 

Sample ID TOC (%) Total C (%) TIC (%) 

V5-1 16.1 19.76 3.66 

V6-3 21.75 27.9 6.15 

average 18.9 23.83 4.91 
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7.3.2.3 SEM/EDX and XRD Analyses 

The primary differences between the SEM/EDX and XRD results for membranes 

analyzed following operation at 85% recovery was the prominence of calcium in the 

EDX and XRD analyses (Figure 7-21, Figure 7-22) indicating that calcite was a major 

contributor to material removed from the membrane surface, at high recovery. 

Surprisingly, no barium peak was apparent in the EDX analysis, conceivably due to the 

relatively low concentration of barium in Central Arizona Project water (Table 7-1).  

 

 

V6-3 



216 

 

 

 

 

Figure 7-21. SEM image and EDX analysis of RO membrane V6-3 following use for 

treatment of CAP water at 85% recover. Magnification is 500X, accelerating voltage is 

20 kV 

 

V6-3_pt1 

V6-3_pt2 
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Figure 7-22. Calcium carbonate peaks in the X-ray diffraction pattern for material 

scraped from membrane V6-3 RO following treatment of CAP water at 85% recovery 

7.3.3 Comparison of Solids Recovered from the Head and Tail RO Elements 

After the whole set of RO membrane elements were replaced in July 2009. The 

lead element (V1-1), two middle elements (V3-3, V5-3) and the tail element (V6-3) were 

autopsied to characterize solids on membranes at different stages of RO treatment. RO 

elements in vessel 1, 2, 3 and 4 experienced a much longer period of use prior to removal 

and post-mortem analysis than did those in vessel 5 and 6. These elements were in use 

since the initial running of RO pilot in September 2007 and underwent twice chemical 

cleanings.  
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The ignitable fraction of total dry solids increased from 34.6% to 54.9% from the 

lead to tail element (Table 7-10). This data set demonstrates that there is more organic 

fouling on tailing RO elements than on leading ones.  

Table 7-10. Percentage of ignitable composition in RO membrane scraped foulant 

 
V1-1 V3-3 V5-3 V6-3 

Dry foulant intensity (g/sqft) 0.25 0.25 0.20 0.16 

Ignitable composition (g/sqft) 0.09 0.11 0.10 0.09 

Ignitable composition (%) 34.64 44.67 52.21 54.87 

 

7.3.3.1 TOC/TIC Analyses  

TOC/TIC measurement showed the same trend as ignitable composition in the foulant, 

that is, higher TOC/TIC content in the foulant from tailing elements. And this is true for 

either TOC or TIC as shown in Table 7-11. Organic carbon and inorganic carbon began 

settling down on membrane from the very first RO element. As feed water was gradually 

concentrated during the filtration process, more and more organic and inorganic carbon 

deposited out of the solution on the behind RO membrane.   
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Table 7-11. TOC and TIC measurement in scrapes from spent RO membrane 

Sample ID Total C (%) TOC (%) TIC (%) 

V1-1 15.56 12.77 2.79 

V3-3 20.88 16.65 4.23 

V5-3 23.82 18.74 5.08 

V6-3 25.93 19.55 6.38 

 

7.3.3.2 SEM/EDX analysis 

Comparative data corresponding to membrane samples from elements V1-1, V3-3 

and V6-3 indicate that the compositions of materials deposited on the three membranes 

were qualitatively similar, although component proportions differed among RO elements.  

For example, barium content was below the EDX detection limit on the V1-1 membrane 

sample.  Such an outcome might have been anticipated since the free barium and sulfate 

ion concentrations increase by factors approaching five from the reactor influent to brine 

discharge, increasing the oversaturation ratio for barium sulfate by a factor of about 

twenty-five. The barium results are supported by TIC data, which suggest that carbonate 

containing solids formed preferentially on the downstream membranes and may also have 

contributed significantly to the time-dependent deterioration of membrane performance 

that was observed, particularly in the downstream pressure vessels. Calcium and barium 

content on membrane surface was mapped by EDX scanning and shown in Figure 7-23.  

Calcium deposition is concurrent with clay, while barium precipitates in some clustering 

spots on membrane surface.  
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Figure 7-23. Element distribution mapping by EDX scanning on membrane surface V6-3 
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7.4 Conclusions and Summary 

With the current SSF pretreatment for RO system, organic fouling and clay 

fouling played an important role in RO membrane fouling for either 80% or 85% 

recovery trial. But in 80% recovery trial, precipitate scaling was not significant though 

CaCO3 and BaSO4 were identified on the membrane surface. As expected, in 85% 

recovery trial, increased CaCO3 and BaSO4 scaling was noticed due to higher recovery 

and severer concentrated polarization at the membrane surface. The front RO elements 

fouled out at a lower rate, and for the same operation period, tailing RO elements in 

vessel 5 and 6 had to be replaced twice. For either leading or tailing RO elements, 

membrane permeability deterioration was caused by organic and clay fouling. 

Organic fouling may have three possible organic matter resources, natural organic 

matter in surface water, anti-scalant that used to control potential scaling and bio-growth 

in RO membrane. Though HPC count on the freshly cut membrane was low and 

insignificant, the dead bacteria may accumulate on the membrane surface and cannot be 

detected through HPC test. Further study may need to characterize the organic foulant 

that foul the RO membrane. Based on the information collected in this study, other 

pretreatment technologies can be evaluated to mitigate the organic fouling of RO 

membrane. Clay in RO membrane feed water most possibly leached out of the SSFs. 

Other researchers reported that SSF provided good pretreatment for RO filtration of 

Colorado River water. A better design of SSF or other advanced pretreatment 

technologies like microfiltration (MF) may help to reduce clay fouling of RO membrane 

and improve water recovery of RO filtration. 
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CHAPTER 8  OXIDATION PRETREATMENT TO REDUCE MEMBRANE 

FOULING OF REVERSE OSMOSIS MEMBRANES IN WATER REUSE 

8.1 Background 

Ozone is a very reactive gas that is unstable. It is generated by rupturing the stable 

diatomic oxygen molecule, forming two atomic oxygen fragments, which can combine 

with O2 molecules to form ozone as shown below. Because ozone has a short half-life 

time, it is generated on-site from dry air or pure oxygen through high-voltage corona 

discharge, electrolysis, or, infrequently, ultraviolet radiation.   

O2  2[O] 

2[O] + 2O2            2O3                  

Ozone is a very strong oxidant and viricide and it is the strongest common oxidant 

(Ozone Solutions, Inc., 2011). As shown in Table 8-1, the oxidation potential of ozone is 

on the top of the list of oxidizing reagents. The early uses for ozone in treating drinking 

waters were predominantly for disinfection. Because ozone is such a powerful oxidant 

and many contaminants in water supplies and industrial wastewaters are oxidizable, 

ozone is now used for many other specific applications (Table 8-2) (Kerr, 1980).  
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Table 8-1. Oxidation potential of different oxidizing reagent 

Oxidizing Reagent Oxidizing Potential 

Ozone  
2.07 

Hydrogen Peroxide 1.77 

Permanganate 1.67 

Chlorine Dioxide  
1.57 

Hypochlorous acid 1.49 

Chlorine Gas  
1.36 

Hypobromous acid 1.33 

Oxygen 1.23 

Hypoiodous acid 0.99 

Hypochlorite 0.94 

 

Table 8-2. Application of ozone in water/wastewater treatment 

Bacteria disinfection 

Viral inactivation 

Oxidation of soluble iron and/or manganese 

Decomplexing organically-bound Manganese (oxidation) 

Color removal (oxidation) 

Taste removal (oxidation) 

Odor removal (oxidation) 

Algae removal (oxidation) 

Removal of organics (oxidation) 

Suspended solids removal (oxidation) 

Increase biodegradability of dissolved organics 

Preparation of GAC for biological removal of NH3and dissolved organics 
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One recent application for ozone involves partial oxidation of dissolved organic 

compounds to make them more biodegradable. In the wastewater reuse treatment 

membrane process, RO membrane feed water usually has high organic fouling or bio-

fouling potential, even when the feed is pre-treated. If RO feed water is pre-ozonated, it 

may reduce membrane fouling even though dissolved organic compound mineralization 

is not achieved by ozonation. The objective of this project is to testify how much pre-

ozonation decreases RO membrane fouling at the pilot-scale. The pilot set up and 

operations are described in Chapter 2. 

8.2 Previous Study 

The case of organic compounds mineralization by ozonation is rare (Kerr, 1980). 

In most cases organic compounds are broken down to smaller molecules or molecules 

that are more biodegradable. As a result of ozonation, total organic carbon (TOC) of 

water usually does not change, but large organic molecules are decomposed to smaller 

ones, and the solubility and polarity of the molecules may change. These changes in 

organic characterization may be favorable in reducing RO membrane fouling in water 

reuse application. Organic compounds alteration was studied using different analytical 

technologies at Research and Development Center, Southern Nevada Water Authority.  

8.2.1 Fluorescence Analysis 

Excitation emission matrix (EEM) fluorescence analysis is used for organic 

matter characterization in the water samples before and after ozonation treatment. 

Fluorescence regional integration for a typical EEM result is shown in Figure 8-1.  
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Region ID 
Excitation/Emission 

Range 
Description 

Region I Ex220 to 250/ Em280 to 330 Simple Aromatic Proteins I (Tyrosine-like) 

Region II Ex220 to 250/ Em330 to 380 Simple Aromatic Proteins II 

Region III Ex220 to 250/ Em380 to 580 Fulvic-like 

Region IV Ex250 to 470/ Em280 to 380 
Soluble Microbial Byproduct-like 

compounds, tryptophan-like 

Region V Ex250 to 470/ Em380 to 580 Humic-like substances 

 

 

Figure 8-1. Representative fluorescence regional integration from EEM analysis of a 

MBR filtrate sample 

Organic matter alteration by HiPOX at different ozone doses was studied by the 

group. EEM for MBR filtrate water with and without ozone pretreatment follow (Figure 

8-2). In the EEM of MBR filtrate without ozone pretreatment, high fluorescence intensity 

focuses in the region IV and V, which means that soluble microbial byproduct-like, 

tryptophan-like compounds and humic-like substances are the dominant organic 
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compounds in MBR filtrate. When ozonated, response by these compounds is much 

weaker as presumably these compounds are transformed to smaller molecules.  

 

Figure 8-2. EEM for MBR filtrate with and without ozone pretreatment 

8.2.2 Formation of Biodegradable Organic Carbon (BDOC) 

Some researchers reported that ozonation can change recalcitrant organic 

molecules to more biodegradable forms, and thus promote biogrowth in the water (Al-

Kdasi, Idris, Saed, & Guan, 2004). BDOC (biodegradable organic carbon) in MBR 



227 

 

filtrate without oxidative pre-treatment and BDOC formation after ozonation and an 

advanced oxidation process (O3 + H2O2) were studied. BDOC is determined using 

polyseed BOD inoculum method and BDOC is calculated using the following equation: 

                                  	(�k" = �k"'��u − �k"'��Q    (63) 

BDOC in MBR filtrate and O3 or AOP treated MBR filtrate is shown in Figure 8-3. 

 

 

Figure 8-3. BDOC in MBR filtrate and in ozone or AOP pre-treated MBR filtrate 

Figure 8-3 suggests that any increase in BDOC in ozone and AOP treated MBR 
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breaking down of the large molecule organic compounds by pre-oxidation observed in 

the EEM analysis may not necessarily raise the biofouling potential on the RO membrane.  

8.2.3 Polarity Rapid Assessment Method (PRAM) 

The polarity of NOM greatly influences its reactivity and is used as a measure of 

chemical alterations during environmental and treatment processes (Rosario-Ortiz, 

Snyder, & Suffet, 2007). The polarity rapid assessment method (PRAM) characterizes the 

polarity of aqueous natural organic matter (NOM) by quantifying the amount of material 

adsorbed onto different solid-phase extraction (SPE) sorbents (Rosario-Ortiz, Snyder, & 

Suffet, 2007). Three SPE cartridges were used in this study, C-18, Diol and NH-2. C-18 

is non-polar resin, Diol is polar resin and NH-2 is anion exchange resin. Polarity of resins 

increases in the order C-18, Diol, NH-2. The change in MBR filtrate polarity after 

ozonation is illustrated in Figure 8-4. Ozonation increased polarity or hydrophilicity of 

organic composition. Researchers have reported the hydrophilic fraction of NOM has 

lower fouling potential than the hydrophobic fraction (James E. Kilduff, 2002).  
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Figure 8-4. PRAM characterization of MBR filtrate and ozonated MBR filtrate 

8.3 Pilot Performance Results and Discussion 

8.3.1 MBR Performance Data 

Mixed liquor suspended sludge (MLSS) concentration is an important factor to 

consider for system design for either conventional activated sludge (CAS) system or 

MBR system. One advantage of MBR is that it can run at much higher MLSS than CAS 

(Judd S. , 2006). The optimum MLSS range is from 8000 to 12000 mg/L (Lamwater Inc., 

2011). MLSS was maintained around 8000 mg/L by adjusting sludge wasting rate using 

an automated wasting valve (Figure 8-5). 
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Figure 8-5. MLSS concentration in MBR membrane tank 

Besides MLSS concentration, sludge quality is another important parameter for 

MBR performance. Low sludge quality will lead to membrane fouling and deterioration 

of MBR filtration including breaking through of ammonia and organic matter. Sludge 

quality is usually measured by two tests, sludge filterability and settling test. In 

filterability test, 50 mL sludge was filtered through 0.45 µm filter for 5 minutes, and 

volume and turbidity of filtrate are measured. Higher volume and lower turbidity 

indicates better quality of sludge. In setting test, 250 mL mixed liquor is diluted to 1 L in 

a 1 L graduated cylinder. After 30 minutes, the volume of settled solid (SV30) and 

turbidity of upper supernatant solution are measured. Settling test results are indicative of 
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flocculate ability of sludge.  Low dissolved oxygen usually drags down the sludge quality. 

Several things can be done to increase DO in membrane tank including increasing 

aeration flow rate, increasing aerobic hydraulic retention time (HRT) and decreasing 

MLSS concentration.  

In this MBR system, nitrogen in municipal wastewater is removed through 

nitrification, followed by denitrification. The following nitrification reactions occur in 

aerobic tank and membrane tank. 

                   NH3 + CO2 + 1.5O2 + Nitrosomonas             NO2
- + H2O + H+ 

                      NO2
- + CO2 + 0.5O2 + Nitrobacter              NO3

- 

                                    NH3 +O2               NO2
- + 3H+ + 2e- 

                              NO2
- + H2O               NO3

- + 2H+ + 2e- 

Mixed liquor in membrane tank is circulated to anoxic tank at the flow rate of 

four times membrane filtration rate (4Q). In the anoxic tank, denitrification reaction takes 

place through some combination of the following intermediate forms (wikipedia.org, 

2011). 

NO3
-         NO2

-         NO + N2O         N2 (g) 

As shown in Figure 8-6, for good nitrification performance, DO higher than 2 

mg/L should be maintained for MBR system. 
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Figure 8-6. Correlation between DO, sludge quality and NH4-N concentration in MBR 

filtrate 

Membrane fouling depends on multiple factors in MBR system including filtrate 

flow rate, aeration flow rate, MLSS and sludge quality. Trans-membrane pressure (TMP) 

is used as membrane fouling index to evaluate membrane fouling. TMP is obtained 

through the following expression.  

                34�� = �\��� − ���������-�                                           (64) 

Where, TMPt = trans-membrane pressure at time t minutes until soak, psi 

              Psoak = soak pressure, psi 

           Pfiltrate-t = filtrate pressure at time t minutes until soak, psi 
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Usually TMP6 and TMP1 in one cycle are measured. The maximum TMP for 

HYDRAsub-MBR is 4 psi. When TMP is close to or higher than 4 psi, MBR should be 

shut down immediately for chemical enhanced backwash (CEB) or CIP. The normal 

TMP is in the range of 2 to 3 psi with higher TMP at higher filtrate flow rate. High 

aeration flow rate can help to scour the foulant coat on the membrane surface and keep 

the TMP low. TMP and filtrate flow rate data are plotted in Figure 8-7 and TMP and 

aeration flow rate are plotted in Figure 8-8. 

 

 

Figure 8-7. Filtrate flow rate and membrane TMP at 6 and 1 minute until soak  
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Figure 8-8. Aeration flow rate and membrane TMP at 6 and 1 minute until soak  

In MBR practice, one common problem for either full scale or pilot plant is 

foaming of mixed liquor. Foaming in activated sludge plants is caused by high SRTs, 

warm temperatures, low F:M ratios and high MLSS levels, as well as oil and grease 

and/or surfactants in the influent (Judd & Judd, 2006). F:M is defined as the following. 

                         q 4⁄ = Cf	(k�/JAK Cf	4XYY⁄                                  (65)     

Where, kg BOD/day = filtrate volume (L)/day × BOD of influent (kg/L) 

                  kg MLSS = average MLSS kg/L × system volume 

Abundance of actinomycetes such as Nocardia or Microthrix is commonly related 

to foaming of activated sludge. Foaming control can be achieved by shortening SRTs, 
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actinomycetes are prevalent in activated sludge. Two approaches were tested to optimize 

F:M ratio. Target MLSS concentration in membrane tank was lowered from 10000 mg/L 

to 8000 mg/L and chlorine was added to anoxic tank to eliminate the excess biomass in 

the sludge. MBR feed water was switch from primary effluent to primary influent, which 

has higher BOD, to provide more food for biomass. When F:M is higher than 0.1, 

foaming of activated sludge can be controlled.   

MBR filtrate quality is monitored through turbidity and UV absorbance analysis. 

Turbidity of product water is constantly at low level (Figure 8-9). MBR provides reliable 

pretreatment for the downstream RO membrane system. And RO performance data will 

be presented in the following section. 

 

Figure 8-9. Turbidity and UV absorbance of MBR filtrate 
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8.3.2 CLV RO Performance Data 

CLV RO membrane pilot was started in March, 2010. Two RO membrane trains 

are operated in parallel, with train 1 running ozonated MBR filtrate with 1.5 mg/L O3 and 

train 2 running controlled MBR filtrate for comparison. At this O3 dose, the O3 : DOC 

ration is approximately 0.25. The RO membrane feed water quality is summarized in 

Table 8-3. The concentration of ions in concentrate stream is based on the projected RO 

recovery of 52%. Saturation ratios of some concerned salts in RO feed and concentrate 

water are summarized in Table 8-4.  
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Table 8-3. Water qualities of CLV RO feed and projected concentrate and permeate 

 
Raw water Feed water Permeate Concentrate 

Ion mg/l CaCO3 mg/l CaCO3 mg/l Actual mg/l Actual 

Ca
2+

 78.2 195 78.2 195 0.162 <0.10 162.7 173 

Mg
2+

 29.2 120.2 29.2 120.2 0.06 <0.10 60.8 68.4 

Na
+
 185 402.2 185 402.2 1.831 1.9 383.4 374 

K
+
 21.1 27.1 21.1 27.1 0.261 0.19 43.7 46.2 

NH4
+
 1.4 3.9 1.4 3.9 0.017 0.66 2.9 2.5 

Ba
2+

 0.042 0 0.042 0 0 <2.0 0.087 0.091 

Sr
2+

 1.04 1.2 1.04 1.2 0.002 <2.0 2.164 2.29 

CO3
2-

 0.1 0.1 0.1 0.1 0 
 

0.2 
 

HCO3
-
 158.6 130 158.6 130 1.986 8.5 328.3 230.7 

SO4
2-

 290 302.1 290 302.1 0.506 <4 603.6 613 

Cl
-
 213 300.4 213 300.4 1.484 <4 442.1 446 

F
-
 1 2.6 1 2.6 0.014 <0.05 2.1 1.9 

NO3
-
 17.6 14.2 17.6 14.2 0.908 0.28 35.7 37.5 

B
2+

 0.31 
 

0.31 
 

0.281 NA 0.34 0.54 

SiO2 0 
 

0 
 

0 
 

0 
 

CO2 39.93 
 

39.93 
 

39.93 
 

39.93 
 

TDS 996.6 
 

996.6 
 

7.5 
 

2068 
 

pH 6.8 
 

6.8 
 

5 
 

7.1 
 

TOC 6.0 
 

6.0 
 

NA 
 

12.1 
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Table 8-4. Saturation ratio and saturation index of some concerned salts in CLV RO feed 

and concentrate water 

 
Raw water Feed water Concentrate 

CaSO4 / Ksp * 100: 6% 6% 15% 

SrSO4 / Ksp * 100: 5% 5% 13% 

BaSO4 / Ksp * 100: 297% 297% 721% 

SiO2 saturation: 0% 0% 0% 

Langelier Saturation Index -0.77 -0.77 0.13 

Stiff & Davis Saturation Index -0.76 -0.76 0.08 

Ionic strength 0.02 0.02 0.04 

Osmotic pressure (psi) 7.9 7.9 16.4 

 

During the operation, membrane flux was increased gradually to accelerate the 

fouling of RO membrane. The membrane flux in different operation phases are 

summarized in Table 8-5.  

Table 8-5. CLV RO pilot operation phases 

Phase # Qrej Qperm Recovery Flux Run period 

 
gpm gpm % gfd days 

Phase 1 4.3 4.7 52 14.1 03/04/10 - 07/29/10 

Phase 2 4.8 5.2 52 15.6 07/29/10 - 09/10/10 

Phase 3 4.4 4.7 52 18.7 09/10/10 - present 

 

It should be noted that, for the RO membrane ESPA2-LD4040, the design flux is 

about 10 to 12 gfd. In this pilot operation, the membrane flux has been running at much 
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higher flux than the design value. But even run under harsh conditions, the RO membrane 

performance had been steady in the first phase, and no obvious membrane water 

coefficient decline was observed. Membrane performance data are shown in the 

following figures (Figure 8-10 – Figure 8-15).  

 

Figure 8-10. RO membrane permeate flow rate of CLV pilot 
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Figure 8-11. RO membrane feed pressure of CLV pilot 

 

Figure 8-12. Normalized differential pressure of RO membrane at CLV pilot 
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Figure 8-13. Normalized salt passage of RO membrane at CLV pilot 

 

Figure 8-14. Normalized water transport coefficient of RO membrane at CLV pilot 
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Figure 8-15. Normalized salt transport coefficient of RO membrane at CLV pilot 

In each phase, membrane permeate flow rate was kept constant. Applied feed 

pressure was adjusted when necessary to maintain the constant permeate flow. As shown 

in Figure 8-11, in the first phase, applied feed pressure dropped gradually due to warming 

up of weather from March to June. On June 25th, 2010, RO shut down because shutting 

down of MBR and the operation was resumed until July 6th, 2010. During this shutting 

down period, membrane fouling was observed. After restarted, applied feed pressure was 

going up, partly due to membrane fouling and partly due to cooling down of weather 

from July to September. Some people use differential pressure as indicator of membrane 

fouling saying that differential pressure increase with increasing membrane fouling due 

to the higher friction between water and membrane (Richardson & Saad, 2002). But in 

this test, the differential pressure of MBR-O3-RO train is pretty stable through the 

0.000E+00

2.000E-09

4.000E-09

6.000E-09

8.000E-09

1.000E-08

1.200E-08

22-Jan-1013-Mar-102-May-10 21-Jun-1010-Aug-1029-Sep-1018-Nov-10

m
/s

 -
k

P
a

Date

MBR-O3-RO MBR-RO



243 

 

running period. For the train MBR-RO, the differential pressure is more likely to be 

dependent on temperature of the feed water. In a short period after membrane filtration 

was started, salt passage started to drop and then after that period, salt passage coefficient 

begin increasing until the second shut down period of RO membrane. After that, salt 

passage coefficient dropped, which is possibly because of organic or bio-fouling of RO 

membrane. Membrane fouling conclusion is supported by water transport coefficient in 

Figure 8-15. After each shut down period, a water transport coefficient drop was noticed. 

This probably because the bio-growth during that period or deposit of organic matter or 

colloids on the membrane surface. The decline of temperature corrected specific flux is 

shown in Figure 8-16. It can be seen that after shut down period, there was a jump of 

flux decline for both trains.  

 

Figure 8-16. Temperature corrected specific water flux decline (%) 
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At the beginning of the 3rd phase, the first element in vessel 2 of each train was 

pulled out, and this membrane was autopsied by Hydranautics lab for foulant 

characterization. To check for carbonates, a piece of each membrane element was dipped 

in HCl. Neither sample bubbled in HCl. So carbonates were very low or absent on these 

samples. The membrane surfaces of two elements are somehow different with element 

from MBR-O3-RO train a little cleaner than the one from MBR-RO train. Both elements 

have thin foulant covering most of the surface, but for MBR-O3-RO element there were 

also significant clean areas. Samples of clean membrane and these two elements were 

studied with SEM. The two elements had very different foulant characteristics. The 

MBR-RO element has crystals containing phosphorus covering most of the surface 

(Figure 8-18). Element aluminum and silica also showed up in the scan, which may 

suggest the fouling by clay. While no cell types were seen on this element. On MBR-O3-

RO element, the thin foulant had diatom like 30 micron particles, and many paired cells 

(Figure 8-19). Crystals and phosphorus were not seen on this sample. It should be noted 

that the carbon, nitrogen and sulfur seen on scans could come from polysulfone layer that 

supporting membrane.   
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Figure 8-17. SEM image and elemental analysis of clean membrane surface 
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Figure 8-18. SEM image and elemental analysis of element form MBR-RO train 
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Figure 8-19. SEM image and elemental analysis of element form MBR-O3-RO train 

Calcium phosphate is the most insoluble form of calcium salts with a molar 

solubility product of 2×10-33, far lower than that of all scales commonly encountered in 

RO systems (Ning & Troyer, 20007).  RO membrane fouling by calcium phosphate and 

organics in the full-scale plants have been reported in UK, Spain (Darton & Fazel, 2003) 

and Singapore (Andes, Bartels, Iong, & Wilf, 2003), which suggests a general presence 

of colloidal of calcium phosphate in municipal wastewater around the world. Calcium 
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phosphate can pass through MF/UF in the form of dissolved calcium and orthophosphate 

ions, or in the form of colloidal calcium phosphate nanoparticles. Crystallization or 

scaling by dissolved calcium ions and orthophosphate ions should be controlled by 

antiscalants (Ning & Troyer, 20007). But membrane fouling by colloidal calcium 

phosphate usually cannot be controlled by antiscalants effectively, requiring 

anticoagulant or dispersants (Ning, Troyer, & Tominello, 2005). Colloidal calcium 

phosphate has been observed in coagulation and deposition on the membranes together 

with natural organic and other colloidal matters like colloidal silicates (Ning & Troyer, 

20007). These colloidal particles have great affinity towards aggregation with each other. 

This may help to explain the coexistence of calcium phosphate, silicate clay and also 

carbon. On the MBR-O3-RO element, no calcium phosphate was observed. The 

hypothesis for this is that organic matters play an important roll in the aggregation of 

these particles. At the pH of RO feed water (6.8), organic matters may be negatively 

charged, while colloidal calcium phosphate and colloidal silicates have positive surfaces 

charges. The opposite charged surface help these colloids to aggregate. After ozonation, 

organic matters in RO feed water are break down and loose their function as coagulant 

and thus aggregation of colloids is delayed. This is the premature hypothesis and need 

more research work or literature review and collecting more information. As of diatom on 

MBR-O3-RO element, it is most possibly from HiPOX, which has a transparent plastic 

plug flow reactor and is exposed to sunlight. In the summer time, algae grow on the wall 

of the reactor and it was very hard to clean out. The diatom is suspect to come from the 
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algae. This single-celled alga has a cell wall of silica, which showed up in the EDX 

analysis.  

8.3.3 CCWRD RO Performance Data 

CCWRD RO pilot was started on April 16th, 2010 with a very similar pilot set up. 

UF unit is fed with secondary effluent treated by activated sludge. Two RO trains are 

operated in parallel with train 1 running ozone treated UF filtrate while train 2 running 

untreated UF filtrate for comparison. The water quality of RO feed water and projected 

permeate and concentrate water is listed in Table 8-6 and saturation ratios of some 

concerned salts in RO feed and concentrate water are summarized in Table 8-7. UF 

membrane has smaller pore size than MF membrane can usually produce better quality 

product water. But surprisingly, quick RO membrane fouling was noticed for both 

ozonated and controlled train, which can be seen in Figure 8-20 through Figure 8-25. 
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Table 8-6. Water qualities of CCWRD RO feed and projected concentrate and permeate 

 
Raw water Feed water Permeate Concentrate 

Ion mg/l CaCO3 mg/l CaCO3 mg/l CaCO3 mg/l 
CaCO

3 

Ca
2+

 98.3 245.1 98.3 245.1 0.211 0.5 215.8 538.1 

Mg
2+

 40.4 166.3 40.4 166.3 0.087 0.4 88.7 365 

Na
+
 188 408.7 188 408.7 1.934 4.2 410.9 893.2 

K
+
 22 28.2 22 28.2 0.283 0.4 48 61.6 

NH4
+
 2 5.6 2 5.6 0.026 0.1 4.4 12.1 

Ba
2+

 0.065 0 0.065 0 0 0 0.143 0.1 

Sr
2+

 1.5 1.7 1.5 1.7 0.003 0 3.293 3.8 

CO3
2-

 0.1 0.2 0.1 0.2 0 0 0.3 0.5 

HCO3
-
 130 106.6 130 106.6 2.003 1.6 283.3 232.2 

SO4
2-

 375 390.6 375 390.6 0.805 0.8 823.2 857.5 

Cl
-
 252.3 355.9 252.3 355.9 2.163 3.1 551.9 778.4 

F
-
 0.7 1.8 0.7 1.8 0.012 0 1.5 4 

NO3
-
 0.8 0.6 0.8 0.6 0.051 0 1.7 1.4 

B
2+

 0.4 
 

0.4 
 

0.384 
 

0.42 
 

SiO2 13.5 
 

13.5 
 

0.09 
 

29.6 
 

CO2 15.42 
 

15.42 
 

15.42 
 

15.42 
 

TDS 1125.1 
 

1125.1 
 

8.1 
 

2463.1 
 

pH 7.1 
 

7.1 
 

5.4 
 

7.4 
 

TOC 6.2 
 

6.2 
 

NA 
 

12.6 
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Table 8-7. Saturation ratio and saturation index of some concerned salts in CCWRD RO 

feed and concentrate water 

 
Raw water Feed water Concentrate 

CaSO4 / Ksp * 100: 8% 8% 22% 

SrSO4 / Ksp * 100: 8% 8% 22% 

BaSO4 / Ksp * 100: 486% 486% 1260% 

SiO2 saturation: 10% 10% 21% 

Langelier Saturation Index -0.4 -0.4 0.57 

Stiff & Davis Saturation Index -0.39 -0.39 0.48 

Ionic strength 0.03 0.03 0.06 

Osmotic pressure (psi) 8.6 8.6 18.8 

 

 

Figure 8-20. RO membrane permeate flow rate of CCWRD pilot 
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Figure 8-21. RO membrane feed pressure of CCWRD pilot 

 

Figure 8-22. Normalized differential pressure of RO membrane at CCWRD pilot 
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Figure 8-23. Normalized salt passage of RO membrane at CCWRD pilot 

 

Figure 8-24. Normalized salt transport coefficient of RO membrane at CCWRD pilot 
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Figure 8-25. Normalized water transport coefficient of RO membrane at CCWRD pilot 
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fouling the membrane. The summarized data is shown in Table 8-8. The value shown in 

the table is the mass ratio obtained through the following equation. 

                  NAEE	IAp;= = 	 %+×�+5%8×�8%,×�,             (66) 

Where, C = concentration of ion in the water stream 

             Q = flow rate of water stream 

The subscripts of f, p and c denote the feed, permeate and concentrate streams 

respectively.  

Table 8-8. Mass balance data summary of some ions in CCWRD RO system 

Sampling Date RO train Mg Al Ca Ba Si SiO2 

5/3/2010 

UF-O3 Train 1 1.13 0.55 1.07 1.02 1.04 1.04 

UF-Train 2 1.1 0.6 1.06 1.04 0.99 0.99 

6/7/2010 

UF-O3 Train 1 0.89 0.83 0.95 1.01 - - 

UF-Train 2 0.95 1.1 1.04 1.05 1.05 1.05 

9/13/2010 

UF-O3 Train 1 0.98 0.95 0.97 1 0.9 0.9 

UF-Train 2 0.98 1 0.99 1.04 1.08 1.08 

 

The mass of Ca and Ba in feed flow is balanced by that in the concentrate and 

permeate flow, which demonstrates that Ca/Ba precipitation is controlled by anti-scalant 

addition in the feed water. Mg and Si deficiency was noticed in some period, and this 

deficiency might be due to the settlement of these elements on membrane or the 



256 

 

measurement deviation in analysis. About 40% deficiency of Al was noticed during May 

period for both train 1 and train 2, which is suggestive that Al fouling of membrane may 

occur during that period. Inorganic analysis of RO feed water showed that the Al 

concentration in feed water varied from 130 to 240 µg/L. Al2(SO4)3 has been used by 

CCWRD staff as coagulant for UF pretreatment. It is reported that the presence of 

aluminum, even at trace levels (<100 µg/L), can significantly reduce the crystallization 

induction time, thereby reducing anti-scalant effectiveness (Shih, Gao, & Rahadianto, 

2006).  Shih et al. found that for a given anti-scalant dose, the crystallization induction 

time decreased dramatically with increasing concentration of total aluminum according to 

a log-linear relationship. Al may also deposit on membrane by a different mechanism. In 

RO operation, no acid addition to control pH, and pH of feed water is usually higher than 

7.0. At high pH, aluminum hydroxide may precipitate out and settle down on membrane 

surface. 

                                            Al3+ + 3OH-                Al(OH)3 

When Al3+ and SiO2 co-exist in the solution, the following reaction may also 

occur and to precipitate silicate clay on membrane surface.  

      Al3+ + SiO2 + H2O              Aluminum silicate clay 

All of these membrane fouling mechanisms are to be verified by membrane 

autopsy, which will be carried out in the later phase of this test. Until then, pretreatment 

for RO membrane will be optimized to reduce membrane fouling. 
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8.4 Discussion 

For MBR system, complete nitrification can be achieved by maintain DO level 

higher than 2.0 mg/L in membrane tank. Higher aeration flow rate can help to increase 

DO concentration and reduce membrane fouling, but also means higher energy 

consuming. So a point should be found to balance benefits and energy cost. Though 

higher MLSS concentration is preferred for MBR, but due to foaming problem of 

activated sludge, MLSS has been controlled at 8000 mg/L. Through F/M optimization by 

either maintaining MLSS at lower concentration, or providing higher BOD, sludge 

foaming can be effectively controlled. Turbidity and UV absorbance measurement of 

MBR filtrate demonstrates that MBR produces pretty good quality feed water for 

downstream RO membrane system.  

RO membrane at CLV run for about 6 months with any CIP cleaning needed, 

though certain membrane water transport coefficient decline was noticed for either train 1 

running on ozonated MBR filtrate or train 2 running on raw MBR filtrated. Train 2 

confronted higher transport coefficient loss after 6 months of running. But membrane 

autopsy data indicated that, membrane scaling by calcium phosphate rather than 

membrane organic fouling or biofouling was responsible for membrane permeability 

deterioration. Train 1 membrane showed cleaner surface than train 2 membrane, but 

membrane water transport coefficient decline occurred due to algae bleeding out of the 

HiPOX contactor piping. Alga that attached to the wall of contactor piping has been 

cleaned out recently to get rid of this contamination source. Comparison between train 1 
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and train 2 shows that ozone helped to reduce decline of membrane water transport 

coefficient, though in a unexpected way by preventing calcium phosphate scaling. 

As for CCWRD RO pilot, no conclusion can be drawn on whether ozone is making 

difference in membrane fouling. RO membranes were shut down for cleaning after short 

runs because of rapid membrane water transport coefficient decline. Al3+ in feed water is 

suspected to cause quick fouling of membrane, but by far no membrane autopsy data 

support this assumption yet. Foulant identification through membrane autopsy and 

pretreatment process optimization will be done in the near future.  

In the last phase of these piloting test, energy cost of ozonation and capital cost of 

ozonation equipment will be estimated. Benefits of ozonation through reduction in 

membrane fouling and membrane cleaning will also be evaluated. By then, there will be a 

clearer answer to whether ozonation is a practical and economical strategy for RO 

membrane pretreatment in wastewater reuse. 
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CHAPTER 9 RESEARCH IMPLICATIONS FOR WATER SUPPLY 

This dissertation research work was carried out under the background that the 

southwest states of the United States are under the increasing pressure of population 

growth and water scarcity. Membrane process is widely applied in these states in surface 

water desalination, seawater desalination and water reuse to address the challenge from 

water shortage. From different aspects, this research studied the strategies to reduce 

membrane fouling and scaling, which are factors that constrain water recovery and limit 

membrane application in water desalination and water reuse. The results of this research 

may potentially help to minimize RO brine volume and save the valuable water resources 

by improving water recovery of RO membrane system, and to reduce O&M cost of RO 

system through reducing membrane scaling or fouling and prolonging RO membrane’s 

service lifetime.  

Concentration polarization phenomenon in RO membrane separation process 

causes the membrane fouling and scaling. Concentrate spacer in spiral wound membrane 

element is the important design to reduce concentration polarization phenomenon. In this 

research work, impacts of concentrate spacer design parameters on concentration 

polarization index were studied in bench scale experiment and modeling approach. 

Design parameters taken into account in this model include spacer thickness, flow 

direction change angle, mesh size and diameter of spacer filament. The significance of 

this modeling is that these parameters are built in the model to predict concentration 

polarization index. Concentration polarization index describes scaling or fouling potential 

of membrane. Through sensitivity analysis, the direct linkage can be built between spacer 
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design parameters and scaling or fouling potential of membrane. So this model can be 

used to optimize spacer design to reduce concentration polarization index. 

Antiscalants, together with other chemicals, are usually added to RO feed water to 

control scaling and fouling. Because antiscalants are usually proprietary and very little 

has been known about antiscalant chemistry and very little research has been done 

regarding antiscalant application in water desalination.  Dose of antiscalant required in 

RO feed water is not so easy to be determined based on water quality as acid and 

disinfectant. In the practice, manufacturer’s instructions are followed in dosing of 

antiscalant.  A rapid and low cost method was developed in this work to test antiscalant 

in controlling crystal precipitation. This method can be used to test different antiscalants 

and different doses in a short time and make it possible to select the best antiscalant for 

specific RO feed water quality and optimum dose of antiscalant. Experimental data in this 

research shows that dose much lower than manufacturer recommended is effective to 

control precipitation of CaCO3, BaSO4, and CaSO4 in five times concentrated CAP brine 

water. In this way, the developed method can help to reduce the usage of antiscalant in 

RO membrane water treatment plant and to reduce the cost in anti-sclant purchase. Lower 

antiscalant dose in RO feed water also means lower concentration in RO concentrate 

stream, which will result in less environmental impacts by brine discharge or lower cost 

in brine management.  

Different pre-treatment and post-treatment for RO membrane were studied by 

piloting RO membrane treatment of CAP water.  Through pilot operation and membrane 

autopsy, this work found that colloidal clay organic matter were the foulant responsible 
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for membrane fouling which limited water recovery at 80%. This data is critical and is 

the guidance for the next phase pretreatment optimization. This pilot study shows that 

with proper pretreatment and brine management strategies, total 90% water recovery can 

be technically achieved. Tucson active management area has CAP water allocation of 

215,000 acre-feet per year. If all of this water is treated by RO membrane, 10% increase 

in water recovery means water savings of 21,500 acre-feet per year. Otherwise, this 

valuable water resource has to been wasted as RO brine.  

Ozone has been widely used as disinfectant and oxidant to remove color and odor. 

This work studied the feasibility to apply ozone in an innovative approach to use its 

aggressive oxidation ability to reduce RO membrane fouling in water reuse. Ozone 

oxidation results in conversion of many organic materials to more biodegradable forms. 

Upon finish of this project, it will provide the reuse industry with critical information 

regarding the applicability of ozone during reuse applications. Furthermore, this project 

will provide a better understanding of the biodegradability of oxidation products and 

ultimate fate of contaminants when oxidized by ozone. The data available from this 

piloting has shown evidence of benefits from feed water ozonation with reduced fouling 

of membrane. 

Two of the obvious solutions to water scarcity appear to be water reuse and 

desalination. Demographic trends alone suggest that water reuse and desalination will be 

critical components of water supply globally in the 21st century (Betera & Miller, 2010). 

Membrane process is the most important technology for both water reuse and water 

desalination and membrane applications in water treatment are growing in prominence 
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around the globe, there are still numerous challenges and barriers to their spread use. 

These challenges can only be met and the barriers removed through research. This 

research work is part of the efforts to address these challenges and barriers and make 

membrane process a better and cost-effective technology for water treatment.  
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